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A NOVEL TECHNIQUE FOR THE SEPARATION OF DILUTE 

BUTANOL FROM AQUEOUS FERMENTATION BROTHS 

PAUL J. HODGSON 

SUMMARY 

Butanol is a promising biofuel which can be manufactured by fermentation.  Irrespective 

of whether n-butanol or iso-butanol is produced, the alcohol is generally expressed at low 

concentrations (~1 wt%) in these fermentations.  It also inhibits the organisms, and so 

removal of the butanol from the fermentation vessel as it is produced can improve the 

productivity of the fermentation.  However, separation of dilute butanol from aqueous 

fermentation broths requires substantial amounts of energy.  In this dissertation, a novel 

separation technique has been devised, employing the solvent extraction of butanol from 

aqueous broths by volatile hydrocarbons.  This separation technique performs the 

separation of butanol selectively and efficiently.  It is investigated theoretically in this 

dissertation. 

The use of volatile hydrocarbons allows the extracted butanol and the hydrocarbon to be 

separated by distillation, employing waste heat from the fermenter or other similar low-

grade heat sources.  Such heat is often abundant on fermentation plants.  Therefore, 

minimal high-grade heat (heat at temperatures higher than the fermenter) would be 

required for the process.  The equilibria of butanol and side-products with C4 – C5 

hydrocarbons were investigated using vapour-liquid equilibria and excess enthalpy 

measurements from the literature.  Models of the extraction and distillation processes 

were then built using these analyses.  A flowsheet simulation predicted that under 2 MJ/kg 

butanol of high-grade heat (mostly at only ~50°C) was required by the separation scheme 

provided that sufficient low-grade waste heat was available (~40 – 20 MJ/kg butanol for 

extraction of 1 – 2 wt% broths).  This high-grade heat requirement is around 5% of the 

heat required for distillation of butanol from aqueous broths at 1 wt% 

Various configurations of flowsheet and solvent were investigated to improve the process.  

Distribution coefficients of butanol in C4 – C6 hydrocarbons were found to triple between 

37°C and 100°C, and therefore extraction performed at elevated temperatures was found 

to significantly reduce the low-grade heat requirements of the system.  The formation of 

butanol-gasoline blends via extraction of butanol into volatile hydrocarbons could also 

eliminate high-grade heat requirements. 
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1. Butanol Production by Fermentation: 

An Introduction 

 Background 

Biofuels are seen as a promising, sustainable alternative to fossil fuels amidst concerns 

over CO2-driven climate change, rising demand for transport fuels and dwindling reserves 

of oil and gas (Stern, 2007).  Due to conflict in oil-producing nations in the Middle East, 

nations increasingly seek greater energy security.  Biofuels offer a potential route to 

source liquid fuels from locally-produced biomass. 

‘First generation’ biofuels (e.g. bioethanol, biodiesel), viz. those derived from food crops 

(e.g. sugarcane, corn), are a well-developed technology, with substantial volumes of 

production in places such as Brazil and the USA (bioethanol) and Europe (biodiesel).  

However, the consequent necessity of displacing productive agricultural land, and the 

increased use of fertilisers (which lead to increased NOx emissions), have prevented first 

generation biofuels from becoming sustainable or secure fuel sources.  Indeed, the use of 

food crops for fuels might even lead to a rise in food prices, thereby directly conflicting 

with the desire of most countries to improve food security; a problem dubbed the ‘food-

fuel debate’.  With both the EU and the USA setting ambitious targets and mandates for 

the production of biofuels (110th United States Congress, 2007; The European Union, 

2009), much interest and research has been directed towards producing biofuels from 

crops that do not compete with food production in order to overcome the limitations of 

first generation biofuels. 

‘Second generation’ biofuels are derived from non-food crops, such as woody biomass.  

Lignocellulosic biomass has the advantage that it can be produced from indigenous, non-

food crops grown on marginal, low-grade land (e.g. switchgrass).  There are also vast 

quantities of waste biomass of this type available, in the form of corn stover and other 

agricultural by-products, forestry residues and municipal waste.   Because the supply of 

waste biomass is abundant, second-generation biofuels have received much research and 

commercial interest. 

In summary, biofuels are a direct replacement for transport fuels derived from fossil 

resources, and present at least a partial solution to issues surrounding the use of fossil 
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resources (CO2 emissions, fuel security, etc.).  However, due to the use of feedstocks 

derived from crops, the environmental benefits of current biofuels are debatable, and so 

much research has been focused on utilising lignocellulosic feedstocks. 

 Gasoline Replacements: Ethanol versus Butanol 

Ethanol is a biofuel produced extensively in Brazil and USA as a gasoline replacement.  

However, butanol can be used as a drop-in gasoline replacement, possessing fuel 

properties clearly superior to those of ethanol, as well as being a valuable chemical 

feedstock. 

Bioethanol, a gasoline replacement normally produced by the fermentation of substrates 

prepared from food crops, has been extremely successful: the annual global production 

of fuel ethanol exceeded 105 m3 in 2017, with the USA and Brazil accounting for 58% 

and 26% of production respectively (Renewable Fuel Association, 2018). Ethanol can be 

blended with gasoline at moderate concentrations (typically 10-20 vol% ethanol) and 

utilised in unmodified vehicles.  Indeed, at high concentrations (or even pure) it can be 

used in modified vehicles (common in Brazilian ‘flex-fuel’ cars). 

Butanol is currently an important bulk chemical, mainly produced from petroleum-

derived propene via the oxo process (Hahn et al., 2013).  The global capacity of n-butanol 

(butan-1-ol) was over 3.5 million tonnes in 2010, whilst the that of iso-butanol 

(2-methylpropan-1-ol) exceeded 0.5 million tonnes in 2010 (Hahn et al., 2013).  The 

major use for n-butanol is for surface coating: it can be used directly as a solvent for 

varnishes, or converted into derivatives such as butyl acrylate and butyl acetate (Hahn et 

al., 2013).  Iso-butanol is sometimes used as a substitute for n-butanol.  The global market 

for n-butanol was estimated to be over $4 billion USD in 2017, and is projected to grow 

substantially in the future (Rohan, 2018). 

Table 1-1 compares the fuel properties of ethanol and gasoline with those of butanol, both 

for n-butanol (butan-1-ol) and iso-butanol (2-methylpropan-1-ol).  Much recent research 

has been directed towards butanol production in order to overcome the limitations of 

ethanol as a gasoline replacement.  The fuel properties of butanol – such as RON and 

MON – and its calorific value per unit volume (‘energy density’), which affects the 

vehicle’s range, more closely resemble those of gasoline than ethanol does.  The relatively 

low vapour pressure of butanol improves the safety of using the fuel, and its low heat of 

evaporation reduces cold start issues in engines as compared with ethanol.  Since ethanol 

is fully miscible with water, ethanol cannot be piped in existing gasoline infrastructure as 
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a gasoline-ethanol blend would separate between a gasoline phase and, favourably, an 

aqueous phase where there is any water present in the distribution system.  Therefore, it 

must be blended at the pump, requiring extra infrastructure and cost in transporting 

ethanol to fuel stations separately.  Potentially, the limited aqueous miscibility of butanol 

might be low enough to allow it to be piped in the existing gasoline infrastructure (Tao et 

al., 2013b).  The hydroxyl group in ethanol also causes corrosive action on some rubber 

seals and some metals in unmodified engines.  The additional stability of the longer-

chained butanol and reduced number of alcohol groups per carbon reduces this problem.  

The presence of oxygen in the hydroxyl group can also have an impact on the emissions 

of the blended mixture. 

Table 1-1 – Comparative fuel characteristics (Tao et al., 2013b) 

Property 

N-Butanol 

 

Iso-Butanol 

 

Ethanol 

 

Gasoline 

(C4 – C12) 

Energy density (MJ/l) 26.9 26.6 21.4 30 – 33 

Research Octane 

Number (RON) 
96 106 110 88 – 98 

Motor Octane 

Number (MON) 
84 90 90 80 - 88 

Heat of evaporation 

(MJ/kg) 
0.71 0.69 0.92 0.36 

Vapour Pressure (Pa) 2.2 3.3 16 54 – 103 

Solubility in water at 

20°C (wt%) 
7.7 8.7 miscible negligible 

Ethanol’s corrosive action, energy density and oxygen content all limit the proportions in 

which it can be blended with gasoline in unmodified vehicles (currently 10 vol% in the 

USA).  The superior fuel properties, less corrosive behaviour and lower oxygen content 

of butanol allows for higher blend ratios, permitting greater production of butanol and 

increased displacement of fossil-derived gasoline. 
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In addition to its potential as a drop-in gasoline replacement, butanol has significant 

potential as a renewable chemical feedstock.  Butanol is already produced for use as a 

bulk chemical, but economic production of renewable butanol would create opportunities 

to displace petroleum derivatives.  For example, n-butanol can easily be catalytically 

dehydrated to butene (Mascal, 2012); similarly iso-butanol can be dehydrated to form 

iso-butene.  Butenes and their derivatives have a wide range of applications, potentially 

including the production of jet and diesel fuels (Mascal, 2012). 

 Production Routes for Bio-Butanol and Other Replacements 

for Gasoline 

There are three main categories of production pathways for butanol and other 

replacements for gasoline from biomass: biochemical routes; thermochemical routes; and 

routes via the fermentation of synthesis gas.  These three routes to gasoline-replacement 

biofuels are depicted schematically in Figure 1-1 and are discussed below. 

1.3.1 Biochemical Routes 

Biochemical routes consist of breaking down biomass into sugars, which are then 

fermented into products.  This is currently the route of choice for ethanol.  The century-

old ABE process (Acetone – n-Butanol – Ethanol) using Clostridium bacteria can be used 

to produce n-butanol as a biofuel (Köpke et al., 2011b).  Iso-butanol is produced by some 

bacteria and yeasts natively (Green, 2011) and iso-butanol pathways have successfully 

been engineered into E. Coli strains (Atsumi et al., 2008). 

There has been much commercial interest in this route.  Two companies, Gevo Inc. and 

Butamax Advanced Biofuels LLC – a joint venture created by BP and DuPont – are both 

engaged in retrofitting existing biochemical ethanol plants in Minnesota in order to 

produce iso-butanol from corn (Butamax Advanced Biofuels LLC, 2014; European 

Biofuels Technology Platform, 2014) using a variety of proprietary recombinant 

microorganisms (e.g. Feldman et al., 2013).  Whilst both companies currently have 

processes in place for the fermentation of sugar from corn (i.e. first-generation biofuels), 

they are also engaged in research and development to utilise lignocellulosic feedstocks 

via similar routes to cellulosic ethanol production (ethanol from lignocellulosic material). 

Amongst others, GreenBiologics is reviving the acetone-butanol-ethanol (ABE) process 

to produce n-butanol, with the goal of utilizing lignocellulosic feedstocks and developing 

bacterial strains for efficient fermentation.  
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Figure 1-1  – Process Flow Diagrams for Biochemical, Thermochemical and 

Synthesis Gas Fermentation Routes to gasoline-replacement biofuels 

Pretreatment,

Acid Hydrolysis,

Enyzme Hydrolysis

SeparationAnaerobic

Fermentation

C5, C6

Biomass

iso-butanol

or

n-butanol, acetone 

& ethanol (ABE)

Pretreatment

Biomass

Crude Syngas

CO, CO2, H2 + HCs Gas

Clean-up
Mixed alcohols

or

Mixed alkanes

Catalytic Process:

Fischer Tropsch,

Mixed Alcohol Synthesis

Composition

Adjustment

(e.g. WGSR)

n-butanol, buyrate,

ethanol, acetate

Gasification

 to crude syngas

Pretreatment

Biomass

Crude Syngas

CO, CO2, H2 + HCs Gas

Clean-up

Gasification

 to crude syngas
Anaerobic

Synthesis Gas

Fermentation

Separation

Biochemical Routes

Thermochemical Routes

Routes via Synthesis Gas Fermentation



A Novel Technique for the Separation of Dilute Butanol from Aqueous Fermentation Broths 

6  Paul J. Hodgson – November 2018 

1.3.2 Thermochemical Routes 

In thermochemical routes, shown in  Figure 1-1, biomass is gasified to crude syngas (CO, 

CO2, H2, H2O, CH4 and other impurities).  The resulting synthesis gas is cleaned, and its 

ratio of CO to H2 adjusted using the water-gas shift reaction.  Gas-to-liquid technologies, 

such as Fischer Tropsch and mixed-alcohol synthesis, are then employed to produce 

gasoline replacements.  This is commonly termed biomass to liquids, ‘BtL’, and in 

principle is identical to ‘CtL’ (Coal to Liquid) and ‘GtL’ (Gas to Liquid) technologies, 

except that the synthesis gases in these cases are derived from coal or natural gas. 

The gasification step allows for a range of biomass feedstocks to be used.  However, 

extensive gas clean-up is required in order to remove impurities which poison catalysts, 

notably sulphurous gases and tar.  Adjustments to the CO:H2 composition of the syngas 

also comes at a substantial cost.  These problems, in addition to major issues with product 

specificity, typically make investment costs for such plants very high (Dürre, 2011a; 

Köpke et al., 2011b).  Nonetheless, there is some commercial interest in this process.  

Fulcrum Bioenergy have developed a process to convert municipal solid waste (MSW) 

into ‘synthetic crude oil’, via gasification and the Fischer Tropsch process.  This product 

could then be upgraded to diesel or jet fuels.  The company are currently in the process 

of constructing a commercial plant in Nevada for the production of jet fuel from MSW 

with a planned capacity of 40,000 m3 per year (Lane, 2018). 

1.3.3 Fermentation of Synthesis Gas 

Routes via the fermentation of synthesis gases, depicted schematically in Figure 1-1, are 

a hybrid of the thermochemical and biochemical routes.  Crude synthesis gas is produced 

by gasification of biomass feedstock and then, after minimal gas clean-up, the synthesis 

gas is used as the feedstock for a fermentation which converts the gas to liquid fuels.  This 

combines the feedstock flexibility of the thermochemical route with the fermentation step 

of the biochemical route, which operates at a lower intensity and is much more tolerant 

to impurities in the synthesis gas.  Acetogens, the organisms used in the fermentation, can 

produce acetate, ethanol, n-butyrate, n-butanol and 2,3-butanediol naturally, with 

possibilities for other products via synthetic biology. 

There has been some commercial interest in this route, although to date efforts have been 

focussed on ethanol production due to low native butanol titres (Daniell et al., 2012).  The 

commercial leader in this process, LanzaTech, has several pilot and demonstration plants 

for the production of ethanol from either the CO-rich flue gases from steel manufacture, 
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or from synthesis gas produced from the gasification of woody biomass (Daniell et al., 

2012; LanzaTech, 2015).  

Whilst the process of synthesis gas fermentation is significantly less mature than the 

biochemical or thermochemical production of biofuels, it potentially offers significant 

benefits, particularly its feedstock flexibility. 

 Challenges in the Production of Butanol via Fermentation 

Technical challenges in the ABE process have been well researched, since this process is 

over 100 years’ old.  Frequently-cited issues with this fermentation include: low 

productivity; poor selectivity for the product, low yield on most carbon substrates, low 

titre and toxicity of the products to the organism.  Additionally, efficient separation of 

butanol from fermentation broths is a problem (Ezeji et al., 2007; Green, 2011; Köpke et 

al., 2011b; Outram et al., 2017; Tao et al., 2013a).  In contrast, few detailed analyses have 

been published on iso-butanol fermentations or on the production of butanol via 

fermentation of synthesis gases because these routes are much less mature.  Iso-butanol 

fermentations are very similar to the ABE process and therefore face similar challenges, 

although the product selectivity of organisms is generally better than that of organisms 

used in ABE fermentations (Tao et al., 2014b).  Whilst few detailed analyses of butanol 

production via the fermentation of synthesis gases have been conducted, key challenges 

to the process can be anticipated from ethanol studies, preliminary reviews of biobutanol 

production options, and extensive studies on the ABE fermentations.  In addition to the 

issues outlined for ABE processes, frequently cited issues during the fermentation of 

synthesis gases include the scale-up of biomass gasification, gas fermenter design and 

energy consumption (Daniell et al., 2012; Köpke et al., 2011a; Schiel-Bengelsdorf and 

Dürre, 2012). 

These limitations can be divided into two categories: ‘biochemical challenges’, i.e. those 

surrounding the modification of organisms; and ‘engineering challenges’, i.e. those 

surrounding the design of processes around the fermenter and that of the fermenter itself. 

Tackling the biochemical challenges by modifying organisms used in the fermentation of 

butanol in order to achieve higher yields from substrates, higher productivities, more 

favourable product ratios, and higher butanol titres is very attractive (Dürre, 2016).  

However, this is a complex, expensive and time-consuming process, and many high-

performing modified organisms are retained by commercial interests.  The modification 

of organisms is beyond the scope of this dissertation. 
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An improved butanol titre in the broth would be beneficial because it would increase the 

concentration of butanol before separation, and hence reduce the cost of the separation.  

However, most organisms are inhibited by butanol concentrations above 10 – 20 g/l.  

Genetic modification has thus been used to improve the tolerance of organisms to butanol.  

Even so, the best solventogenic Clostridia strains available achieve a butanol titre of 

around 20 g/l (2 wt%) (Green, 2011), whilst typical butanol titres of such organisms are 

circa 12 g/l. Iso-butanol produced by the fermentation organisms such as E. coli can be 

expressed at slightly higher titres because iso-butanol is less toxic than n-butanol.  E. coli 

has consequently been engineered to produce an iso-butanol titre of 22 g/l (Atsumi et al., 

2008). 

The modification of organisms to produce butanol by the fermentation of synthesis gases 

is less researched than the modifications of those used in ABE and iso-butanol 

fermentations.  Butanol titres of 2.7 g/l during the fermentation of CO have been reported 

by Grethlein et al. (1991). The researchers grew B. methylotrophicum on CO in a 

laboratory-scale fermenter at pH 5.5, retaining cells using a membrane separator to 

increase butanol productivity.  Optimisation of the fermenter medium resulted in a 

butanol titre of 1.1 g/l for synthesis gas fermentation by Clostridium carboxidivorans 

(Phillips et al., 2015).  Significantly higher titres of other products produced by the 

fermentation of synthesis gases  have been reported, including Clostrium ljungdahli 

expressing ethanol at > 20 g/l (Gaddy et al., 2007) and A. woodii expressing acetate at 

~60 g/l (Kantzow et al., 2015).  These higher titres suggest that the use of synthesis gas 

as a feedstock, and its associated mass transfer effects, are not fundamentally limiting 

factors in product titre, and hence butanol titres similar to those achieved in ABE 

fermentations might be obtainable by modification of acetogens. 

In situ product removal of butanol has been found to greatly improve productivity in ABE 

and iso-butanol fermentations by alleviating product inhibition (Huang et al., 2014; 

Outram et al., 2017, 2016; Tao et al., 2013b).  In addition, selective removal of butanol 

might improve product ratios, by shifting production towards solventogenesis and away 

from acidogenesis (production of carboxylic acids).  More energy-efficient separation of 

butanol from dilute aqueous mixtures would also reduce the desire to increase butanol 

titres achieved by organisms during fermentations.  Thus, the biochemical limitations of 

butanol fermentations could potentially be alleviated significantly by reducing the, 

arguably less complex, engineering limitations of the fermentation processes. 
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 Existing Methods for the Separation of Butanol from 

Aqueous Broths 

All routes to producing butanol by fermentation result in its expression in an aqueous 

broth.  Separation of the butanol and any other side products from the fermentation broth 

is complicated irrespective of the fermentation process.  Figure 1-2 depicts a typical 

separation process for butanol production by fermentation.  During both continuous and 

batch fermentations, in situ product removal can be used to remove products from the 

broth.  At the end of batch fermentations, biomass is first removed from the broth, usually 

by filtration.  The aqueous products are then concentrated in a distillation column (often 

termed the ‘beer’ column), which produces a two-phase mixture in the distillate.  The 

organic phase is sent for further distillation to separate the fermentation products, and the 

aqueous phase is refluxed. 

The separation of the butanol produced by a fermentation is costly in energy consumption.  

This is due to both the low concentration of butanol in the broth and the complicated 

phase equilibria of butanol and water.  Figure 1-3 shows the vapour-liquid equilibria at 

atmospheric pressure of both n-butanol and iso-butanol with water.  Iso-butanol is slightly 

less volatile than n-butanol and has a slightly higher solubility in water (2.1 mol% vs. 1.9 

mol% at 25°C).   

 

Figure 1-2  – Process flow diagram of a typical separation process for butanol 

production by fermentation 
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Figure 1-3 – Vapour-Liquid Equilibrium (VLLE) Phase Diagram at 1 bara for (a) 

n-Butanol/Water; (b) iso-Butanol/Water 
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Both isomers exhibit very similar vapour-liquid equilibria with water, including a region 

of immiscibility and a heterogeneous azeotrope.  Butanol also has a lower volatility than 

water.  These features, together with its low concentration in the broth, makes the 

separation of butanol by classical distillation processes not only difficult, but it also 

requires significant energy input. 

Many researchers and manufacturers have investigated a wide range of approaches to 

reducing the cost of separation.  One method is to improve butanol titre in the broth in 

order to increase the concentration of butanol before separation.  Achieving a titre of 

butanol exceeding its solubility in water (~8 wt%, 2 mol%) would allow a butanol-rich 

phase to be extracted directly from the broth.  However, current research on butanol titres 

has found that most organisms are inhibited by butanol concentrations above 1 – 2 wt%.  

Thus, it is unlikely that concentrations exceeding the solubility limit of butanol will be 

achieved by fermentation soon (González-Peñas et al., 2014).  Therefore, efficient 

methods of separation of butanol remain a significant problem in these processes (Dürre, 

2011b). 

Since butanol is inhibitory, there has been much interest in in situ removal of products 

from broths.  In situ product removal (ISPR) effectively achieves continuous removal of 

products from the fermenter, allowing batch fermentations to run as semi-continuous 

processes.  ISPR can also significantly improve organism productivity per unit fermenter 

volume by preventing product levels from reaching inhibitory concentrations.  For 

example, Baez et al. (2011) produced iso-butanol by using in situ gas stripping to remove 

butanol during the fermentation, resulting in a butanol product at 50 g/l.  Volumetric 

productivities of butanol, i.e. total rate of butanol production per fermenter liquid volume, 

of up to 1.4 g/l/h were recorded.  Qureshi et al. (2005) increased the total solvent 

productivity of the ABE fermentation from 0.4 g/l/h to 1.7 g/l/h using in situ adsorption 

in a fed-batch ABE process.  

Several authors have compared different ISPR techniques for ABE fermentations (Huang 

et al., 2014; Oudshoorn et al., 2009; Outram et al., 2017, 2016).  Commonly-investigated 

techniques have included flash fermentation, gas and vacuum stripping; pervaporation, 

liquid-liquid extraction, perstraction and adsorption.  Figure 1-4 shows simple process 

flow diagrams of evaporative techniques for ISPR (flash fermentation, gas and vacuum 

stripping, pervaporation).  Figure 1-5 shows the same for extractive techniques (liquid-

liquid extraction and perstraction) and adsorption. 
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Flash fermentation and vacuum stripping both involve applying reduced pressure to the 

fermentation broth, causing vaporisation of broth components at the fermentation 

temperature.  As shown in Figure 1-4, during flash fermentation, a vacuum is applied to 

a liquid stream in a flash tank, thereby producing a vapour stream containing fermentation 

products and a liquid stream that is recycled back to the fermenter.  Conversely, during 

vacuum fermentation, a vacuum is applied directly to the fermenter, and so the vapour 

produced contains off-gases from the fermenter as well as fermentation products.  In both 

cases, the low-pressure vapour produced is then compressed and condensed to produce 

liquid products, at a higher concentration than in the broth. 

Vacuum stripping is not suited to gas fermentation because large amounts of off-gas are 

produced by the fermenter, leading to very large flows through the vacuum pump. 

Like flash fermentation, pervaporation also uses low pressure to evaporate broth 

components, as shown in Figure 1-4.  During pervaporation, a permeable membrane is 

used, with the broth on one side, and low-pressure applied to the other side.  Broth 

components permeate selectively through the membrane and evaporate to form a low-

pressure vapour on the vacuum side of the membrane.  The retentate left on the broth side 

of the membrane is recycled back to the fermenter.  Due to the use of the selective 

membrane, pervaporation achieves a greater selectivity towards the fermentation products 

as compared to flash fermentation.  However, the use of a membrane increases capital 

costs and reduces mass transfer rates.  

During gas stripping, the volatile organic products contained in the off-gas from the 

fermenter are condensed to form liquid products, as shown in Figure 1-4.  The remaining 

gas is recompressed and bubbled back into the fermenter.  Recycle rates are kept as high 

as possible in order to maximise gas flowrate and hence evaporation into the gas stream.  

During fermentation of synthesis gases, fresh synthesis gas is added to the recycled gas, 

thus increasing the flowrate of gas through the fermenter.  In other fermentation 

processes, the off-gas can be supplemented with inert gases, such as N2, or CO2 to 

increase the gas flowrate.  Gas stripping appears to be ideally suited to the fermentation 

of synthesis gases, since large quantities of gas must be fed to the fermenter as feedstock 

as part of the process.  Recycle of unreacted gases can be used to increase conversion. 



Chapter 1: Butanol Production by Fermentation: An Introduction 

Paul J. Hodgson – November 2018    13  

 

Figure 1-4 – Process Flow Diagrams of evaporative separation techniques for ISPR 
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Figure 1-5 – Process Flow Diagrams of extractive and adsorption separation 

techniques for ISPR 
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Adsorption has been investigated for selectively binding products from the fermentation 

broth (Qureshi et al., 2005).  As shown in Figure 1-5, in some cases the fermenter broth 

is first filtered to remove biomass.  The broth is then passed through an adsorption column 

containing the solid adsorbent.  Following adsorption, the supernatant is returned to the 

fermenter.  A variety of techniques exist for the regeneration of the adsorbent.  In Figure 

1-5, a two-column system is used, with one column being regenerated whilst one is used 

for adsorption.  Desorption of the fermentation products can be achieved by increased 

temperature or reduced pressure.  Hot air, steam or methanol can be passed through the 

column, causing the fermentation products to desorb, and regenerating the adsorbent.  The 

products are then condensed, forming liquid products. 

Gas and vacuum stripping, flash fermentation, pervaporation and adsorption all produce 

an aqueous product stream at a higher concentration than the broth.  The products are then 

purified from this aqueous stream, typically by distillation. 

Liquid-liquid extraction is a conventional separation technology employing a solvent of 

low miscibility with water to extract the products from the aqueous broth into the solvent.  

As shown in Figure 1-5, the solvent can be contacted with the broth in a number of ways: 

directly, in the fermenter itself (‘in situ’); or outside the fermenter (‘in stream’) in a 

separate piece of equipment, e.g. an extraction column, or a series of mixers and settlers.  

When a separate unit is used for the extraction, organisms can first be filtered from the 

broth stream, and then a permeate free from biomass can be fed to the extraction unit.  

Having separated the solvent and aqueous phases, the resulting extractant, rich in 

fermentation products, can be purified using conventional separation techniques such as 

distillation or gas stripping.  This also allows the solvent to be recycled.  The solvent must 

be carefully selected so as not to inhibit organism growth, product formation, or cause 

cell death in the organism.  This is because the organism and solvent will either be in 

direct contact if the organism is present during contact with the solvent; or indirectly via 

droplets of solvent returned to the broth in the aqueous liquid recycle. 

As an alternative, perstraction can be used as a separation technique to mitigate a solvent’s 

toxicity to the organism.  As shown in Figure 1-5, perstraction employs a selective 

membrane to separate the aqueous broth from the solvent phase.  The membrane can be 

housed in a separate unit outside the fermenter, as in Figure 1-5, or even built into the 

fermenter itself.  The fermenter products permeate selectively through the membrane into 

the solvent phase, from which they can subsequently be purified using conventional 

techniques such as distillation or gas stripping, as per liquid-liquid extraction.  The 
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solvent can then be recycled.  The membrane in perstraction can improve the selectivity 

of the separation towards fermentation products compared with liquid-liquid extraction; 

although the membrane does result in additional capital costs and mass transfer resistance.  

However, membrane use can reduce solvent toxicity issues and alleviates the requirement 

for phase separation, which can be a problem with some solvents in liquid-liquid 

extraction (Groot et al., 1990). 

Outram et al. (2016) investigated the energy requirements and economic advantages of 

adding ISPR to an ABE fermentation.  It was found that, with the exception of 

perstraction, ISPR generally increases the overall energy requirement of the plant.  In 

particular, whilst the energy required for distillation was reduced, this was more than 

offset by the extra energy required for ISPR.  Perstraction gave the greatest improvement 

in economics, although all techniques other than gas stripping resulted in significant profit 

increases (139 - 175%) owing to increased productivity in the fermenter.  Liquid-liquid 

extraction (using oleyl alcohol) resulted in the greatest proportion (over 70%) of ABE 

products separated from the broth during ISPR compared with the amount present during 

the fermentation. 

As with other in situ product removal techniques, extraction can increase the yield of 

fermentations by removing inhibitory products.  However, the average product yield per 

unit substrate has been found to be less than those achieved by evaporative techniques 

such as gas stripping and pervaporation.  Indeed, Outram et al. (2017) quote average 

yields of 0.35 g ABE/g substrate for evaporative ISPR techniques, compared with 

0.25 g ABE/g substrate for extraction.  The reason for this is not clear, as the extractants 

were selected to be non-toxic.  However, it has been postulated that the difference in 

product yield could be due to substrate or intermediates (such as acids) being removed 

from the broth by the solvent, or perhaps because of long-term toxic exposure to the 

solvent.  These mechanisms would be specific to the type of fermentation and organism, 

and so the effect might be different on, for example, fermentation of synthesis gases. 

Results from different studies are very difficult to compare directly, since they make very 

different assumptions about process design, achievable fermentation titre and product 

stoichiometry. Oudshoorn et al. (2009) performed a simple quantitative approach to 

compare the energy requirement of various techniques.  The analysis neglected the 

specifics of the processes; it used selectivity estimates for each technique and simplified 

thermodynamics to estimate the energy required for separation of ABE solvents from 

water.  At a total ABE solvent concentration of 20g/l, the analysis found that adsorption 
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and pervaporation could theoretically require less than 2 MJ/kg butanol, with liquid-

liquid extraction requiring 7.7 MJ/kg. Qureshi et al. (2005) calculated the energy 

requirements of adsorption, liquid-liquid extraction and pervaporation to be 8, 9 and 

14 MJ/kg respectively.  A wide range of separation techniques for ISPR of ABE 

fermentations was reviewed by Huang et al. (2014), who concluded that adsorption, 

liquid-liquid extraction and pervaporation were the most energy-efficient approaches.  

None of the evaporative and adsorption-based separation techniques explored are able to 

produce reagent- or fuel-grade butanol from aqueous fermentations.  These techniques 

separate butanol from the broth during fermentation, resulting in an increase in the 

butanol productivity in the fermenter.  These techniques often also increase the 

concentration of butanol in resultant aqueous solution, improving the economics of 

subsequent purification by distillation.  Distillation of aqueous butanol is still therefore a 

requirement in these processes owing to the relatively poor selectivity of butanol over 

water of these separation techniques. 

In Appendix A, the energy required for the purification of butanol from fermentation 

broths using distillation was simulated for different fermentation processes to serve as a 

standard against which other separation methods could be judged. 

The separation of butanol from fermenter broths is a known problem in all butanol 

fermentations (e.g. ABE process, iso-butanol production, fermentation from synthesis 

gases).  It is particularly expensive in terms of energy consumption as butanol is less 

volatile than water.  Many authors have explored standard techniques to concentrate or 

separate aqueous butanol broth mixtures, including: distillation; liquid-liquid extractions; 

perstraction; gas and vacuum stripping; adsorption; as well as other novel techniques.  In 

situ removal of butanol can increase the productivity of fermentations by removing the 

toxic product from the broth during the fermentation process itself, but existing methods 

are energy-intensive. 

 Objectives and Structure of Work 

The overall objective of the research presented in this dissertation was to develop and 

investigate energy efficient techniques to separate dilute butanol from aqueous 

fermentation broths.  The specific objectives were as follows: 
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1. To develop an energy-efficient technique for the separation of butanol from 

aqueous fermentation broths, ideally using conventional materials and equipment, 

which overcomes the limitations of existing techniques 

2. To investigate the design of any techniques developed for use in different 

fermentation processes, e.g. ABE process, fermentation from synthesis gases 

3. To characterise the performance of any techniques developed for the separation 

of butanol from aqueous fermentation broths 

4. To determine the optimal design and operating conditions for any techniques 

developed 

This chapter has provided a background to the production of butanol via fermentation.  It 

has highlighted efficient separation of butanol from the broth as one of the key challenges 

in the implementation of fermentative production of butanol; improvements in butanol 

separation would both reduce the energy requirements and alleviate some of the 

biochemical limitations of such processes.  Chapter 2 considers the use of liquid-liquid 

extraction for the separation of butanol from aqueous broths and proposes a novel 

extraction method employing C4 – C5 hydrocarbons as extractants.  The equilibria 

behaviour of fermentation products with the relevant C4 – C5 hydrocarbons were 

characterised in Chapter 3.  Models of the equilibria behaviour of these mixtures were 

used to evaluate the performance of a liquid-liquid extractor for the separation of butanol 

from aqueous broths using C4 – C5 hydrocarbons in Chapter 4.  Chapter 5 evaluates the 

performance of the entire novel extraction scheme via simple flowsheet models.  

Conclusions drawn from the research are discussed in Chapter 6, whilst Chapter 7 

proposes suggestions for further work. 

This dissertation also makes use of Appendices for investigations which were essential to 

achieving the objectives, but which were less novel.  For example, a simulation of the 

distillation of butanol and other fermentation products from aqueous broths is described 

and discussed in Appendix A.  The results of this simulation are employed to compare 

the energy requirements of alternative processes with those of distillation of the aqueous 

broth. 

Parts of the work presented in this dissertation have been filed in a patent: 

Hodgson, P.J., Dennis J.S., 2017 [Publication date: October 2018].  Patent Application 

Number PCT/GB2018/000057.  UK, Intellectual Property Office. 
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2. Development of a Novel Butanol 

Separation Method Using Short 

Hydrocarbons as Extractants 

 Introduction 

Separation techniques based on solvent extraction exploit butanol’s limited miscibility 

with water.  Since extraction produces a butanol-solvent mixture, these techniques present 

an opportunity to avoid the requirement for energy-intensive distillation of aqueous 

butanol.  Here, liquid-liquid extraction has been investigated using short-chain 

hydrocarbons.  Most research on hydrocarbon solvents has focussed on C6+ (Dadgar and 

Foutch, 1986; González-Peñas et al., 2014; Groot et al., 1990; Kim et al., 1999).  

However, these hydrocarbons have tended to be dismissed in favour of solvents with 

larger distribution coefficients.  This dissertation proposes the use of volatile 

hydrocarbons as extractants for the separation of aqueous butanol.  These short 

hydrocarbons (C4 – C5) have largely been overlooked in the literature. 

There are several ways in which solvent extractions could be performed during the 

fermentation process.  Extraction could take place directly on the broth in the fermenter 

itself (in situ), or outside the broth (‘in stream’).  ‘In stream’ extraction could be 

conducted in the presence of, or following filtration of, fermentation organisms.  Finally, 

permeable membranes could also be used to separate the solvent from the broth using 

perstraction techniques. 

2.1.1 Distribution Coefficient and Selectivity 

The distribution coefficient and selectivity are important factors in determining the 

suitability of solvents for extraction.  The distribution coefficient of a solute (butanol) 

transferred from one solvent (water) to another (the solvent phase) is defined as the ratio 

of the solute compositions in each phase, i.e.: 

𝐷𝑖
𝑚𝑜𝑙𝑎𝑟 =

𝑥𝑖(organic solvent phase)

𝑥𝑖(aqueous phase)
=
𝑥𝑖
𝑜𝑟𝑔

𝑥𝑖
𝑎𝑞 (2-1) 
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The distribution coefficient at equilibrium can be related to the activity coefficient of the 

solute in each phase by considering the chemical potential of both phases.  The chemical 

potentials (𝜇𝑖) of two liquid phases, 𝐼 and 𝐼𝐼, are equal at equilibrium: 

𝜇𝑖
𝐼(𝑥𝑖

𝐼 , 𝑃, 𝑇) =  𝜇𝑖
𝐼𝐼(𝑥𝑖

𝐼𝐼 , 𝑃, 𝑇) (2-2) 

Defining deviation from ideal mixture behaviour through activity coefficient, 𝛾𝑖 as: 

𝑅𝑇 ln 𝛾𝑖 = (
𝜕𝐺𝐸

𝜕𝑛𝑖
)
𝑇,𝑃,𝑛𝑗

= 𝐺𝑖
𝐸

(2-3) 

Where 𝐺𝐸 is the excess Gibbs free energy (the difference between the Gibbs free energy 

and that for an ideal mixture).  Hence: 

𝜇𝑖
𝐼(𝑥𝑖

𝐼 , 𝑃, 𝑇) =  𝜇𝑖
𝑜(𝑥𝑖 = 1, 𝑃

𝑜 , 𝑇) + 𝑅𝑇 ln[𝑥𝑖
𝐼 . 𝛾𝑖

𝐼(𝑥𝑖
𝐼 , 𝑃, 𝑇)] (2-4) 

Hence, at liquid-liquid equilibrium: 

𝑥𝑖
𝐼 . 𝛾𝑖

𝐼(𝑥𝑖
𝐼 , 𝑃, 𝑇) = 𝑥𝑖

𝐼𝐼 . 𝛾𝑖
𝐼𝐼(𝑥𝑖

𝐼𝐼 , 𝑃, 𝑇) (2-5) 

The molar distribution coefficient, also known as partition coefficient, can therefore be 

related to the activity coefficients of the solute in each phase at equilibrium: 

𝐷𝑖
𝑚𝑜𝑙𝑎𝑟 =

𝑥𝑖
𝑜𝑟𝑔

𝑥𝑖
𝑎𝑞 = 

𝛾𝑖
𝑎𝑞(𝑥𝑖

𝑎𝑞 , 𝑃, 𝑇)

𝛾𝑖
𝑜𝑟𝑔
(𝑥𝑖
𝑜𝑟𝑔
, 𝑃, 𝑇)

(2-6) 

Therefore, for liquid-liquid extraction of butanol from an aqueous broth: 

𝐷𝐵𝑢
𝑚𝑜𝑙𝑎𝑟 =

𝑥𝐵𝑢
𝑜𝑟𝑔

𝑥𝐵𝑢
𝑎𝑞 = 

𝛾𝐵𝑢
𝑎𝑞(𝑥𝑖

𝑎𝑞 , 𝑃, 𝑇)

𝛾𝐵𝑢
𝑜𝑟𝑔
(𝑥𝐵𝑢
𝑜𝑟𝑔
, 𝑃, 𝑇)

(2-7) 

Distribution coefficients are also frequently expressed as a mass ratio: 

𝐷𝐵𝑢
𝑚𝑎𝑠𝑠 =

𝑚𝐵𝑢
𝑜𝑟𝑔

𝑚𝐵𝑢
𝑎𝑞 = 𝐷𝐵𝑢

𝑚𝑜𝑙𝑎𝑟 .
∑ 𝑥𝑗

𝑎𝑞 . 𝑀𝑟(𝑗)𝑗

∑ 𝑥𝑗
𝑜𝑟𝑔
. 𝑀𝑟(𝑗)𝑗

≅ 𝐷𝐵𝑢
𝑚𝑜𝑙𝑎𝑟 .

𝑀𝑟(aq. )

𝑀𝑟(org. )
(if dilute) (2-8) 

The distribution coefficient determines the concentration of the product in the extracted 

phase and therefore the quantity of solvent required.  The costs of purifying the product 

and of recovering the extractant are proportional to the quantity of solvent used in the 

extraction. 

The selectivity, or separation factor, is defined as the ratio of the distribution coefficient 

for the desired component (butanol) to the distribution coefficient of an unwanted 

component (e.g. water): 
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𝑆𝐵𝑢,𝐻2𝑂 =
𝐷𝐵𝑢
𝑚𝑜𝑙𝑎𝑟

𝐷𝐻2𝑂
𝑚𝑜𝑙𝑎𝑟 =

𝑥𝐵𝑢
𝑜𝑟𝑔

𝑥𝐵𝑢
𝑎𝑞 .

𝑥𝐻2𝑂
𝑎𝑞

𝑥𝐻2𝑂
𝑜𝑟𝑔 ≅

𝐷𝑚𝑜𝑙𝑎𝑟
𝐵𝑢

𝑥𝐻2𝑂
𝑜𝑟𝑔  (if aqueous phase is dilute) (2-9) 

The selectivity of component 𝑖 versus component 𝑗, 𝑆𝑖,𝑗, can be shown to be identical 

irrespective of whether mass or molar distribution coefficients are used.  Selectivity is the 

ability of the extractant to separate a component preferentially.  Thus, higher values of 

selectivity for butanol versus water mean that less water enters the solvent stream and 

therefore a lower number of contacting stages are required (Dadgar and Foutch, 1986; 

Treybal, 1951). 

2.1.2 Previous Research to Identify Suitable Extractants 

Much work has been devoted to identifying suitable extractants for separation of dilute 

aqueous butanol and ABE mixtures.  Apart from suitable distribution coefficients and 

selectivities of butanol over water, suitable solvents need to biocompatible with 

fermentation organisms, so that the extracted aqueous stream can be returned to the 

fermenter.  Generally, alkanes have been considered but always been rejected – arguably 

prematurely – in favour of solvents with higher distribution coefficients.  The novel use 

of short, volatile hydrocarbons as solvents in the extraction of butanol from aqueous 

broths is proposed here and developed in the rest of this dissertation. 

Hydrocarbons (saturated, unsaturated and aromatic), alcohols, ketones, acids, esters and 

haloalkanes were investigated as solvents by Dadgar and Foutch (1986).  The distribution 

coefficients and selectivities of these solvents were measured in a typical ABE mixture 

containing acetone, butanol and ethanol in a molar ratio of 3:6:1, with the butanol 

concentration being 1.6 wt%.  The authors concluded that non-polar hydrocarbons had 

relatively poor distribution coefficients, which worsened as the chain length increased.  

Substituting non-polar hydrocarbons for hydrocarbons with halide and nitrogen groups 

gave improved distribution coefficients.  Aliphatic alcohols were found to have the 

highest distribution coefficients (𝐷𝐵𝑢
𝑚𝑎𝑠𝑠~5 − 8 kg/kg).   

Kim et al. (1999) noted that an increased degree of polarity of solvents generally 

increased the distribution coefficients of polar chemicals such as butanol and ethanol.  

Their screening process found that carboxylic acids, followed by alcohols, organic 

phosphates and esters, had higher distribution coefficients than relatively non-polar 

solvents, such as halocarbons and hydrocarbons.  Findings also indicated that branched-

chain solvents tended to have higher distributions coefficients and selectivities than 

straight-chain solvents.  Organic acids and esters were highlighted as having high 
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selectivity and distribution coefficients for butanol.  However, an increased polarity of 

solvent loosely correlated with increased toxicity to the organisms in the fermentation.  

This was the inverse of the relationship found for distribution coefficient.  Thus, alkanes 

were found to be the most biocompatible. 

The distribution coefficients and selectivities of butanol at a typical fermentation 

temperature (37°C) were measured by Groot et al. (1990) for alkanes, alcohols (C6+), 

vegetable oils and organic acids, starting with 2 wt% aqueous butanol and using equal 

volumes of extractant and aqueous solution.  The toxicity of the solvents towards 

Clostridium beyerinckii was also determined, resulting in alcohols and several acids being 

eliminated for in situ extraction.  Whilst alkanes were found to have high selectivities (of 

the order of 3,000), their distribution coefficients (𝐷𝐵𝑢
𝑚𝑎𝑠𝑠~ 0.5 kg/kg) were lower than 

non-toxic vegetable oils and organic acids (𝐷𝐵𝑢
𝑚𝑎𝑠𝑠~ 1 - 4 kg/kg).  Oleic acid, castor oil 

and isopropyl myristate were selected as potential extractants and tested in both a batch 

and continuous fermentation to produce iso-propanol and butanol.  Several problems were 

encountered.  All three solvents were contaminated after a period of solvent recycle by 

medium components, found to be protein precipitates.  Oleic acid and castor oil formed 

stable emulsions.  Finally, oleic acid regenerated by distillation became toxic, possibly 

due to thermal degradation at high temperatures.  It is possible that the toxicity difficulties 

encountered were specific to Clostridium beyerinckii and the medium used, since, as the 

researchers note, successful extractions with these solvents have been published by 

others. 

The problems encountered led Groot et al. (1990) to investigate extraction via a 

membrane (perstraction).  This is a commonly-favoured solution since it can avoid some 

of the difficulties encountered in direct extraction of toxicity, emulsion formation and 

some solvent fouling.  In addition, permselective membranes can increase selectivity 

towards a target product due to faster permeation rates of the target products through the 

membrane versus other components.  However, the use of membranes increases capital 

cost and increases mass transfer resistance (Groot et al., 1990; Huang et al., 2014).  The 

design and selection of suitable membranes for perstraction is an additional key factor for 

indirect extractions. Groot et al. (1990) conducted perstraction on fermentations using 

oleyl alcohol with silicone, neoprene and latex membranes, and concluded that silicone 

membranes had the highest mass transfer coefficients.  To reduce the energy demands of 

perstraction, membranes with high flux and separating factors must be found (Outram et 

al., 2016). 



Chapter 2: Development of a Novel Butanol Separation Method Using Short Hydrocarbons as Extractants 

Paul J. Hodgson – November 2018    23 

The practical problems encountered by Groot et al. (1990) demonstrate that distribution 

coefficient and selectivity alone are not sufficient to determine solvent suitability.  For 

example, the biocompatibility of solvents with fermentation organisms is also an essential 

factor in solvent selection, since in many liquid-liquid extraction systems the organisms 

will come into contact with the extractant directly or indirectly via broth recycle.  Various 

authors have attempted to outline selection criteria for extractants in order to identify 

appropriate solvents. Commonly-found decision criteria are summarised by Huang et al. 

(2014) and Outram et al. (2017) as: 

• Non-toxic to organism and sterilizable 

• High distribution coefficient 

• Low mutual miscibility with water, high selectivity (less solvent lost in aqeuous 

phase, less water transferred to solvent phase) 

• Large density difference with water (easily separable phases) 

• Low viscosity (low energy consumption in phase mixing) 

• Large interfacial tension (reduces emulsions and readily phase separates) 

• Highly stable, non-reactive with relevant mixtures, and safe 

• Readily commercially available at low cost 

• Suitable volatility or boiling point (for purification of product) 

Of these criteria, distribution coefficient and selectivity appear have been prioritised in 

most research, along with toxicity tests in some (Huang et al., 2014).  However, 

compromises often have to be made when balancing these properties.  Highly polar, 

hydrophilic solvents have high distribution coefficients, but are also more soluble in water 

and hence have relatively poor selectivity, whereas non-polar hydrophobic solvents have 

low mutual solubilities but tend to have a poor affinity with butanol and hence lower 

distribution coefficients.  Low mutual solubilities tend to suggest lower toxicities towards 

organisms since they result in lower concentrations of the solvent in the aqueous medium 

in which organisms operate.  Hence, if the solvent is toxic to the organism, low solubility 

in the medium minimises organism contact with the solvent.  This relationship between 

solubility and toxicity is often used in screening processes.  Aqueous solubility-related 

parameters for solvents, such as the Hildebrand solubility parameter or the octanol-water 
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partition coefficient (log 𝑃𝑜𝑐𝑡), are often used as basic screening tests for toxicity towards 

organisms (González-Peñas et al., 2014; Groot et al., 1990). 

The biocompatibility of extractants to organisms is a complex phenomenon and depends 

upon many factors.  These include: the precise organism; broth composition; growth 

phase; and the operation of the extraction equipment.  This complexity is evidenced by 

the differing biocompatibility results produced by a variety of researchers (González-

Peñas et al., 2014). There are many differing hypotheses about how and why solvents 

cause fermentations to stop prematurely.  For example, solvents contained in aqueous 

recycle streams could dissolve in the aqueous medium and be subsequently adsorbed by 

the organism, causing toxicity directly.  This effect is exacerbated by larger solubilities 

of the solvent in water and, in general, solvents with low molecular masses are more 

easily adsorbed by organisms (Groot et al., 1990).  Other solvents could interfere 

indirectly with the fermentation process by extracting key nutrients or intermediates (such 

as butyric acid) from the broth.  This is likely to be exacerbated by higher distribution 

coefficients, leading to an efficient extraction of other organic compounds.   

The broth composition, the type of organism and its growth phase have a significant 

impact on this mechanism.  As a result, some high-performing extractants might be 

unsuitable for direct liquid-liquid extraction of butanol from fermentation broths.  Testing 

extractions on a specific fermentation is required in order to verify the toxicity of a given 

solvent, especially for solvents with high distribution coefficients or high aqueous 

solubilities.  The toxicity of solvents with high distribution coefficients is a key 

motivation for the development of perstraction techniques.  However, the use of the 

membrane in perstraction might not prevent the solvent from affecting the fermentation 

indirectly by extracting key nutrients or intermediates.  Toxic solvents might also be 

adsorbed into the membrane (Groot et al., 1990).  Conversely, a review by Outram et al. 

(2017) found no conclusive evidence that toxic extractants with high distribution 

coefficients cannot successfully be used for perstraction separation in butanol 

fermentation systems. 

Oleyl alcohol has become a standard solvent in investigations of butanol extraction, as 

well as a benchmark against which other extractants are compared.  This is because it has 

generally been found to be non-toxic to microorganisms and has a relatively high 

distribution coefficient for butanol of circa 4 kg/kg, with a selectivity of circa 200 

dependant on broth concentrations (Huang et al., 2014; Outram et al., 2016).  González-

Peñas et al. (2014) identified 2-butyl-1-octanol as a potential improvement on oleyl 
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alcohol.  This solvent had previously been little investigated, and a favourable distribution 

coefficient of ~8 kg/kg and a selectivity of ~650 were recorded at an aqueous 

concentration of butanol of 1 wt% and 36°C.   

Ionic liquids are of particular interest as solvents for three main reasons: (i) their tuneable 

properties, such as hydrophobicity or affinity to butanol; (ii) their large density difference 

with water (e.g. [BMIM][PF6] density 1369 kg/m3) which makes organic and aqueous 

phases easily separable; and (iii) their non-volatility, which allows trivial purification of 

butanol from the solvent phase (Ha et al., 2010).  Ionic liquids with distribution 

coefficients an order of magnitude higher than oleyl alcohol have been reported (Huang 

et al., 2014).  However, the high viscosity of ionic liquids presents a significant energy 

barrier to mass transfer rates (Huang et al., 2014), and their biocompatibility needs to be 

investigated further (Ha et al., 2010). 

Roffler et al. (1987) considered the use of oleyl alcohol as an extractant, diluted to 50 wt% 

by decane to reduce the extractant’s viscosity and to improve mass transfer and phase 

separation.  A techno-economic analysis was performed on a process design for a fed-

batch ABE fermentation with in situ extraction using this extractant – resulting in a 

prediction of a 20% reduction in cost versus a conventional batch fermentation.  The 

potential loss of solvent in the broth, as well as potential contamination of products by 

the solvent, were highlighted as key issues following the analysis.  González-Peñas et al. 

(2014) also proposed that the inclusion of alkanes in solvent mixtures might be beneficial 

for improving other physical properties of the solvent, such as viscosity.  Blends of long-

chain, branched alkanes with fatty alcohols, acids and ethers have attracted interest from 

industrial manufacturers.  Butamax has filed patents for the use of such blends as 

extractants in iso-butanol fermentations (Zaher, 2015). 

 Employing Volatile Hydrocarbons as Extractants 

Whilst simple hydrocarbons do not possess the large distribution coefficients found in 

longer alcohols, they are, in many other respects, relatively ideal solvents.  The benefits 

of simple hydrocarbons include: 

• very low mutual solubilities with water, allowing a highly selective separation, 

and minimising losses of solvent to the fermenter broth stream; 

• non-toxic to organisms (as demonstrated in toxicity trials of C6+ by Groot et al. 

(1990)), partially due to their very low solubiltiy in aqueous fermenter broths; 
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• being relatively thermally and chemically stable, impoving the safety of the 

process and preventing the solvent from degrading (and potentially becoming 

toxic) during butanol purification; 

• completely miscibility with butanol owing to butanol’s C4 group 

• their compatibility as a fuel, where the product butanol contains trace amounts of 

hydrocarbons from the extraction; 

• favourably low viscosity and density allowing for negligible energy requirements 

for mixing, faster mass transfer and easier phase separation in liquid-liquid 

extractions (0.24 and 0.31 mPa s for pentane and hexane respectively at 25°C 

(Smallwood, 1996) c.f. ; 28 mPa s for oleyl alcohol at 25°C (Blahušiak et al., 

2013), 7.5 mPa s at 25°C for octanol (Smallwood, 1996)); 

• a relatively large difference in density compared to aqueous solution, allowing for 

simple phase separation (611 kg/m3 for pentane and 647 kg/m3 for hexane at 35°C 

versus c.f. 991 kg/m3 for water (Rowley et al., 2008); c.f. oleyl alcohol 840 kg/m3 

at room temperature (Roffler et al., 1987)); 

• relatively high interfacial tension with water (49 mN/m for hexane and water at 

35°C (Zeppieri et al., 2001), c.f. 9 mN/m for octanol and water at 35°C (Cárdenas 

et al., 2015)), hence reducing the formation of emulsions;  

• availability and low-cost; 

• in some cases, the fact that some hydrocarbons could be obtained from the product 

butanol, thereby potentially providing an inexpensive source of make-up solvent. 

Turning to C4 – C5 hydrocarbons, the materials typically have boiling points at 

atmospheric pressure below fermentation temperatures and are therefore significantly 

more volatile than butanol, which boils at 118°C at 1 bara.  Thus, after liquid-liquid 

extraction using such a solvent, the solvent might well be recovered by distillation noting 

that it is the more volatile component.  This is counter to the conventional approach of 

using an extractant less volatile than butanol, which means that the dilute butanol is 

vaporised during the subsequent distillation. 

On first consideration, the use of such hydrocarbons as extractants would appear 

significantly more costly in terms of energy consumption than the use of solvents less 

volatile than butanol. Distilling butanol from a dilute concentration in a heavy solvent 

should require far less energy than distilling a much larger quantity of a light solvent from 
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a mixture containing dilute butanol.  The high volatility of these hydrocarbons is therefore 

one of the reasons why they have been ignored.  However, since the boiling points of C4 

and C5 hydrocarbons are relatively low, much of the heat required for boiling could be 

supplied by low-grade heat sources, such as the heat produced in the fermenter.  This heat 

source would otherwise go to waste – indeed it is often a significant cooling demand on 

the fermentation system.  Large surpluses of low-grade heat are typically available on 

both direct biochemical and synthesis gas fermentation processes, although such heat is 

often neglected in simple flowsheet models of these processes (e.g. sterilisation 

requirements). 

The enthalpies of vaporisation of non-polar C4 – C5 hydrocarbons are significantly lower 

than that of water due to a lack of polar intermolecular forces.  Therefore, for the same 

molar concentration of butanol, a butanol-hydrocarbon mixture requires significantly less 

energy to separate by distillation than that required for a butanol-water mixture. 

Since C4 and C5 hydrocarbons have high volatilities relative to butanol, separation by 

distillation would be relatively simple.  In the case of C5 hydrocarbons, distillation could, 

if necessary, be conducted under slightly reduced pressure for suitable heat integration.  

In the case of C4 hydrocarbons, distillation and liquid-liquid extraction could be 

conducted under elevated pressure.  C1 – C3 hydrocarbons are not suitable extractants as 

they are significantly more miscible with water and would also require highly elevated 

pressures at typical broth temperatures since they have very low boiling points.  C6 – C7 

hydrocarbons require significant pressure reduction to separate from butanol using low-

grade heat sources, and the relative volatility compared to butanol is significantly 

reduced, making distillation more costly.  Beyond C6 – C7, hydrocarbons are less volatile 

than butanol.  Figure 2-1 details atmospheric boiling points for all C4 – C5 alkane and 

alkenes, and relevant butanol isomers.  Figure 2-2 details the vapour pressures of these 

compounds at 25°C, 32°C and 37°C.  Boiling points at 1 bara and vapour pressure were 

calculated from Poling et al. (2001), except for iso-pentene, 2-methyl-1-butene and (E)-

2-pentene for which correlations were not available and so were taken from NIST (2016).  

As detailed in Figure 2-1, C4 and C5 hydrocarbons span normal boiling points in the 

range -12°C – 49°C, with vapour pressures at typical broth temperatures of 0.5 – 5 bara 

(Figure 2-2).  Boiling points increase with chain length, and alkenes generally have lower 

boiling points than their corresponding saturated alkane. 
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Figure 2-1: IUPAC Names and boiling points at 1 bara for C4 – C5 alkanes, alkenes, 

1,3-butadiene and relevant butanol isomers 
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Figure 2-2: Vapour pressures at relevant temperatures for C4 and C5 hydrocarbons, 

and butanol isomers 
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Some of the common pitfalls of LLX of dilute butanol from aqueous fermentation broths 

identified by Groot et al. (1990) could be avoided by using volatile C4 – C5 hydrocarbons.  

One such problem was the build-up of contaminants, including relatively heavy, low 

volatility compounds from the broth such as protein precipitates in particular.  These 

contaminants foul the recycled solvent stream, thereby demanding high levels of solvent 

purge.  This adds considerable cost, both in replacing lost solvent and in solvent 

purification.  This problem is avoided by using volatile solvents as the solvent is boiled 

off, and so the recycled solvent remains relatively pure.  Some of the heavier or strongly-

polar extractants used in other studies (Groot et al., 1990), such as castor oil and oleic 

acid, formed strong emulsions with the aqueous broth.  The use of C4 – C5 hydrocarbons 

might reduce this problem because they have a low viscosity, are non-polar, and have a 

relatively high interfacial tension with water.  However, it would be necessary to test 

extractions in specific fermentation broths as salts and any surfactants present in the broth 

would play a significant role in the formation of emulsions. 

Finally, it is possible that during distillation, some extractants might degrade or react with 

trace broth components to form toxic compounds.  These toxic compounds would come 

into contact with the organisms either directly, or indirectly via the aqueous broth recycle.  

For example, oleic acid has been found to become toxic to the broth following separation 

from butanol by distillation (Groot et al., 1990).  This is unlikely to be an issue with C4 – 

C5 hydrocarbons given the low temperatures involved, and stability of C4 – C5 

hydrocarbons. 

This novel method has recently been patented (Hodgson and Dennis, 2017).  An 

illustration of the method is shown in Figure 2-3, confined to the separation of butanol 

only for the purposes of simplicity.  Here, heat from the fermentation would be used to 

vaporise some of the C4 or C5 extractant.  A significant advantage of this system is that it 

uses common industrial chemicals as extractants and relies entirely on the mature 

technologies of liquid-liquid extraction, and distillation coupled with heat integration.  

The flow diagram is described in Section 2.3 below. 

 Process Design 

This scheme, shown in Figure 2-3, uses two distillation columns to separate the solvent 

and the butanol.  The first column operates at low pressure and uses waste heat to 

concentrate the butanol as much as possible.  The second column operates at a higher 

pressure and completes the separation of butanol from the solvent.    
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The two-column approach is necessary because the temperature gradient in the first 

column is governed by two factors: (i) the temperature of the reboiler, governed by the 

temperature of the available waste heat; and (ii) the condenser temperature, governed by 

the temperature of the cooling water.  Therefore, the first column cannot necessarily 

achieve complete separation of butanol from the solvent; the second column consumes 

high-grade heat to create a temperature gradient large enough to complete the separation.   

For example, the fermenter produces heat at 37°C, thereby limiting the reboiler to 32°C 

– assuming a temperature driving force of 5°C for the reboiler.  The pressure of the 

column is governed by the temperature of the condenser, in which purified solvent 

condenses.  The condenser temperature is determined by the temperature of the coolant 

(e.g. cooling water, giving rise to a condenser temperature of 25°C).  Achieving a larger 

temperature gradient in the column would require a lower temperature in the condenser; 

this might necessitate refrigeration or recompression of distillate vapour. 

Owing to the high volatility of short hydrocarbons relative to butanol, the column would 

probably require very few stages and so the pressure drop across the column would be 

minimal.  The limited temperature gradient over the first column puts an upper limit on 

the concentration of butanol obtainable from the bottoms of this column.  This maximum 

concentration equates to the bubble-point composition of a butanol-solvent mixture at the 

reboiler temperature and pressure.  For an ideal mixture, the greater the relative volatility 

(i.e. the more volatile the hydrocarbon), the higher the concentration of butanol obtainable 

for a given reboiler temperature.  Consequently, this limiting butanol concentration puts 

an upper limit on the amount of low-grade heat that can be utilized by the first column.  

The second column uses higher-grade heat to complete the separation of butanol from the 

solvent.  Therefore, the temperature in the reboiler will be equal to the boiling point of 

the purified butanol at the column pressure.  Whilst this column could be operated at the 

same pressure as the first, there are advantages in operating the second column at a higher 

pressure.  This strategy means that heat from the condenser of the second column, and 

any heat produced from cooling its bottoms product, can be usefully recovered.  The heat 

can be recycled as low-grade heat for the reboiler of the first column, or used to re-heat 

the solvent recycle of the first column to the extraction temperature.  However, this 

strategy does come with the penalty that the high-grade heat to the second column must 

be suppled at a slightly higher temperature – the boiling point of pure butanol at the raised 

pressure.  Furthermore, as relative volatility decreases with increased temperature, a 

slightly higher pressure in the second column will mean that slightly more stages in the 
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column will be required.  This strategy of recycling heat from the second column will be 

investigated in Chapter 5. 

2.3.1 Multicomponent Broths 

The separation scheme proposed thus far has only considered a binary mixture of water 

and butanol.  Other fermentation products such as acetone and ethanol must also be 

accounted for, including any intermediates such as butyric acid.  These chemicals are all 

more polar than butanol and therefore have a higher affinity with water than butanol.  

They therefore have relatively poor distribution coefficients when non-polar 

hydrocarbons are used as extractants.   

A number of strategies could be devised for handling volatile side-products such as 

acetone and ethanol.  Two such strategies are depicted in Figure 2-4.  One is to attempt 

to recover the volatile side-products alongside butanol as part of the extraction process.  

Although the distribution coefficients for these side-products in volatile hydrocarbons are 

poor, some ethanol and acetone would still be transferred into the solvent phase.  Owing 

to their low concentration and volatility, it is likely that they would evaporate into the 

vapour phase during distillation.  It would then be necessary to separate the side-products 

from the solvent vapour before recycling the solvent back to the extraction.  This could 

be achieved by condensing the side-product out of the vapour stream via refrigeration or 

via re-compression of the vapour and an additional distillation step.  Side-draws 

containing higher side-product concentrations from the butanol-solvent distillation might 

improve the energy efficiency of this additional separation process.  In order to achieve 

complete separation of these products from the broth, large quantities of solvent would 

be required due to their low distribution coefficients. 

Alternatively, the liquid-liquid extraction could focus on selective removal of butanol 

from the broth, leaving acetone and ethanol in the aqueous stream.  This is also depicted 

in Figure 2-4.  Any small amounts of volatile acetone or ethanol extracted into the solvent 

stream would be at a low concentration in the solvent, and subsequently would evaporate 

into the vapour phase during the distillation of the solvent.  Acetone and ethanol would 

therefore be condensed and recycled in the solvent recycle back to the extraction.  Since 

ethanol and acetone would not be removed from the solvent recycle, the ethanol and 

acetone concentrations in the solvent recycle would equilibrate with the concentrations 

of these side-products in the broth stream.  This would mean that no acetone and ethanol 

would be transferred from the broth to the solvent during the extraction.  
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Figure 2-4: Strategies for the extraction of butanol and volatile side-products 

(ethanol and acetone): extraction of butanol and volatile side-products; and selective 

extraction of butanol. ‘DC’ = Distillation Column; ‘LLX’ = Liquid-Liquid 
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In practice, a small quantity would be transferred, an amount equal to the quantity of these 

side-products lost in a solvent purge stream.  Therefore, in this strategy, acetone and 

ethanol would not be removed from the broth by extraction. 

There are other separation methods, such as the evaporative techniques outlined in 

Section 1.5, for removing these volatile side-products either in situ, in stream or at the 

end of a batch fermentation.  Alternatively, ethanol and acetone can be recycled back to 

the fermenter along with the rest of the broth.  Effectively, this would mean that the 

extraction process would selectively remove butanol from the broth.  Since acetone and 

ethanol are not as toxic as butanol to organisms, it is conceivable that the selective 

removal of butanol might cause an advantageous shift in organism metabolism favouring 

butanol production. 

Other components in the broth must also be considered.  Carboxylic acids, such as butyric 

acid, and other aqueous broth components are more polar than butanol or are present in 

very low concentrations in the broth.  Therefore, transfer into the non-polar extractant 

would probably be minimal (depending on the pH).  In addition, any broth components 

less volatile than the solvent transferred in the extraction would not contaminate the 

solvent recycle in this novel method.  This is because the volatile hydrocarbon solvent 

would be vaporised during the solvent distillation, and the heavy components such as 

trace carboxylic acids would remain in the liquid phase.  This is solves one of the 

difficulties encountered by Groot et al. (1990), who found that the heavy components in 

the broth contaminated their involatile solvents. Conversely, this means that any heavy 

components extracted into the solvent would remain in the product stream.  Depending 

on the level of this contamination and the intended purpose for the butanol, it might be 

necessary to complete an additional purification step on the butanol product to remove 

the contaminants.  Such broth components were not considered in this work; equilibria 

measurements of carboxylic acids with C4 – C5 hydrocarbons were scarce and other broth 

components vary significantly between different fermentations. 

2.3.2 Extraction at Elevated Temperature 

The literature has shown that the distribution coefficient for solvents used in the extraction 

of butanol from fermentation broths can be strongly temperature dependent (Kraemer et 

al., 2010).  This is often insufficiently addressed in measurements of distribution 

coefficients in the literature since many studies conduct measurements at ambient rather 

than broth temperatures.  This is one reason why significant disagreement can exist 
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amongst measurements in the literature.  For example, mesitylene has a much lower 

distribution coefficient for butanol extraction at fermentation temperatures (~0.8 kg/kg) 

than e.g. oleyl alcohol (~4 kg/kg), but increases to ~2.2 kg/kg at 80°C (Kraemer et al., 

2010).  This effect can be exploited by extracting at elevated temperatures.  Mesitylene 

has a higher selectivity and a much lower viscosity and boiling point than oleyl alcohol.  

The improvements in the distribution coefficient of mesitylene at higher temperatures 

resulted in a lower energy requirement for an extraction using mesitylene at 80°C 

followed by distillation, compared with the same process using oleyl alcohol (4.8 vs. 

13.3 MJ/kg butanol). 

The extraction process using volatile hydrocarbons could thus be modified to capitalise 

on higher distribution coefficients obtained by elevating the extraction temperature, as 

shown in Figure 2-5.  To prevent thermal shock to the fermenter organism, this type of 

extraction would probably have to be carried out ‘in stream’, i.e. in an extraction unit 

outside the fermenter.  In this instance, the fermentation organisms would first have to be 

removed from the broth stream via a filtration process prior to the extraction.  Following 

 

Figure 2-5: Heat integration strategy for performing liquid-liquid extraction of 

butanol by volatile hydrocarbons from aqueous broths at elevated temperatures 
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removal of the organisms, the broth would then require heating to the elevated extraction 

temperature.  This additional heat could mostly be recovered from the cooling required 

on the butanol-lean broth following extraction, and before recycle back to the fermenter, 

as shown in Figure 2-5.  In this scenario, the condensed solvent from the first distillation 

column (DC1) would also need to be re-heated to the extraction temperature before 

solvent recycle back to the extractor.  However, this additional heat could also mostly be 

provided via heat integration with the butanol-solvent mixture produced by the extraction.   

As shown in Figure 2-5, this butanol-solvent mixture could be cooled from the elevated 

extraction temperature en route to DC1, which operates at the low-grade temperature.  In 

addition, the pressure of DC2 could be increased further so that the heat from condensing 

the solvent in the second column were hot enough to use to heat the solvent and aqueous 

broth feeds for the elevated temperature extraction.  The operating conditions and heat 

integration of such a system is considered further in Chapter 5. 

2.3.3 Other Design Modifications 

The core premise of this novel separation scheme is the use of low-grade waste heat to 

vaporise a volatile hydrocarbon extractant.  This technique can be used in a range of 

designs.  For example, the system could be applied as part of a process to produce a 

butanol-gasoline blend for use as a liquid fuel. 

One motivation for the research of butanol fermentations is the possibility of using 

butanol as a liquid fuel.  In such an application, the produced butanol could be blended 

with existing hydrocarbon fuels, such as gasoline.  Therefore, rather than purifying 

butanol from a hydrocarbon solvent in order to re-mix it with another hydrocarbon 

mixture (i.e. the hydrocarbon fuel), the prospect of using the hydrocarbon fuel as an 

extractant directly is very attractive.   

Gasoline has been investigated as a potential butanol extractant (Evanko et al., 2013; 

Groot et al., 1990; Huang et al., 2014).  Its use as an extractant has the advantage of not 

requiring subsequent separation, although being alkane-based, it also has a much lower 

distribution coefficient for butanol (~0.3 kg/kg at 37°C (Groot et al., 1990)) than other 

extractants such as oleyl alcohol.  Whilst the distribution coefficient of butanol in gasoline 

is relatively poor at dilute aqueous compositions, it does rise significantly at higher 

butanol concentrations (Evanko et al., 2013; Letcher et al., 1986).  However, the butanol 

titres realisable in fermentation processes (< 2 wt% butanol) mean that obtaining butanol 
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concentrations typical of gasoline blends (10 vol% butanol) are not achievable by using 

gasoline as extractants directly. 

One solution to the above is to concentrate, before extraction with gasoline, the aqueous 

solution of butanol using a different separation technique.  The concentration step would 

also alleviate concerns about the toxicity of gasoline to the broth, since the extraction is 

not performed on the broth directly.  This solution has been outlined by  Leeper and 

Wankat (1982) who investigated the same proposal for ethanol (rather than butanol) to 

produce gasohol.  The authors extracted aqueous ethanol directly into gasoline, via a 

distillation step to concentrate the aqueous ethanol before extraction.  Alternatively, 

Kurkijärvi and Lehtonen (2014) used an approach that engages common gasoline 

additives MTBE, ETBE and iso-octane as extractants.  These extractants can also be used 

as liquid fuel or directly blended with gasoline, thereby saving energy on the purification 

of butanol from the extraction solvent.  However, these extractants also suffer from 

relatively poor distribution coefficients, limiting the proportion of butanol in the product. 

Instead of employing energy-intensive distillation as the concentrating step, as proposed 

by Leeper and Wankat (1982), extraction by volatile hydrocarbons could be used to 

concentrate butanol to a higher aqueous concentration before extraction by gasoline.  

Thus, a volatile hydrocarbon would first be used to extract butanol from the broth.  The 

resulting dilute butanol-solvent mixture would be concentrated by a distillation, using 

low-grade waste heat to supply the reboiler.  Since hydrocarbons and gasoline are 

miscible, gasoline cannot be used directly to extract butanol from the concentrated 

butanol-solvent mixture produced in the distillation.  Therefore, the butanol would have 

to be extracted back into a polar solvent, i.e. a solvent immiscible with gasoline. 

An obvious candidate for this polar solvent is water, since it is readily available, non-

toxic and highly immiscible with gasoline.  The butanol could therefore be extracted from 

the concentrated butanol-solvent mixture by water to form an aqueous mixture of 

concentrated butanol.  This concentrated aqueous butanol could then be extracted directly 

into gasoline, forming the liquid fuel blend.  This scheme is shown in Figure 2-6. 

Here, the concentration of butanol produced by the distillation step effectively controls 

the concentration of butanol achieved in the subsequent extraction steps, and so could be 

used to control the resulting concentration of butanol in the gasoline blend.  This strategy 

would be advantageous during the production of a gasoline-butanol blend, because no 

high-grade heat is required in the process.    
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 The Mutual Solubility of Short Hydrocarbons and Water 

Low mutual solubility of the extraction solvent and the feed solvent is imperative in any 

extraction process.  Low mutual solubility prevents the feed solvent from being 

transferred into the extractant phase, and similarly prevents the extractant from being lost 

in the raffinate; it also reduces the complexity of downstream separation of butanol from 

the extracting solvent.   Low solubility of the extraction solvent in water reduces losses 

of the extraction solvent into the product-lean broth recycled to the fermenter.  This lower 

solubility of the solvent in the aqueous broth also reduces the likelihood of solvent 

toxicity towards the fermentation organism, since the solvent would therefore be present 

at trace concentrations in the broth.  Hydrocarbons exhibit low mutual solubilities with 

water; however, this solubility is higher in shorter hydrocarbons.  In addition, as well as 

altering the distribution coefficient, the temperature of the extraction affects the mutual 

solubility of the hydrocarbon solvent and water.  The mutual solubility of volatile 

hydrocarbons with water is therefore an important criterion in the selection of such a 

solvent. 

2.4.1 The Solubility of Volatile Hydrocarbons in Water 

Since their solubilities are very low, experimental results for the solubility of 

hydrocarbons in water are inconsistent (Góral et al., 2004).  Góral et al. (2004) developed 

a correlation for the solubility of saturated and unsaturated hydrocarbons in water as a 

function of temperature, based on an evaluation of all solubility measurements reported 

in the available literature for C5 – C10 saturated and unsaturated hydrocarbons, thus: 

ln(𝑥𝐻𝐶
𝑠𝑜𝑙) = ln(𝑥𝐻𝐶

𝑠𝑜𝑙,𝑚𝑖𝑛) +
Δ𝑠𝑜𝑙𝑛𝐶𝑝

𝑅
(
𝑇𝑚𝑖𝑛
𝑇

+ ln (
𝑇

𝑇𝑚𝑖𝑛
) − 1) (2-10) 

ln(𝑥𝐻𝐶
𝑠𝑜𝑙,𝑚𝑖𝑛) = 𝑐1 + 𝑐2𝑏 + 𝑐𝜋𝐿 (2-11) 

Δ𝑠𝑜𝑙𝑛𝐶𝑝

𝑅
= 𝑐3𝑏 (2-12) 

𝑏 = 0.08664
𝑅𝑇𝑐
𝑃𝑐

(2-13) 

Here 𝑐1 = -4.08; 𝑐2 = -0.073 mol/cm3; 𝑐𝜋 = 1.10; 𝑐3 = 0.376 mol/cm3.  The parameter 𝐿 

represents the number of 𝜋 bonds in the hydrocarbon (i.e. 𝐿 = 0 for alkanes; 𝐿 = 1 for 

alkenes; 𝐿 = 2 for alkadienes).  The solubility of the hydrocarbon (HC), 𝑥𝐻𝐶
𝑠𝑜𝑙, is given as 

the mole fraction of the hydrocarbon as a function of temperature, 𝑇 (kelvin).  The critical 

temperature and pressure of the hydrocarbon are denoted 𝑇𝑐  and 𝑃𝑐  respectively.  The 
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temperature, 𝑇𝑚𝑖𝑛 (K), corresponds to the mole fraction of the hydrocarbon at minimum 

solubility, 𝑥𝐻𝐶
𝑠𝑜𝑙,𝑚𝑖𝑛

which was found to be 298 K for cyclic hydrocarbons and 306 K for 

all other hydrocarbons.  Góral et al. (2004) demonstrated the validity of this correlation 

on solubility measurements between 273 K and over 400 K for saturated hydrocarbons, 

and at up to ~333 K for unsaturated hydrocarbons. 

The solubility of volatile hydrocarbons can also be estimated from Henry’s Law at the 

saturation pressure of the hydrocarbon.  As the solubility of liquids is not a strong function 

of pressure, this solubility does not significantly increase above the saturation pressure of 

the hydrocarbon.  The effect of pressure on solubility between the saturation pressure of 

the solvent and the critical pressure was found to be minimal in experimental work on 

1-butene (Leland and McKetta, 1955), one of the more volatile C4 – C5 solvents 

investigated. Hence: 

𝑐𝑜𝑟𝑔
𝑎𝑞 = ℋ𝐻𝐶𝑃𝐻𝐶

𝑠𝑎𝑡 (2-14) 

where 𝑐𝐻𝐶
𝑎𝑞

 is the solubility of the hydrocarbon in water (kmol/m3) and ℋ𝐻𝐶  is the Henry’s 

Law constant (kmol/m3/Pa) for the hydrocarbon. 

A comprehensive database of Henry’s Law constants at 25°C for substances in water has 

been compiled by Sander (2015).  Temperature dependence was reported for a few short 

hydrocarbons, but the values quoted were found to be inconsistent with the correlation of 

Góral et al. (2004) and measurements by others.  The solubilities of C4 – C5 alkanes and 

alkenes in water at 25°C were calculated using the correlation of Góral et al. (2004) using 

critical temperatures and pressures from NIST (2016) and were compared to those 

calculated by Henry’s Law constants compiled by Sander (2015).  was used to calculate 

the solubilities for C4 – C5 alkanes and alkenes in water at a range of temperatures.  This 

comparison is presented in Figure 2-7. 

As shown in Figure 2-7, the correlation of Góral et al. (2004) loosely corresponds to the 

solubilities calculated by  the Henry’s Law constants of Sander (2015) at 25°C.  However 

significant disagreement exists for certain compounds, e.g. iso-amylene and iso-butene, 

for which the predictions by Henry’s Law are far higher than the correlation.   
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Figure 2-7: Solubility of relevant hydrocarbons in water at 25°C, as calculated by 

the correlation of Goral et al. (2004) and by Henry’s Constant (Sander, 2015) 
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As would be expected, solubility increased with addition of (slightly polar) 𝜋 bonds from 

alkanes to alkenes and decreased with chain length.  The solubility of C5 alkanes was 

~50 mg/kg1 at 25°C.  As a rule of thumb, this solubility approximately tripled for either 

a reduction in chain length (e.g. to a C4 alkane), or an increase in the number of 𝜋 bonds 

(e.g. C5 alkane to C5 alkene), or in the equivalent cyclic alkane (e.g. C5 alkane to 

cyclopentane).  Therefore, the solubility in water at 25°C was ~150 mg/kg for C4 alkanes, 

C5 alkenes and cyclopentane; ~600 mg/kg for C4 alkenes and cyclobutane; and 

~2400 mg/kg for 1,3-butadiene (a C4 diene). 

The solubilities of C4 – C5 hydrocarbons in water, correlated by the equation of Góral et 

al. (2004) at temperatures of 25°C – 100°C, are detailed in Figure 2-8.  For comparison, 

a number of experimental measurements are also presented, either published since the 

work of Góral et al. (2004) or not included in their correlation, produced by Leland and 

McKetta, (1955); Mokraoui et al. (2007); Polak and Lu (1973) and Serra and Palavra 

(2003).  Most notably, the solubility of 1-butene was measured in water and in a bacterial 

medium at 25°C – 50°C by Serra and Palavra (2003), who found that the measured 

solubilities of 1-butene in the medium were very close to those obtained in pure water 

(maximum 4% deviation in mole fraction).  This would indicate that measurements of 

solubility of hydrocarbons in pure water are similar to those in aqueous broths.  However, 

the measured solubilities were much lower than those estimated by the correlation, 

Henry’s constant or from other experimental measurements, as shown in Figure 2-8.  This 

highlights the inconsistency of measurements of solubilities of volatile hydrocarbons in 

the literature. 

  

                                                 

1 Solubilities have been reported in this dissertation in mg/kg, i.e. as mass fractions × 10−6.  The molar 

masses of C4 and C5 hydrocarbons (54 – 58 and 70 – 72 kg/kmol) are approximately 3× and 4× that of 

water (18 kg/kmol) respectively.  Thus, as a rule of thumb, to convert dilute mole fractions of C4 and C5 

hydrocarbons in water to mass fractions, multiply the mole fraction by 3 and 4 respectively.  To convert 

mole fractions of dilute water in C4 and C5 hydrocarbons into mass fractions, divide by 3 and 4 respectively.  

Similarly, to convert mole fractions of dilute butanol (74 kg/kmol) in water to mass fractions, multiply the 

mole fractions by 4.  Hence, to convert mole fractions of butanol in C4 and C5 hydrocarbons to mass 

fractions, multiply by 4/3 and 1 respectively. 
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Figure 2-8: Solubility of relevant hydrocarbons in water at 25°C – 100°C, as 

calculated by the correlation of Goral et al. (2004) (lines), by Henry’s Constant 

(Sander, 2015) (circles, ○), and experimental measurements ([ref], other points) 

[1] = Mokraoui et al. (2007); [2] = Polak and Lu (1973); [3] = Góral et al. (2004); 

[4] = Serra and Palavra (2003); [5] = Leland and McKetta (1955); [6] = Sander (2015) 
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The correlation of Góral et al. (2004), suggested that typical fermentation temperatures 

(305 – 310 K) conveniently correspond to the around point of minimum solubility of the 

hydrocarbons (𝑇𝑚𝑖𝑛 = 306 K for the correlation of Góral et al. (2004)).  The correlation 

and measurements obtained from the literature suggest that solubilities of C4 – C5 

hydrocarbons in water do not vary significantly between 25°C and 50°C, as shown in 

Figure 2-8.  The correlation of Góral et al. (2004) predicted that temperatures above this 

point cause solubility to increase.  Solubilities of hydrocarbons presented in Figure 2-8 

approximately doubled between 25 – 50°C and 100°C.  Therefore, performing extractions 

at elevated temperature could result in greater concentrations of solvent lost in the 

aqueous stream leaving the extraction. 

Steps could be taken to recover the volatile solvent from the broth recycle if the loss of 

the solvent into the aqueous broth recycle, or toxicity to the organism in the broth, were 

of concern.  Figure 2-9 details a scheme to recover the volatile solvent from the aqueous 

stream following extraction.  First, organisms could be removed from the broth by a 

filtration.  The biomass-free broth could then be heated to the extraction temperature (for 

extractions at elevated temperature).  This would cause some dissolved fermentation 

gases (e.g. CO2) to evaporate; these should be removed (in ‘𝑇𝑒𝑥𝑡 Flash Tank’ in Figure 

2-9) before liquid-liquid extraction.  This process would therefore result in a biomass-

free and de-gassed aqueous broth for extraction.  Following extraction of butanol, if 

 

Figure 2-9: Recovery of volatile hydrocarbons from aqueous broth recycle following 

extraction.  𝑇𝑒𝑥𝑡 = extraction temperature; 𝑇𝑓𝑒𝑟𝑚 = fermentation temperature 
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extraction were performed at an elevated temperature, the aqueous broth would need 

cooling back to the fermentation temperature.  The would cause solvent to separate as an 

immiscible phase (in ‘𝑇𝑓𝑒𝑟𝑚 Decanter’) as the solubility of the hydrocarbon decreases 

with temperature.  In order to recover more solvent from the broth, a flash tank at reduced 

pressure, e.g. 0.5 bara, could be employed (‘𝑇𝑓𝑒𝑟𝑚 Flash Tank’) prior to pumping back to 

the fermenter.  The solvent vapour from the flash could be re-compressed and condensed, 

or condensed using refrigeration, and returned to the extraction column.  Lower flash 

pressures would reduce the concentration of solvent in the broth recycle but would result 

in more energy requirements for refrigeration or re-compression, and would result in more 

evaporation of water and volatile fermentation products. 

The solubility of volatile hydrocarbons in water at a reduced pressure can be estimated 

by assuming Henry’s Law applies, i.e. that below the vapour pressure of the hydrocarbon, 

the solubility is proportional to the pressure: 

𝑥𝐻𝐶
𝑠𝑜𝑙(𝑃 < 𝑃𝐻𝐶

𝑠𝑎𝑡 , 𝑇) = (
𝑃

𝑃𝐻𝐶
𝑠𝑎𝑡) . 𝑥𝐻𝐶

𝑠𝑜𝑙(𝑃 ≥ 𝑃𝐻𝐶
𝑠𝑎𝑡 , 𝑇) (2-15) 

The solubilities calculated by the correlation of Góral et al. (2004) at a typical 

fermentation temperature of 37°C were used to calculate the solubilities of C4 – C5 

hydrocarbons in water at 0.5 bara.  These are presented in Figure 2-10, alongside 

solubilities of hydrocarbons in water at 0.5 bara, 37°C, calculated from Henry’s constants 

obtained from Sander (2015).  The Henry’s constants were at 25°C, but solubilities at 

37°C were predicted to be similar to those at 25°C.  The vapour pressures of C4 – C5 

hydrocarbons presented in Figure 2-2 were employed in the calculations.  As shown in 

Figure 2-2, the reduced pressure decreases the solubility of C4 and C5 alkanes to around 

the same magnitude - ~20 mg/kg (~5 – 10 ppm).  Roughly, solubility increases by a factor 

of 4 for each additional 𝜋 bond, i.e. ~80 mg/kg for C4 and C5 alkenes and ~300 mg/kg for 

C4 dienes.  These solubilities are very low, thus minimising solvent loss to the aqueous 

recycle and minimising interaction between the solvent and the organism in the broth. 

To summarise, solvent loss to the aqueous stream is not likely to be a significant problem 

in the extraction scheme, since the solubilities at ambient and fermentation temperatures 

are all significantly under 1 g/kg, as detailed in Figure 2-8.  The sole exception is 

butadiene, the solubility of which was found to exceed 2 g/kg and therefore would 

probably cause significant solvent losses without solvent recovery from the broth recycle 

and hence potentially increase the risk of organism toxicity issues due to the higher 
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quantity of solvent present in the broth recycle.  The C5 alkanes demonstrate very low 

solubilities of under 100 mg/kg, even at elevated temperatures.  Solvent recovery could 

be employed to reduce the solvent composition in the broth recycle further if required. 

 

Figure 2-10: Solubility of relevant hydrocarbons in water at 0.5 bara, 37°C, as 

calculated by the correlation of Goral et al. (2004) and by Henry’s Constant (Sander, 

2015) 
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2.4.2 The Solubility of Water in Volatile Hydrocarbons 

The solubility of water in the extractant affects the selectivity of butanol over water in the 

extraction.  The solubilities of water in hydrocarbons are relatively insensitive to carbon 

chain-length (Tsonopoulos, 1999), in contrast to the dependence on chain length of the 

solubility of hydrocarbons in water.  However, solubility of water in hydrocarbons 

increases slightly with chain-length.  Several (Black et al., 1948; Hibbard and Schalla, 

1952; Tsonopoulos, 1999) have investigated the effect of temperature on the solubility of 

water in hydrocarbons and have formed simple correlations, all of the form: 

ln(𝑥𝐻2𝑂
𝑠𝑜𝑙 ) = 𝐴 +

𝐵

𝑇
(2-16) 

where 𝑥𝐻2𝑂
𝑠𝑜𝑙  is the solubility of water in the hydrocarbon, given as a mole fraction of water 

and 𝑇 is the temperature.  The constants 𝐴 and 𝐵 (and units of 𝑇) depend on the particular 

correlation and hydrocarbon. 

Figure 2-11 shows the solubility of water in C4 – C5 hydrocarbons calculated by these 

various correlations at 20 – 100°C on semi-log plots.  Also shown in Figure 2-11 are the 

results of the correlations for specific hydrocarbons of Góral et al. (2004), as well as and 

some measurements of water solubility from the literature.  As with measurements of the 

solubility of hydrocarbons in water, the measurements of the solubility of water loosely 

fitted the various correlations.  The results in Figure 2-11 demonstrate that the solubility 

of water is sparing at fermentation temperatures, especially in alkanes.  However, as 

shown in Figure 2-11, the solubility of water increases drastically between typical 

fermentation temperatures and elevated temperatures.  Solubility of water in C4 – C5 

hydrocarbons was predicted to increase by a factor of 3 between 20°C and typical 

fermentation temperatures (37°C), and a factor of ~10 between typical fermentation 

temperatures and 100°C. 

In a similar manner to the increased solubility of hydrocarbons in water, the effect of this 

increase in solubility on the extraction system could be mitigated.  If the extracted butanol 

stream were cooled prior to entering the distillation system, as proposed for extraction at 

elevated temperatures in Figure 2-5, water should separate as an immiscible phase.  This 

should leave water in the solvent at a solubility equivalent to that at around fermentation 

temperatures. 
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Figure 2-11: Solubility of water in relevant hydrocarbons at 20°C – 100°C, as 

calculated by the various correlations (lines) and experimental measurements ([ref], 

points) 

[1] = Black et al. (1948); [2] = Góral et al. (2004); [3] = Leland and McKetta (1955) 
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The solubilities of water in C4 alkanes were found to be the lowest of the hydrocarbons 

investigated, with a solubility of approximately 200 mg/kg (~600 ppm) at typical 

fermentation temperatures.  The solubilities in C5 alkanes were slightly higher 

(~250 mg/kg, ~1000 ppm).  There were no correlations or measurements from a 

consistent source to compare C4 and C5 alkenes, as shown in Figure 2-5.  The solubility 

of water in C4 – C5 alkenes was around 2 – 4 times higher than the equivalent alkanes 

(approximately 500 – 800 mg/kg, 1500 – 3000 ppm), due to the slight dipole moment 

introduced by the 𝜋 bond.  The solubility of water in C4 dienes was predicted to be around 

double that of C4 alkenes due to the additional 𝜋 bond.  These solubilities of water in 

hydrocarbons are all very low and therefore transfer of water into the solvent phase from 

the broth would probably be minimal, resulting in high selectivities over water for the 

extraction process. 

 Estimating the Performance of the Distillation System for 

the Separation of Butanol from Volatile Hydrocarbons 

The distillation system used in the extraction of butanol from aqueous broths using 

volatile hydrocarbons dominates the heat requirements for the overall separation scheme 

depicted in Figure 2-3.  It is possible to estimate, approximately, the heat requirements of 

this distillation system using some simplifying assumptions.  These estimates can be used 

to compare C4 and C5 hydrocarbons as potential candidates for the extracting solvent. 

2.5.1 Assumptions 

In order to simplify the analysis, the distillation system was approximated as a binary 

system, containing only the major components, the hydrocarbon solvent and butanol.  In 

addition, to produce rough estimates for the operating conditions and energy consumption 

of the distillation columns, the distillate of both columns was approximated as pure 

solvent, and the reflux of both columns was neglected.  Given the relative volatility of C4 

– C5 hydrocarbons versus butanol, obtaining a high purity of the solvent in the distillate 

with minimal reflux and a practical number of stages is feasible.  This also justifies 

neglecting the pressure difference over the column. 

In order to approximate the vapour-liquid equilibria (VLE) in the distillation columns, 

Raoult’s Law was used, assuming both the liquid and vapour mixtures of butanol and the 

solvent behave ideally.  This is unlikely to be accurate, since butanol and volatile 

hydrocarbons have very different polarities and so are likely to show positive deviation 

from Raoult’s Law.  A positive deviation would lead to an increase in the butanol 
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concentration produced by the first distillation column.  Hence, Raoult’s Law provides a 

conservative approximation of the VLE.  A more rigorous analysis of the VLE of mixtures 

of hydrocarbons and butanol is presented in Chapter 3, and was employed to conduct a 

more accurate assessment of the performance of the distillation system in Chapter 5. 

The n-butanol isomer was selected for the analysis.  The results of the analysis would be 

very similar for iso-butanol. 

2.5.2 Methodology 

The two column, distillation system of separation of the solvent from butanol is shown in 

Figure 2-12.  The pressure in the first distillation column (DC1) was estimated from the 

vapour pressure of the pure solvent at the condenser temperature.  The temperature of the 

condenser is limited by the temperature of the available coolant, e.g. cooling water.  

Hence, the vapour pressure of the solvent at 25°C is indicative of a typical pressure for 

DC1.  Figure 2-2 details the vapour pressures of C4 – C5 hydrocarbons at 25°C.  The 

second distillation column (DC2) should be designed to produce solvent vapour in the 

condenser at a temperature that is at least equal to the fermentation temperature (e.g. 

37°C).  Hence, the vapour pressure of C4 – C5 hydrocarbons at 37°C, given in Figure 2-2, 

indicates the typical pressure of the second distillation column.  If necessary, the design 

could employ a higher condenser temperature if significant re-heating of the solvent 

produced in the distillate of DC1 were required before solvent recycle. 

The vapour pressures of the solvent at the condenser and reboiler temperatures can be 

used to estimate the typical concentration of butanol produced by the first column.  

Assuming Raoult’s Law: 

𝑦𝑖𝑃 = 𝑥𝑖𝑃𝑖
𝑠𝑎𝑡 (2-17) 

Hence, for a binary mixture of butanol and hydrocarbon, the bubble-point pressure (𝑃) at 

a mole fraction of butanol (𝑥𝐵𝑢) and temperature (𝑇) can be calculated as: 

𝑃(𝑇) = 𝑥𝐵𝑢𝑃𝐵𝑢
𝑠𝑎𝑡(𝑇) + (1 − 𝑥𝐵𝑢)𝑃𝑜𝑟𝑔

𝑠𝑎𝑡(𝑇) (2-18) 

The composition in the reboiler is given by the bubble-point composition at the reboiler 

temperature (𝑇𝑟𝑒𝑏𝑜𝑖𝑙
𝐷𝐶1 ) and pressure (𝑃𝑟𝑒𝑏𝑜𝑖𝑙

𝐷𝐶1 ).  Therefore, the maximum mole fraction of 

the butanol produced by the first distillation column (𝑥𝐵𝑢,𝐷𝐶1
𝑚𝑎𝑥 ) is given by: 

𝑥𝐵𝑢,𝐷𝐶1
𝑚𝑎𝑥 =

𝑃𝑜𝑟𝑔
𝑠𝑎𝑡(𝑇𝑟𝑒𝑏𝑜𝑖𝑙

𝐷𝐶1 ) − 𝑃𝑟𝑒𝑏𝑜𝑖𝑙
𝐷𝐶1

𝑃𝑜𝑟𝑔
𝑠𝑎𝑡(𝑇𝑟𝑒𝑏𝑜𝑖𝑙

𝐷𝐶1 ) − 𝑃𝐵𝑢
𝑠𝑎𝑡(𝑇𝑟𝑒𝑏𝑜𝑖𝑙

𝐷𝐶1 )
(2-19) 
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This mole fraction of butanol, 𝑥𝐵𝑢,𝐷𝐶1
𝑚𝑎𝑥 , is a ‘maximum’ since sufficient low-grade heat 

must be available to reach this composition.  As described by eq. (2-19), this maximum 

is ultimately limited by the temperature gradient of the column. 

Assuming a negligible pressure drop across the column, the reboiler pressure is equal to 

the condenser temperature.  The condenser temperature is equal to the vapour pressure of 

the pure solvent at the condenser temperature (𝑇𝑐𝑜𝑛𝑑
𝐷𝐶1 ).  Therefore: 

𝑥𝐵𝑢,𝐷𝐶1
𝑚𝑎𝑥 =

𝑃𝑜𝑟𝑔
𝑠𝑎𝑡(𝑇𝑟𝑒𝑏𝑜𝑖𝑙

𝐷𝐶1 ) − 𝑃𝑜𝑟𝑔
𝑠𝑎𝑡(𝑇𝑐𝑜𝑛𝑑

𝐷𝐶1 )

𝑃𝑜𝑟𝑔
𝑠𝑎𝑡(𝑇𝑟𝑒𝑏𝑜𝑖𝑙

𝐷𝐶1 ) − 𝑃𝐵𝑢
𝑠𝑎𝑡(𝑇𝑟𝑒𝑏𝑜𝑖𝑙

𝐷𝐶1 )
(2-20) 

∴ 𝑥𝐵𝑢,𝐷𝐶1
𝑚𝑎𝑥 =

1 −
𝑃𝑜𝑟𝑔
𝑠𝑎𝑡(𝑇𝑐𝑜𝑛𝑑

𝐷𝐶1 )

𝑃𝑜𝑟𝑔
𝑠𝑎𝑡(𝑇𝑟𝑒𝑏𝑜𝑖𝑙

𝐷𝐶1 )

1 −
1

𝛼𝑜𝑟𝑔,𝐵𝑢(𝑇𝑟𝑒𝑏𝑜𝑖𝑙
𝐷𝐶1 )

,   𝛼𝑜𝑟𝑔,𝐵𝑢(𝑇) =
𝑃𝑜𝑟𝑔
𝑠𝑎𝑡(𝑇)

𝑃𝐵𝑢
𝑠𝑎𝑡(𝑇)

(2-21) 

where 𝛼𝑜𝑟𝑔,𝐵𝑢 is the volatility of the hydrocarbon solvent relative to butanol. 

 

Figure 2-12: Schematic diagram of the distillation system for the separation of 

butanol from volatile hydrocarbons 
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Equation (2-21) can be simplified further, noting that the Clausius-Clapeyron equation 

can be used to predict the temperature variation of a compound’s saturation pressure 

(𝑃𝑠𝑎𝑡) using its enthalpy of vaporisation (Δ𝐻𝑜𝑟𝑔
𝑣𝑎𝑝

).  The enthalpy of vaporisation was 

assumed to be independent of temperature over the small temperature gradient of the first 

distillation column.  In addition, the volatilities of C4 – C5 hydrocarbons relative to 

butanol (𝛼𝑜𝑟𝑔,𝐵𝑢) are large (≫ 1).  For example, the relative volatility of the least volatile 

candidate, cyclopentane, at 32°C is ~38.  Hence for C4 – C5 hydrocarbons, the 

denominator in eq. (2-21) is negligible.  Thus, 𝑥𝐵𝑢,𝐷𝐶1
𝑚𝑎𝑥  can be approximated as: 

𝑥𝐵𝑢,𝐷𝐶1
𝑚𝑎𝑥 ≅ 1 − exp(−

Δ𝐻𝑜𝑟𝑔
𝑣𝑎𝑝

𝑅
(
1

𝑇𝑐𝑜𝑛𝑑
𝐷𝐶1 −

1

𝑇𝑟𝑒𝑏𝑜𝑖𝑙
𝐷𝐶1 )) (2-22) 

Hence, the exact volatility of the C4 – C5 hydrocarbon does not impact significantly on 

the maximum mole fraction of butanol obtainable in the first column (𝑥𝐵𝑢,𝐷𝐶1
𝑚𝑎𝑥 ).  This 

maximum butanol concentration increases with the enthalpy of vaporisation of the solvent 

and the temperature gradient of the distillation column. 

The high-grade heat required by the second distillation column initially appears to be 

proportional to the enthalpy of vaporisation of the solvent.  The heat required for the 

second column per kg of recovered butanol, 𝐸𝐷𝐶2, can be approximated as the energy 

required to vaporise the mass of: 

𝐸𝐷𝐶2 ≅
1

𝑀𝑟(𝐵𝑢𝑂𝐻)

(1 − 𝑥𝐵𝑢,𝐷𝐶1
𝑚𝑎𝑥 )

𝑥𝐵𝑢,𝐷𝐶1
𝑚𝑎𝑥 Δ𝐻𝑜𝑟𝑔

𝑣𝑎𝑝 (2-23) 

However, the mole fraction of butanol fed to the second distillation column, 𝑥𝐵𝑢,𝐷𝐶1
𝑚𝑎𝑥 , is 

also a function of enthalpy of vaporisation through eq. (2-22).  Thus, the dependence of 

the energy required for the second distillation column on the enthalpy of vaporisation of 

the solvent is more complicated than it initially appears.  This can be demonstrated by 

substituting the expression for 𝑥𝐵𝑢,𝐷𝐶1
𝑚𝑎𝑥  (eq. 2-22) into eq (2-23): 

𝐸𝐷𝐶2 ≅

(
Δ𝐻𝑜𝑟𝑔

𝑣𝑎𝑝

74.12)

exp(
Δ𝐻𝑜𝑟𝑔

𝑣𝑎𝑝

𝑅 (
1

𝑇𝑐𝑜𝑛𝑑
𝐷𝐶1 −

1
𝑇𝑟𝑒𝑏𝑜𝑖𝑙
𝐷𝐶1 )) − 1

(2-24)
 

The low-grade heat required for the first distillation column can be calculated by 

considering the total heat requirement of both columns.  The total heat required for both 



A Novel Technique for the Separation of Dilute Butanol from Aqueous Fermentation Broths 

54  Paul J. Hodgson – November 2018 

columns, 𝐸𝐷𝐶, is approximately equal to the energy required to evaporate the solvent, per 

kg of recovered butanol: 

𝐸𝐷𝐶 ≅
(1 −𝑚𝐵𝑢

𝑓𝑒𝑒𝑑
)

𝑚𝐵𝑢
𝑓𝑒𝑒𝑑

Δ𝐻̂𝑜𝑟𝑔
𝑣𝑎𝑝 (2-25) 

The mass fraction of butanol fed into the overall distillation system (i.e. into the first 

column), 𝑚𝐵𝑢
𝑓𝑒𝑒𝑑

, depends on the effective mass distribution coefficient of the extraction, 

𝐷𝑚𝑎𝑠𝑠
𝐵𝑢 , and the concentration of butanol in the aqueous broth, 𝑚𝐵𝑢

𝑎𝑞
: 

𝑚𝐵𝑢
𝑓𝑒𝑒𝑑

= 𝐷𝑚𝑎𝑠𝑠
𝐵𝑢 𝑚𝐵𝑢

𝑎𝑞  (2-26) 

The low-grade heat required by the first distillation column, 𝐸𝐷𝐶1, is then simply given 

by: 

𝐸𝐷𝐶1 ≅ 𝐸𝐷𝐶 − 𝐸𝐷𝐶2 (2-27) 

2.5.3 Results 

The vapour pressure of the C4 – C5 hydrocarbons given in Figure 2-2 were used to 

estimate their enthalpies of vaporisation at 25°C – 32°C using the Clausius-Claperyon 

equation.  These estimates are shown in Figure 2-13 for each hydrocarbon, given on both 

a molar and mass basis.  As shown in in Figure 2-13, the molar enthalpy of vaporisation 

clearly increases with molecular weight.  This relationship is approximately linear, 

because the specific enthalpy of vaporisation is approximately constant (0.4 MJ/kg, 

±10%) for all the C4 and C5 hydrocarbons.  Alkenes have slightly higher specific 

enthalpies of vaporisation compared to their corresponding alkanes, whilst branching 

slightly reduces enthalpy of vaporisation. 

The maximum mass fraction of n-butanol obtainable in the first distillation column 

(𝑚𝐵𝑢,𝐷𝐶1
𝑚𝑎𝑥 ) and the energy consumption of the second distillation column (𝐸𝐷𝐶2) were 

calculated using eqs. (2-22) and (2-24) respectively under two scenarios.  In both 

scenarios, a condenser temperature of 25°C was assumed for the first distillation column 

(DC1).  In the first scenario (‘Case A’), a reboiler temperature of 32°C was assumed in 

DC1.  The second scenario (‘Case B’) considered a narrower temperature gradient in 

DC1, by assuming a reboiler temperature of 27°C.  The resulting estimates of the butanol 

concentrations produced by DC1, and the corresponding estimates of the high-grade heat 

required by the second distillation column (DC2), are detailed in Figure 2-14. It can be 

seen that a heat requirement for DC2 of 1.2 MJ/kg butanol was estimated for all C4 and 
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C5 hydrocarbons for a reboiler at 32°C (i.e. a temperature gradient of 7°C).   This 

requirement corresponded to an estimated maximum butanol concentration of 20 – 

25 wt% in DC1.  The narrow 2°C temperature gradient across DC1 in Case B, with the 

reboiler at 27°C, reduced the maximum butanol concentration in DC1 to 7 – 8 wt% for 

all C4 and C5 hydrocarbons.  This resulted in an estimated energy consumption 4.8 – 

4.9 MJ/kg butanol for DC2. 

 

Figure 2-13: Enthalpies of vaporisation of C4 – C5 hydrocabrons on a molar and 

mass basis at 25 – 32°C, calculated by the Clausius-Claperyon equation from vapour 

pressures obtained from Poling et al. (2001) 
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2.5.4 Discussion 

Owing to the almost identical predictions for energy consumption for all candidate 

solvents, these estimates do not help to narrow the field of solvent candidates.  However, 

they do suggest that only very low quantities of high-grade heat are required for the 

separation process, e.g. a requirement of only ~1.4 MJ/kg butanol high-grade heat is 

predicted in the first scenario (c.f. butanol enthalpy of vaporisation, ~0.7 MJ/kg, enthalpy 

of combustion ~36 MJ/kg).  It is important to note that these estimates are based on 

Raoult’s Law, assuming ideal gas and liquid mixtures.  Non-ideal gas and liquid mixtures 

might make a significant difference to the possible butanol concentration obtainable in 

DC1, and hence the energy requirements of DC2.  Measurements of VLE will be analysed 

in Chapter 3 in order to investigate the effect of these non-idealities. 

Assuming sufficient low-grade heat is available to maximise the butanol concentration 

produced in DC1, the high-grade heat requirements of the distillation system depends 

only on the enthalpy of vaporisation of the solvent and the temperature gradient across 

DC1.  It does not depend on the distribution coefficient of the solvent in the extraction. 

However, the distribution coefficient affects the total heat requirements of the distillation 

system.  The total heat required by the distillation system, 𝐸𝐷𝐶, can be estimated using 

eq. (2-25).  For short-chain hydrocarbons, a rough estimate of a distribution coefficient 

of circa 0.5 kg/kg can be made, based on measurements of the extraction of butanol using 

hexane from a broth with mass fraction of 2 wt% butanol (Groot et al., 1990).  Groot et 

al. (1990) measured similar distribution coefficients of butanol in hexane and heptane, 

suggesting the distribution coefficient of C4 – C5 hydrocarbons might be similar.  

However, this is a very rough estimate based on one broth concentration from the limited 

measurements available in the literature.  The specific enthalpy of vaporisation for C4 – 

C5 hydrocarbons is ~0.4 MJ/kg (as outlined in Figure 2-13).  Using these estimates, eq. 

(2-25) predicts a total heat requirement of ca. 40 MJ/kg butanol for the distillation 

system, for an extraction of 2 wt% butanol from an aqueous broth. 

This estimate of total heat consumption of the distillation system can then be used to 

calculate the low-grade heat required by DC1 via eq. (2-27).  The low-grade heat required 

is therefore ca. 35 – 39 MJ/kg butanol, depending on the temperature gradient (and hence 

butanol concentration) in DC1.  Whilst this figure is large (c.f. butanol enthalpy of 

combustion ~36MJ/kg), large quantities of low-grade waste heat are often available on 

fermentation plants, most notably from the fermenter itself.  The low-grade heat required 
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is also heavily influenced by the value of the distribution coefficient.  Doubling the 

distribution coefficient to 1 kg/kg would reduce the predicted low-grade heat requirement 

 

Figure 2-14: Estimates for the maximum n-butanol composition produced by DC1 

(𝒎𝑩𝒖
𝒎𝒂𝒙 , wt%) and the duty of DC2 (𝑬𝑫𝑪𝟐 ) for extraction of aqueous butanol 

employing C4 and C5 hydrocarbons for two temperature gradients in DC1: 

• Case A: 𝑇𝑟𝑒𝑏𝑜𝑖𝑙
𝐷𝐶1 = 27℃; 𝑇𝑐𝑜𝑛𝑑

𝐷𝐶2 = 25℃  (2°C temperature gradient) 

• Case B: 𝑇𝑟𝑒𝑏𝑜𝑖𝑙
𝐷𝐶1 = 32℃; 𝑇𝑐𝑜𝑛𝑑

𝐷𝐶2 = 25℃  (7°C temperature gradient) 
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to 15 – 18 MJ/kg butanol for the extraction of butanol from the same 2 wt% butanol broth.  

Hence, the distribution coefficient of the hydrocarbon solvent is an important property in 

minimising the low-grade heat required by the first distillation column. 

 Estimating the Distribution Coefficient of Butanol at Infinite 

Dilution between Water and Selected Hydrocarbons 

As noted in Section 2.5, estimates of the performance of the distillation system have found 

that the low-grade heat requirements can be substantial, depending on the distribution 

coefficient.  In addition, secondary heating and pumping energy requirements are 

proportional to the quantity of solvent required for the extraction.  These secondary 

energy requirements could be significant if an elevated temperature were employed for 

the extraction to improve distribution coefficient. 

Distribution coefficient is a function of both composition and temperature and the 

thermodynamic activity in the two phases.  Nonetheless, it is possible to estimate the 

distribution coefficient for the volatile hydrocarbons as a function of temperature at 

infinite dilution by making some simplifying assumptions.  This should provide an 

indication of the distribution coefficient of the hydrocarbons for extraction of butanol 

from dilute aqueous broths.  Given that fermentation broths are dilute in butanol, the 

distribution coefficient during extraction will probably be close to that at infinite dilution. 

2.6.1 Theory 

A model has been devised for the purposes of estimating the limiting distribution 

coefficients at infinite dilution.  It uses the co-existence equation, which relates the dew-

point to the bubble-point curve in vapour-liquid equilibria.  The co-existence equation 

therefore requires an equation of state to model the vapour phase; the virial equation of 

state was selected for the purpose of this approximation.  The virial equation is valid at 

the low to moderate pressures at which the relevant volatile hydrocarbons (containing 

butanol at infinite dilution) vaporise.  In addition, the two solvents in each phase (in this 

case, water and the hydrocarbon) were assumed to be completely immiscible, allowing 

the activities of butanol in each phase to be approximated as the activity of butanol in 

binary mixtures.  Given the low mutual solubility of butanol with the relevant 

hydrocarbons (as explored in Section 2.4), this was a valid assumption. 
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The limiting distribution coefficient at infinite dilution can be found from the ratio of the 

activity coefficients at infinite dilution: 

𝐷𝑖
∞,𝑚𝑜𝑙𝑎𝑟 = 

𝛾𝑖
∞,𝑎𝑞(𝑃, 𝑇)

𝛾𝑖
∞,𝑜𝑟𝑔(𝑃, 𝑇)

(2-28) 

The activity coefficient of butanol at infinite dilution in hydrocarbons can be found by 

considering the binary vapour-liquid equilibria (VLE) of butanol with the relevant 

hydrocarbon.  By considering the co-existence equation, which relates the dew-point 

curve to the bubble-point curve, an estimate of the activity coefficient of butanol can be 

found.  The vapour phase was modelled using the virial equation of state.  Hence an 

estimate of the distribution coefficient of butanol can be made.  The derivation is given 

in Appendix B, from which: 

𝐷𝐵𝑢
∞,𝑚𝑜𝑙𝑎𝑟(𝑇) =

𝛾𝐵𝑢
∞,𝑎𝑞(𝑇)

𝛾𝐵𝑢
∞,𝑜𝑟𝑔(𝑇)

=
𝛾𝐵𝑢
∞,𝑎𝑞(𝑇)

(𝛼𝑜𝑟𝑔,𝐵𝑢 − (𝛼𝑜𝑟𝑔,𝐵𝑢 − 1)ℳ
𝑃𝑜𝑟𝑔
𝑠𝑎𝑡(𝑉𝑜𝑟𝑔

𝑉 − 𝑉𝐵𝑢
𝐿 )

𝑅𝑇 ) 𝜖

 (2-29)
 

 

where: 

𝜖 =  exp (
𝑃𝐵𝑢
𝑠𝑎𝑡

𝑅𝑇
((𝛼𝑜𝑟𝑔,𝐵𝑢 − 1)(𝐵𝐵𝑢−𝐵𝑢 − 𝑉𝐵𝑢

𝐿 ) + 𝛼𝑜𝑟𝑔,𝐵𝑢𝛿𝐵𝑢−𝑜𝑟𝑔)) (2-30) 

Here ℳ  is the gradient of the bubble-point pressure with respect to composition at 

infinite dilution of butanol (𝑥𝐵𝑢 →  0), relative to that of Raoult’s Law: 

ℳ =

(
𝑑𝑃
𝑑𝑥𝐵𝑢

)
xBu→0

(𝑃𝐵𝑢
𝑠𝑎𝑡 − 𝑃𝑜𝑟𝑔

𝑠𝑎𝑡)
(2-31)

 

Hence ℳ is a measure of non-ideality at infinite dilution.  This parameter, ℳ has been 

devised to separate out the effect of the relative volatility (𝛼) on the activity coefficient 

at infinite dilution.  In some cases, the activity coefficient is not very sensitive to the value 

of ℳ, allowing a reasonable estimate of the distribution coefficient to be found, based on 

rough analysis of the VLE behaviour of butanol and relevant hydrocarbons. 

The effect of ℳ  on 𝐷𝐵𝑢
∞,𝑚𝑜𝑙𝑎𝑟

 is difficult to analyse in equation (2-29 ) due to its 

complexity.  To illustrate the effect of ℳ , equation (2-29 ) can be simplified by  

approximating the vapour phase as ideal (i.e. 𝐵𝐵𝑢−𝐵𝑢 = 𝛿𝐵𝑢−𝑜𝑟𝑔 = 0) and by neglecting 
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the Poynting correction (by assuming liquid molar volume, 𝑉𝐵𝑢
𝐿 , is negligible compared 

to vapour molar volume): 

𝐷𝐵𝑢
∞,𝑚𝑜𝑙𝑎𝑟(𝑇) =

𝛾𝐵𝑢
∞,𝑎𝑞(𝑇)

𝛾𝐵𝑢
∞,𝑜𝑟𝑔(𝑇)

=
𝛾𝐵𝑢
∞,𝑎𝑞(𝑇)

(ℳ + 𝛼𝑜𝑟𝑔,𝐵𝑢(1 −ℳ))
(2-32) 

In the ideal vapour case, when ℳ = 1, 𝛾𝐵𝑢
∞,𝑜𝑟𝑔

 = 1.   

For systems with large relative volatilities (e.g. for C4 hydrocarbons, 𝛼𝑜𝑟𝑔,𝐵𝑢 = 𝑂(200) 

at 37°C), 𝐷𝐵𝑢
∞,𝑚𝑜𝑙𝑎𝑟

 is extremely sensitive to values of ℳ when ℳ is close to unity.  This 

can be seen in the simplified eq. (2-32), which assumes the vapour phase to be ideal.  

This sensitivity is clearer than in eq. (2-29), which models the non-ideality in the vapour 

phase using the virial equation of state (as well as accounting for the Poynting correction). 

Figure 2-15a-d shows the general form of plots of vapour-liquid equilibria of butanol with 

volatile hydrocarbons for different values of ℳ , at fixed temperature.  Figure 2-15a 

shows the VLE behaviour for the reference case using Raoult’s Law, i.e. ℳ = 1 and 𝛾 =

1, in which the bubble-point pressure is linear between the two pure vapour pressures. 

For binary systems such as butanol with C4 – C6 hydrocarbons (where 𝑃𝑜𝑟𝑔
𝑠𝑎𝑡 > 𝑃𝐵𝑢

𝑠𝑎𝑡 and 

𝛼𝑜𝑟𝑔,𝐵𝑢 > 1), if ℳ < 1 and 𝛾𝐵𝑢
∞ > 1, assuming the vapour phase is ideal, the system will 

show positive deviations from Raoult’s Law.  The VLE of a solvent with these properties 

is shown in Figure 2-15b.  In this case, the species show a net repulsive force between 

dissimilar molecules.  This means that distillation requires fewer stages than for the ideal 

mixture shown in Figure 2-15a, and higher concentrations of butanol can be obtained for 

a given temperature gradient. 

For ℳ = 0, the gradient of bubble-point pressure with respect to composition is zero at 

infinite dilution (𝑥𝐵𝑢 → 0).  For ℳ < 0, the gradient of the bubble-point curve is positive 

at infinite dilution (for systems with 𝑃𝑜𝑟𝑔
𝑠𝑎𝑡 > 𝑃𝐵𝑢

𝑠𝑎𝑡).  In these systems, the vapour pressure 

initially increases with addition of the less volatile component (butanol) and hence the 

system forms a minimum boiling point azeotrope.  This case is shown in Figure 2-15c. 

Conversely, if ℳ > 1 and 𝛾𝐵𝑢
∞  < 1, the system will show negative deviation from Raoult’s 

Law. 
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Figure 2-15a-d: Example isothermal vapour-liquid equilibria of butanol with 

volatile solvents for different values of 𝓜 

(a) Raoult’s Law (ℳ = 1) 

(b) Positive deviation from Raoult’s Law (ℳ < 1) 

(c) Minimum boiling point (maximum pressure) azeotrope (ℳ < 0) 

(d) A theoretical ‘optimal’ volatile solvent for extraction of butanol 
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Figure 2-15d shows the vapour-liquid equilibria for a binary mixture of butanol and 

volatile solvent with theoretically optimal thermodynamics where the value of ℳ (ℳ ≥

1) minimises the activity coefficient of butanol in the solvent at low concentration and 

hence maximises the distribution coefficient for dilute extractions.  This value of ℳ 

corresponds to Raoult’s Law behaviour, or negative deviation from Raoult’s Law at 

infinite dilution.  However, a negative deviation from Raoult’s Law is the result of net 

attractive forces between dissimilar molecules, which therefore increases the energy and 

number of stages required in a distillation separation.  Therefore, an optimal volatile 

solvent for use in a butanol extraction would also exhibit large positive deviations from 

Raoult’s Law at higher concentrations, above the dilute concentrations found in the 

extraction.  Aside from reducing the number of stages in the distillation column, this 

characteristic would also increase the concentration of butanol produced in the first 

distillation column, where the temperature gradient is limited.  For an optimal solvent, 

only a small temperature increase above the saturation temperature of the solvent would 

be required to produce a highly concentrated butanol in the reboiler.  This is equivalent 

to a small pressure decrease from the saturation pressure of the solvent on an isothermal 

plot such as Figure 2-15d.  A high relative volatility of the solvent also reduces the number 

of stages required in distillation, and so is another characteristic of an optimal solvent. 

In summary, the binary vapour-liquid equilibrium characteristics of an optimal solvent 

with butanol would constitute effectively a combination of large positive deviations from 

Raoult’s Law (Figure 2-15b), allowing simple separation using low-grade heat; and ideal 

mixture behaviour at low butanol concentration (Figure 2-15a), which would produce a 

very high distribution coefficient for the extraction. 

Minimum boiling point azeotropes (Figure 2-15c) are undesirable in the solvent-butanol 

vapour-liquid equilibrium (VLE).  In addition to resulting in a low distribution coefficient 

(since ℳ < 0), the presence of an azeotrope would cause difficulties during distillation, 

similar to those encountered in butanol-water distillation.  If a minimum boiling point 

azeotrope were present in the VLE, butanol would be boiled into the vapour phase below 

the azeotrope concentration.  This would therefore require a two-column system, or 

another azeotropic separation technique, in order to separate the azeotrope in place of one 

of the distillation columns, depending on the composition of the azeotrope.  A two-

column system used to separate the azeotrope must operate at two difference pressures.  

It would therefore potentially become difficult to achieve a high degree of separation 
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using low-grade heat, which has specific column pressure requirements, in addition to the 

requirement of additional separation equipment. 

Experimental measurements of the binary VLE of butanol with various C4 – C6 

hydrocarbons (detailed in section 3.2) demonstrate that these binaries show positive 

deviation from Raoult’s Law and that most do not form an azeotrope.  Therefore, for these 

systems, 0 < ℳ < 1.  The only exception is n-hexane, which shows a minimum boiling 

point azeotrope at a dilute butanol concentration at higher temperatures.  This means that 

for n-hexane at higher temperatures, ℳ  is slightly negative.  At lower temperatures, 

bubble-point curves show ℳ~0.  When ℳ~0 , 𝐷𝐵𝑢
∞,𝑚𝑜𝑙𝑎𝑟

 will decrease with relative 

volatility (𝛼𝑜𝑟𝑔,𝐵𝑢).  For systems with ℳ~0, unless 𝛼𝑜𝑟𝑔,𝐵𝑢 is very large (or very small), 

𝐷𝐵𝑢
∞,𝑚𝑜𝑙𝑎𝑟

 is not very sensitive to the value of ℳ since, if ℳ~0, approximately: 

𝐷𝐵𝑢
∞,𝑚𝑜𝑙𝑎𝑟(𝑇) ≅

𝛾𝐵𝑢
∞,𝑎𝑞(𝑇)

𝛼𝑜𝑟𝑔,𝐵𝑢
(2-33) 

2.6.2 Estimates of ℳ and Methodology 

In order to approximate ℳ, raw measurements of bubble-point taken from the literature 

for a range of binary mixtures C4 – C6 hydrocarbons with butanol were used.  These 

measurements are detailed in the Supplementary Material included with this dissertation.  

Rough estimates of the gradient of the bubble-point curve at 𝑥𝐵𝑢 → 0 was made using 

only measurements of bubble-point with 𝑥𝐵𝑢 < 0.1: 

(
𝑑𝑃

𝑑𝑥𝐵𝑢
)
𝑥𝐵𝑢→0

≈
𝑃(𝑥𝐵𝑢, 𝑇) − 𝑃𝐵𝑢

𝑠𝑎𝑡(𝑇)

𝑥𝐵𝑢
, 𝑥𝐵𝑢 < 0.1 (2-34) 

The gradient of Raoult’s Law, (𝑃𝐵𝑢
𝑠𝑎𝑡  −  𝑃𝐻𝐶

𝑠𝑎𝑡), for each set of VLE measurements were 

calculated using the measured pure vapour pressures in reported in each set of VLE 

measurements.  These were subsequently used to estimate ℳ (‘ℳ𝑒𝑠𝑡’) for each set of 

VLE measurements: 

ℳ𝑒𝑠𝑡 ≈
1

𝑁𝑉𝐿𝐸
∑

𝑃(𝑥𝐵𝑢,𝑖, 𝑇) − 𝑃𝐵𝑢
𝑠𝑎𝑡(𝑥𝐵𝑢 = 0, 𝑇)

𝑥𝐵𝑢,𝑖(𝑃𝐵𝑢
𝑠𝑎𝑡(𝑥𝐵𝑢 = 0, 𝑇) − 𝑃𝐻𝐶

𝑠𝑎𝑡(𝑥𝐵𝑢 = 1, 𝑇))

𝑁𝑉𝐿𝐸

𝑖

, 𝑥𝐵𝑢,𝑖 < 0.1(2-35) 

Where 𝑁𝑉𝐿𝐸  is the number of measurements of bubble-point pressure in the set of 

measurements for which 𝑥𝐵𝑢 < 10 mol%.  This gave a rough estimate of the bubble-point 

gradient at low butanol compositions as compared with that of Raoult’s Law. 
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These estimates found that ℳ𝑒𝑠𝑡 was a slight function of temperature, but averages across 

sets of measurements in the range 25 – 120°C found estimates for ℳ𝑒𝑠𝑡  of -0.1 for 

n-hexane and 0.2 for 1-hexene.  The value of ℳ𝑒𝑠𝑡 estimated for n-pentane (0.3) was 

assumed to be valid for all C5 hydrocarbons.  Similarly, the value of ℳ𝑒𝑠𝑡 estimated for 

n-butane and iso-butane (0.55, the same value for both isomers) was assumed to be valid 

for all C4 alkanes, whilst the value estimated for 1-butene (0.9) was assumed to be valid 

for all C4 alkenes. 

These estimates of ℳ𝑒𝑠𝑡  were employed in equation (2-29 ) to predict distribution 

coefficients at infinite dilution of n- and iso-butanol in C4 – C5 hydrocarbons, hexane and 

1-hexene.  The values of ℳ𝑒𝑠𝑡  were calculated using binary n-butanol VLE 

measurements but were assumed to be valid for binary mixtures of iso-butanol with 

volatile hydrocarbons.  The limiting activity of butanol in water at infinite dilution, 𝛾𝐵𝑢
∞,𝑎𝑞

, 

was calculated from correlations of Dohnal et al. (2006) (n-butanol) and Fenclova et al. 

(2007) (iso-butanol) (given in Appendix B.5).  virial coefficients were estimated using 

the Tsonopolous model (detailed in Appendix D), using critical properties from Poling et 

al. (2001). 

2.6.3 Results 

Figure 2-16 details the estimates of the limiting distribution coefficient of butanol at 

infinite dilution in C4 – C5 hydrocarbons, hexane and 1-hexene at a range of temperatures.  

Estimates are detailed for both n- and iso-butanol for comparison, using estimates of ℳ 

(ℳ𝑒𝑠𝑡) calculated as described in the preceding section. 

In addition, estimates of the limiting distribution coefficient of n-butanol are detailed in 

Figure 2-16, assuming ℳ = 0.  This equates to a minimum estimate of the limiting 

distribution coefficient, given that ℳ ≥ 0 for binary mixtures of butanol and volatile 

hydrocarbon solvents. 

Finally, the total energy required for the distillation system, 𝐸𝐷𝐶, was calculated using 

eqs. (2-25) and (2-26).  The estimates of the total energy required were based on 

distribution coefficients predicted for n-butanol using estimates of ℳ calculated from 

literature VLE measurements.  These energy consumption estimates are presented in  

Figure 2-17. 

As shown in Figure 2-16, the distribution coefficient of butanol in C4 – C6 hydrocarbons 

is predicted to rise dramatically with temperature, typically increasing by a factor of ~4 
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between 37°C and 90°C.  This increase in distribution coefficient is reflected in much 

smaller values of the total energy required for distillation (𝐸𝐷𝐶) for extractions performed 

at 90°C versus 37°C in Figure 2-17.  This means that if the availability of low-grade heat  

 

 

Figure 2-16: Estimates for the mass distribution coefficient of dilute n-butanol and 

iso-butanol in C4 – C6 hydrocarbons versus water at 37°C, 60°C and 90°C.  Estimates 

were calculated for both 𝓜~𝟎 and for 𝓜=𝓜𝒆𝒔𝒕. 

𝓜𝒆𝒔𝒕 
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were limited, increasing the extraction temperature might reduce the amount of low-grade 

heat required significantly. 

 

Figure 2-17: Estimates of the total energy required for distillation of n-butanol and 

C4 – C6 hydrocarbons (𝑬𝑫𝑪) following extraction of butanol from a 2 wt% aqueous 

mixture, employing estimates of the distribution coefficient at 𝓜𝒆𝒔𝒕 (Figure 2-16) 

𝓜𝒆𝒔𝒕 
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2.6.4 Discussion 

As demonstrated by eq. (2-32), 𝐷𝐵𝑢
∞  is insensitive to the value of ℳ for ℳ~0, especially 

for less volatile hydrocarbons.  This is confirmed by the similarity of values predicted for 

𝐷𝐵𝑢
∞  at ℳ = 0 for C5 – C6 hydrocarbons versus values predicted when values of ℳ 

calculated from literature VLE measurements were employed (ℳ = -0.1 to 0.3).  This 

suggests that the estimated values of 𝐷𝐵𝑢
∞  are relatively accurate for these hydrocarbons, 

since the accuracy of ℳ is not important. 

Estimates for these hydrocarbons also agree with the limited measurements available in 

the literature for distribution coefficients.  For example: 

• an estimated value of 𝐷𝐵𝑢
∞,𝑚𝑎𝑠𝑠

~ 0.6 kg/kg for n-hexane at 37°C (c.f. 0.5 kg/kg 

Groot et al. (1990)); 

• an estimated value of 𝐷𝐵𝑢
∞,𝑚𝑎𝑠𝑠

~ 0.2 kg/kg for iso-pentane at 25°C (c.f. 0.21 kg/kg 

Dadgar and Foutch (1986)) 

Conversely for the comparatively volatile C4 hydrocarbons, the values of 𝐷𝐵𝑢
∞  are highly 

sensitive to the value of ℳ since ℳ is close to unity.  Therefore, these estimates contain 

a large degree of uncertainty, especially for C4 alkenes where ℳ𝑒𝑠𝑡 = 0.9 

Estimates for the distribution coefficients for dilute iso-butanol are slightly higher than 

those for n-butanol at all temperatures, with predicted distribution coefficients at 90°C up 

to 50% higher, as shown in Figure 2-16.  This is because the slightly higher volatility of 

iso-butanol compared to that of n-butanol results in slightly lower relative volatilities of 

hydrocarbons versus iso-butanol compared to those versus n-butanol.  The effect of this 

reduced relative volatility is large enough to counteract the effect of the lower activity 

coefficient of iso-butanol at infinite dilution in water, which is slightly lower than that of 

n-butanol.  However, since estimates of ℳ  used in the prediction of distribution 

coefficients of iso-butanol are based on those of n-butanol, the estimates of distribution 

coefficient for iso-butanol contain a large degree of uncertainty.  This uncertainty is 

exacerbated for predictions of distribution coefficients in C4 hydrocarbons, for which ℳ 

is not close to zero. 

This analysis identifies C4 alkenes as having the highest distribution coefficients amongst 

the C4 – C5 hydrocarbons, with mass distribution coefficients exceeding 0.5 kg/kg at 

37°C, rising to ~2 kg/kg at 90°C.  These equate to total energy requirements for 

distillation ~36 MJ/kg butanol (coincidently, the enthalpy of combustion of butanol) for 
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extracting 2 wt% aqueous butanol at 37°C.  This falls to ~10 MJ/kg for extractions 

performed at 90°C.  N-pentane is also promising, with a mass distribution coefficient of 

0.4 at 37°C and 1.6 at 90°C, close to those of the C4 alkenes.  The distribution coefficient 

estimated for n-pentane is also likely to be relatively accurate since ℳ~0, and so the 

exact value of ℳ is not significant. 

However, of all the hydrocarbons investigated, the predicted distribution coefficients are 

highest for 1-hexene, for which mass distribution coefficients of 0.9 at 37°C and 2.8 at 

90°C are predicted.  These distribution coefficients equate to a total energy requirement 

for distillation of 20 and 6 MJ/kg butanol for extraction at 37°C and 90°C respectively.  

The predicted distribution coefficients of 1-hexene are around 50% higher than those 

predicted for its alkane equivalent, n-hexane, for which predicted distribution coefficients 

are similar to those of the C4 alkenes.  This suggests that the slight polarity of alkenes due 

to the presence of the C=C bond can increase distribution coefficient significantly.  

Despite their more favourable distribution coefficients, C6 hydrocarbons are probably not 

suitable candidates for extraction of butanol since they would require highly reduced 

pressure in order to conduct distillation of the solvent and butanol using low-grade heat. 

The estimates produced were also for butanol at infinite dilution, and so only provide a 

guide to the equilibria at dilute butanol concentrations.  The activity coefficient of butanol 

in both water and the solvent will change as butanol concentration increases.  A more 

thorough analysis of the vapour-liquid equilibria measurements in the literature is 

required to calculate distribution coefficients of butanol in hydrocarbon solvents versus 

water as a function of composition and temperature.  Distribution coefficients for side-

products such as ethanol and acetone should also be calculated.  This analysis of literature 

VLE measurements will be explored in Chapter 3. 

 Conclusion 

A novel liquid-liquid extraction technique has been devised, which uses simple, short (C4 

or C5) hydrocarbons as extractants.  These extractants have been ignored by previous 

authors as they are more volatile than butanol.  At first inspection, this would appear to 

be a drawback, as it means boiling off the large quantity of solvent rather than the 

comparatively small quantity of butanol in the extracted phase.  Longer (C6+), less 

volatile hydrocarbons have also been rejected by previous authors, as whilst their 

selectivity over water is very high for the extraction of butanol, their distribution 

coefficients are lower than other potential extractants.  However, since C4 – C5 
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hydrocarbons are relatively volatile, they can be boiled off using plentiful supplies of very 

low-grade heat, for example, the heat given off by the fermentation at ~37°C.   

The use of low-grade waste heat means that separation of the extracted phase can be 

achieved at a minimal net energy cost, and so the low distribution coefficient of volatile 

hydrocarbons is not a determining factor.  Short hydrocarbons have many advantages as 

extractants, including very low mutual solubilities with water; low organism toxicity; low 

viscosities; high density difference; high interfacial tensions (reducing emulsion 

formation and reducing phase separation costs); low-replacement cost; stability and 

product compatibility.  

Short hydrocarbons do not possess high distribution coefficients compared with other 

extractants.  Estimations following a thermodynamic analysis found distribution 

coefficients were highest for C4 alkenes, and that their distribution coefficient rise with 

temperature.  By using low-grade waste heat to concentrate the butanol-solvent mixture, 

high-grade requirements were found to be minimal, estimated to be 1 – 5 MJ/kg butanol.  

However, the low-grade heat requirements could be substantial, and depend mostly on 

the aqueous broth concentration and the distribution coefficient of the solvent. 

A more thorough analysis of VLE measurements in the literature is required to find 

distribution coefficients for butanol and other fermentation products in hydrocarbons 

versus water as a function of composition and temperature.  The following chapter 

outlines this analysis of VLE and excess enthalpy measurements for butanol, ethanol and 

acetone with C4 – C6 hydrocarbons.  
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3. Analysis of Binary Thermodynamic 

Data of Short Hydrocarbons with 

Fermentation Products 

 Introduction 

Estimates of the energy consumption of the extraction of butanol using volatile 

hydrocarbons have been made based on approximations of the equilibria of binary 

mixtures of butanol with one of a number of C4 – C6 hydrocarbons.  This chapter uses 

thermodynamic data found in the literature to determine the vapour-liquid equilibria of 

these mixtures.  Activities of dilute butanol in C4 – C6 hydrocarbons were also calculated 

so as to predict distribution coefficients for butanol between a hydrocarbon and water. 

The latter is important because the low-grade heat required in the extraction process using 

volatile hydrocarbons is highly sensitive to the distribution coefficient of butanol. 

Measurements of liquid-liquid equilibria (LLE) for the ternary system involving the 

partition of butanol between water and a hydrocarbon are scarce, although some 

measurements of distribution coefficients of n-butanol with water and n-hexane are 

available in the literature.  A search of the available literature did not identify any ternary 

data for butanol (n- or iso-) with water and C4 or C5 hydrocarbons.  Nonetheless it did 

find measurements of vapour-liquid equilibrium (VLE), excess enthalpy of mixing and 

excess volume of mixing for binary mixtures of butanol with C4 and C5 hydrocarbons.  

Measurements of VLE can be used to calculate activity coefficients for these binary pairs 

since at vapour-liquid equilibrium: 

𝜙𝑖(𝑦𝑖, 𝑇, 𝑃). 𝑦𝑖𝑃 = 𝛾𝑖(𝑥𝑖, 𝑇, 𝑃). 𝑥𝑖(𝜙𝑖
𝑠𝑎𝑡 . 𝑃𝑖

𝑠𝑎𝑡). exp (
𝑉𝑖
𝐿(𝑃 − 𝑃𝑖

𝑠𝑎𝑡)

𝑅𝑇
) (3-1) 

where 𝜙𝑖(𝑦𝑖, 𝑇, 𝑃) is the fugacity of species 𝑖 at vapour mole fraction of species 𝑖, 𝑦𝑖 , 

temperature 𝑇 and pressure 𝑃, calculated by a suitable equation of state.  The liquid phase 

activity coefficient is denoted by 𝛾𝑖(𝑥𝑖, 𝑇, 𝑃), a function of temperature, pressure and the 

liquid mole fraction of species 𝑖, 𝑥𝑖.  The superscript ‘sat’ denotes conditions at pure 𝑖.  

The molar volume of pure species 𝑖 is denoted 𝑉𝑖
𝐿 and 𝑅 is the universal gas constant. 



A Novel Technique for the Separation of Dilute Butanol from Aqueous Fermentation Broths 

72  Paul J. Hodgson - November 2018 

Measurements of the excess volume (𝑉𝐸) and excess enthalpy of mixing (𝐻𝐸) can be used 

to calculate the variation of activity coefficient (𝛾𝑖 ) with pressure and temperature 

respectively (the full derivation is detailed in Appendix E), thus: 

(
𝜕 ln 𝛾𝑖
𝜕𝑃

)
𝑇,𝑥
=
𝑉𝑖
𝐸

𝑅𝑇
 (3-2) 

(
𝜕 ln 𝛾𝑖
𝜕𝑇

)
𝑃,𝑥
= −

𝐻𝑖
𝐸

𝑅𝑇2
(3-3) 

where 𝑉𝑖
𝐸

 and 𝐻𝑖
𝐸

 are the partial molar excess volume and enthalpy of species 𝑖 

respectively.  It was assumed that the activities of the species in equilibrium are 

independent of pressure.  This assumption was verified for mixtures of butanol with 

volatile hydrocarbons by examining the effect of pressure on the activity coefficient of 

n-butanol in n-pentane, using measurements of the excess molar volume of mixing, as 

described in Appendix E. 

 Binary Thermodynamic Measurements Available in the 

Literature 

Measurements from the available literature of VLE and excess enthalpy of mixing at 

constant temperature, taken to be within the range 0 – 100°C, the approximate range of 

interest for the extraction temperature, were compiled into a database.  An extensive 

search was conducted for binary mixtures of n-butanol with any C4 or C5 hydrocarbon, 

n-hexane, 1-hexene, or water.  VLE measurements of butanol with C4 and C5 

hydrocarbons were identified for pentane, n-butane, iso-butane and 1-butene.  

Thermodynamic data for some of these binary mixtures of butanol with hydrocarbons, 

containing measurements of excess enthalpy of mixing, were also found.  A similar search 

was then conducted for VLE measurements of binary mixtures comprising iso-butanol, 

ethanol and acetone with solvents for which VLE measurements of binaries with n-

butanol had been identified.  These VLE measurements, together with any associated 

measurements of excess enthalpy of mixing, were added to the database.  The resultant 

database of thermodynamic measurements of relevant binary mixtures is detailed in the 

Supplementary Material included with this dissertation.   

Searches excluded isobaric VLE measurements.  Isobaric VLE measurements are 

relatively common, since many separation processes (e.g. distillation) operate at constant 

pressure.  However, analysis of isobaric VLE measurements is not feasible without 
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associated measurements of excess enthalpy to calculate activity coefficients at a given 

temperature (Islam and Rahman, 2012).  In any case, isobaric VLE measurements were 

scarce for the desired binary mixtures.  An exception was made for acetone and 1-hexene, 

for which no other VLE measurements could be found.  However, the temperature range 

of the isobaric VLE measurements identified for this pair (Ogorodnikov et al., 1961) was 

very narrow, and so the Clausius-Clapyron equation was used to approximate these 

measurements as isothermal ones. 

The lowest (non-zero) concentration of the product (butanol, acetone etc.) recorded in 

each dataset is noted in the summary of the database (Table S-1, given in the 

Supplementary Material included with this dissertation).  This minimum concentration is 

relevant to the investigation of liquid-liquid equilibria of a dilute product (c.f. < 0.5 mol% 

butanol in the aqueous broth).  Since the activity coefficient can vary significantly at very 

low concentrations, it is imperative that there are measurements around this range for 

accurate analysis of equilibria of dilute mixtures. 

In total, 107 isothermal datasets, consisting of ca. 2000 individual measurements, were 

identified for binary mixtures of the six hydrocarbons with the fermentation products, of 

which 34 datasets were for binaries containing n-butanol. 

 Regression of VLE and Excess Enthalpy Measurements 

3.3.1 Types of VLE Datasets and Correction of Liquid Phase 

Compositions 

VLE data can be categorised by the type of measurements recorded at equilibrium in the 

equilibrium ‘cell’.  In isothermal VLE measurements, the total pressure (𝑃) is always 

recorded.  Measurements are made at discrete liquid phase compositions (𝑥) to produce 

the bubble-point curve on the 𝑃 − 𝑥 diagram.  For the sake of simplicity in experimental 

design, the overall composition of the mixture injected into the cell (𝑧), rather than liquid 

composition at equilibrium (𝑥) was recorded in many cases.  Thus, such measurements 

are termed ‘𝑃 − 𝑧’ datasets. 

If the volume of the cell is known (𝑉𝑐𝑒𝑙𝑙), and the number of moles of each species 

injected into the cell is known (𝑁1, 𝑁2), then the vapour compositions calculated during 

the regression of VLE datasets (𝑦𝑐𝑎𝑙𝑐) can be used to back-calculate the original liquid 

composition (𝑥).  This can be achieved by a simple mole balance, derived in Appendix 

C: 
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𝑥1 =
𝑧1𝑉

𝑉 − 𝑦1𝑉
𝑐𝑒𝑙𝑙 + (𝑦1

𝑐𝑎𝑙𝑐 − 𝑧1)(𝑉2
𝐿 + 𝑉𝐸

𝐿)

𝑉𝑉 − 𝑉𝑐𝑒𝑙𝑙 − (𝑦1
𝑐𝑎𝑙𝑐 − 𝑧1)(𝑉1

𝐿 − 𝑉2
𝐿)

(3-4) 

where: 

𝑧1 =
𝑁1

𝑁1 + 𝑁2
(3-5) 

𝑉𝑐𝑒𝑙𝑙 =
𝑉𝑐𝑒𝑙𝑙

𝑁1 + 𝑁2
(3-6) 

Excess volume on liquid mixing (𝑉𝐸
𝐿) is a function of liquid composition (𝑥1) but is 

usually neglected since it is small compared to 𝑉2
𝐿 and 𝑉1

𝐿. 

Initially, the regression procedure can be conducted by approximating the liquid mole 

fraction (𝑥1) as the overall mole fraction (𝑧1).  The compositions in the vapour phase, 

determined by the regression of the bubble-point curve, can then be used in the above 

mass balance to correct the overall mole fractions to the liquid compositions at 

equilibrium.  The regression procedure is then iterated with the corrected liquid 

compositions until the compositions converge.  This procedure usually converges very 

quickly, as the overall cell compositions are normally very close to the liquid 

compositions (as approximated during the first iteration).  This proximity is because the 

vapour headspace in the equilibrium cell is small, and the density of the vapour phase at 

sub-critical conditions is negligible compared to that of the liquid phase.   

For this reason, many studies in the literature have assumed that the mole fraction of the 

overall cell is equal to the liquid mole fraction.  Frustratingly, this means that authors 

have often neglected to publish the necessary information required to perform the 

correction of the liquid composition.  Datasets for which the necessary measurements to 

perform this correction are reported (i.e. measurements of cell volumes and quantity of 

moles injected into the equilibrium cell) have been referred to as ‘𝑃𝑧𝑉’ datasets in this 

work.  The publication of this type of dataset and its subsequent reduction (using the 

Barker method) has been undertaken for VLE measurements of many binary alcohol-

alkane mixtures by researchers at Helsinki University of Technology.  Their data-

reduction methodology is detailed in Uusi-Kyyny et al. (2002). 

Finally, the composition of both the liquid (𝑥) and vapour (𝑦) phases at equilibrium is 

recorded in some datasets.  These types of VLE datasets are termed here ‘𝑃𝑥𝑦’ datasets. 
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3.3.2 Correction of Temperature Variation in Isothermal Datasets 

For VLE data that are nominally isothermal, small temperature variations are often 

measured in the equilibrium cell (𝑇𝑒𝑥𝑝).  Datasets that include measurements of the actual 

temperature (𝑇) in the equilibrium cell, as opposed to datasets which merely quote the 

target isothermal temperature of the equilibrium cell, here have ‘𝑇’ included in their type 

designation, e.g. 𝑃𝑇𝑧, 𝑃𝑇𝑧𝑉.  Any temperature variations from the target temperature 

quoted for the isothermal measurements (𝑇𝑡𝑎𝑟𝑔𝑒𝑡) should be removed from the raw VLE 

measurements.  This can be achieved by employing the Clausius-Clapeyron equation to 

correct experimental bubble-point pressures (𝑃𝑒𝑥𝑝 ) to isothermal (‘adjusted’) bubble-

point pressures (𝑃𝑎𝑑𝑗): 

𝑑 ln 𝑃𝑠𝑎𝑡

𝑑 𝑇
= −

𝛥𝐻𝑣𝑎𝑝

𝑅𝑇2
(3-7) 

∴ 𝑃𝑎𝑑𝑗(𝑇𝑡𝑎𝑟𝑔𝑒𝑡) = 𝑃𝑒𝑥𝑝 (𝑇𝑒𝑥𝑝). exp(
𝛥𝐻𝑣𝑎𝑝

𝑅
(
1

𝑇𝑒𝑥𝑝
−

1

𝑇𝑡𝑎𝑟𝑔𝑒𝑡
)) (3-8) 

This version of the Clausius-Clapeyron equation assumed that the volume of the vapour 

phase could be represented by the ideal gas law, and that the liquid molar volume was 

negligible compared to the molar volume of the vapour phase.  This was valid for the 

purposes of correcting the small temperature variations as the pressures were low.  The 

temperature dependence of enthalpy of vaporisation (𝛥𝐻𝑣𝑎𝑝) was neglected, because the 

variation from the target temperature was typically << 1 K.  The molar enthalpy of 

vaporisation can be approximated as the sum of the pure enthalpies of vaporisations, 

weighted by overall cell compositions: 

𝛥𝐻𝑣𝑎𝑝 ≅ ∑𝑦𝑖𝛥𝐻𝑖
𝑣𝑎𝑝 ≈ ∑𝑧𝑖𝛥𝐻𝑖

𝑣𝑎𝑝 (3-9) 

3.3.3 Regression Methodologies 

Regression was used to describe vapour-liquid equilibria, and to determine activity 

coefficients at dilute concentrations.  The authors of the datasets in the database 

conducted a variety of different analyses to regress the raw measurements in their 

isothermal VLE datasets.  Three main approaches were identified: the ‘Barker method’; 

the ‘Mixon method’; and direct measurements of vapour-liquid equilibrium ( 𝑃𝑥𝑦 

measurements). 
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3.3.4 The ‘Barker Method’ 

The ‘Barker method’ regresses 𝑃𝑥, 𝑃𝑧, or 𝑃𝑧𝑉 measurements (i.e. measurements of the 

bubble-point curve) by fitting parameters of an activity coefficient model to the 

measurements.  Popular choices of activity coefficient model are Redlich-Kister or 

Margules (equivalent models); Wilson; NRTL; UNIQUAC and Van Laar (Islam and 

Rahman, 2012). 

The vapour composition and pressure at equilibrium can be calculated at a given liquid 

composition and corresponding activity coefficients by: 

𝑃𝑐𝑎𝑙𝑐 =∑𝛾𝑖(𝑥𝑖, 𝑇, 𝑃). 𝑥𝑖 . (
𝜙𝑖
𝑠𝑎𝑡

𝜙𝑖(𝑦𝑖, 𝑇, 𝑃)
. 𝑃𝑖
𝑠𝑎𝑡) . exp (

𝑉𝑖
𝐿(𝑃 − 𝑃𝑖

𝑠𝑎𝑡)

𝑅𝑇
)

𝑖

 (3-10) 

𝑦𝑖,𝑐𝑎𝑙𝑐 = 𝛾𝑖(𝑥𝑖, 𝑇, 𝑃). 𝑥𝑖 . (
𝜙𝑖
𝑠𝑎𝑡

𝜙𝑖(𝑦𝑖, 𝑇, 𝑃)
.
𝑃𝑖
𝑠𝑎𝑡

𝑃𝑐𝑎𝑙𝑐
) . exp (

𝑉𝑖
𝐿(𝑃 − 𝑃𝑖

𝑠𝑎𝑡)

𝑅𝑇
) (3-11) 

This calculation of vapour composition and pressure is iterative.  This is because fugacity 

(𝜙𝑖) depends on the calculated vapor composition (𝑦𝑖,𝑐𝑎𝑙𝑐) and pressure (𝑃𝑐𝑎𝑙𝑐); similarly, 

the Poynting correction (the exponential term) depends on the vapour pressure (𝑃𝑐𝑎𝑙𝑐).  

The first iteration can be conducted by neglecting the Poynting correction and assuming 

the vapour phase is ideal (𝜙𝑖 = 1).  In subsequent iterations, an equation of state for the 

vapour phase is used to calculate fugacity, such as the virial equation or variations on 

Redlich-Kwong. 

The parameters of the activity coefficient model are optimised to fit the calculated vapour 

pressures to the bubble-point measurements by minimising an objective function.  The 

objective function employed for this optimisation is usually a variant on the pressure 

deviation between the values of vapour pressure calculated by the activity model (𝑃𝑐𝑎𝑙𝑐), 

and those of the measurements in the dataset (𝑃𝑒𝑥𝑝).  Activity coefficients are then simply 

calculated from the activity model using the optimised parameters. 

The Barker method is popular, as it produces parameters for commonly-used activity 

coefficient models.  Subsequently, parameters of these activity models are easy to use in 

process simulation software and other investigations.  Different activity coefficient 

models used in regressions are often compared for optimal fit to the VLE measurements 

for a given system.  These activity coefficient models often have a theoretical basis, with 

2-3 temperature-dependent parameters.  However, such models with only 2 or 3 

parameters cannot describe the rapid changes in the gradient of the bubble-point curve 
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(𝑑𝑃/𝑑𝑥) that can occur at low concentrations.   A rapid change in the gradient of the 

bubble-point curve at dilute concentrations corresponds to rapid changes in activity 

coefficient.  This dependence can be demonstrating by inspecting the form of the activity 

coefficient at infinite dilution as a function of the gradient of the bubble-point curve at 

𝑥1 → 0 .  This can be derived from the co-existence equation, employing the virial 

equation of state (derived in Appendix C): 

𝛾1
∞(𝑇, 𝑃2

𝑠𝑎𝑡) = (
(𝑉2

𝑉 − 𝑉2
𝐿)

𝑅𝑇
. (
𝑑𝑃

𝑑𝑥1
)
𝑥1→0

+ 1) . 𝛼2,1. 𝜖

𝜖 =  exp(
𝑃1
𝑠𝑎𝑡

𝑅𝑇
((𝛼2,1 − 1)(𝐵11 − 𝑉1

𝐿) + 𝛼2,1𝛿12)) (3-12)

 

Hence the value of activity coefficient (𝛾𝑖 ) is highly sensitive to the gradient of the 

bubble-point curve (𝑑𝑃/𝑑𝑥1).  Therefore, inflexible activity models with only 2 – 3 

parameters do not accurately represent activity coefficient at low concentrations (Fischer 

and Gmehling, 1994). 

The sensitivity of activity coefficient to the gradient of the bubble-point curve is a 

problem when attempting to model the activity coefficient accurately at low 

concentrations.  Indeed, the activity coefficient of butanol in C4 hydrocarbons at infinite 

dilution was found to be particularly sensitive the bubble curve gradient as 𝑥𝐵𝑢 → 0 in 

Section 2.6.  In addition, Islam and Kabadi (2009) found that the limiting molar 

distribution coefficient at infinite dilution for butanol in hexane versus water was found 

to be 14.6  when using activity coefficients calculated by experimental VLE 

measurements regressed using the UNIQUAC activity model.  However, when activity 

coefficients were calculated using eq. (3-12) from VLE measurements obtained from the 

literature, a value of 1.4 was calculated for the limiting distribution coefficient at infinite 

dilution.  A similar value (1.2) was calculated from the author’s own measurements using 

eq. (3-12).  These two values are an order of magnitude lower than the value calculated 

by the activity model.  This discrepancy highlights the problems with employing activity 

coefficient models at dilute concentrations, such as found in aqueous fermentation broths.   

Excess enthalpy measurements can also be included in the Barker method by using 

temperature-dependant parameters in the activity coefficient model.  Activity coefficient 

models can be rearranged using equation (3-3) to calculate excess enthalpy. 

The Barker method is a popular and powerful method for regressing VLE measurements 

of the bubble-point curve by fitting the measurements to an activity coefficient model.  
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However, the use of inflexible activity coefficient models with only 2 – 3 parameters 

often results in significant errors at dilute concentrations. 

3.3.5 The ‘Mixon Method’ 

The ‘Mixon method’, originally developed by Mixon et al. (1965) does not assume an 

activity coefficient model.  Instead, the co-existence equation (Appendix C) is employed 

to integrate the bubble-point curve to find the dew-point curve (𝑃𝑦).  To conduct this 

integration, the measurements of bubble-point pressure taken at discrete compositions 

must first be smoothed into a continuous curve.  This is normally achieved by fitting a 

cubic spline to the measurements.  The Mixon method has the advantage of not assuming 

an activity coefficient model, which restricts the shapes of the bubble and dew-point 

curves.  As a result, the Mixon method can achieve a more accurate fit across the entire 

composition range.  This is beneficial for modelling dilute compositions where gradients 

of bubble-point curves can change rapidly. 

Therefore, regression of the datasets containing VLE measurements in the database 

described in section 3.2 was attempted using the Mixon method.  However, drawbacks 

similar to those experienced by Plank et al. (1981) were encountered.  It was found that 

the procedure selected to smooth the measurements at discrete compositions into a 

continuous curve had a significant impact on the resulting activity coefficient at low 

concentrations.  It was found that significant intervention and experience of using the 

method was required in order to achieve a smooth curve without overfitting.  The Mixon 

method was extremely sensitive to scatter and experimental error (including in 𝑃𝑖
𝑠𝑎𝑡 

values) at dilute compositions.  Without careful selection of splines, the Mixon method 

overfitted datasets, causing sharp changes in the bubble curve gradient. In addition, using 

the Mixon method to combine multiple VLE datasets at different temperatures with 

excess enthalpy measurements was cumbersome and inconsistent.  In practice, it required 

significant manual intervention in the selection of datasets used for a datum temperature 

and temperature-dependence portions of the analysis. 

The method used in Section 2.6 to estimate distribution coefficients for butanol at infinite 

dilution is analogous to the Mixon method.  Instead of a cubic spline fit across the entire 

composition range, a straight-line was fitted to measurements of the bubble-point pressure 

close to 𝑥𝐵𝑢 = 0 in order to determine the gradient of the bubble curve as 𝑥𝐵𝑢 → 0.  The 

co-existence equation with the virial equation of state was then used to calculate activity 

coefficient of butanol at infinite dilution from the gradient. 
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3.3.6 Direct Measurement of Vapour-Liquid Equilibrium (𝑃𝑥𝑦 

Measurements) 

In the Barker and Mixon methods, the composition of the vapour phase is calculated from 

measurements of bubble-point pressures via either an activity coefficient model (the 

Barker method); or the co-existence equation (the Mixon method).  Alternatively, the 

vapour phase composition can be measured at equilibrium.  A recirculating still is used 

to measure equilibrium concentrations in both the liquid and vapor phases (yielding ‘𝑃𝑥𝑦’ 

measurements).  Several datasets from the compiled database containing VLE 

measurements have been measured using this method.  Activity coefficients are 

calculated at each datapoint by employing eq. ( 3-1 ).  The experimental activity 

coefficients can either be fitted to an activity coefficient model (as employed in the Barker 

method) or smoothed using a spline fit (as employed in the Mixon method).   

Whilst theoretically this method should be very effective, in practice it is difficult to 

obtain accurate measurements of the liquid and vapour phase simultaneously at 

equilibrium.  As demonstrated by Kuschel et al. (1977), the inclusion of vapour 

compositions in regressions of VLE measurements is not advisable, especially in systems 

with high relative volatility (such as those containing C4 – C6 hydrocarbons) due to the 

experimental error in vapour phase measurements at equilibrium.  The authors therefore 

recommended that only bubble-point measurements from 𝑃𝑥𝑦  datasets are used in 

reductions of VLE measurements.  This approach retains the benefit that the measured 

bubble-point curve comprises true liquid compositions, rather than overall cell 

compositions (i.e. true 𝑃𝑥 measurements rather than 𝑃𝑧). 

 Methodology for the Regression of VLE and Excess 

Enthalpy 

The datasets for each binary mixture in the database were regressed in this work using a 

consistent methodology.  The Barker method was selected for the regression of the 

datasets, in order to avoid the inconsistencies produced by the smoothing of the data as 

found when attempting the regression using the Mixon method both in this work and 

others (Plank et al., 1981).  The Barker method is more consistent in its reproduction of 

𝛾𝑖
∞ values (Plank et al., 1981).  However, modern activity models with 2 - 3 parameters 

are not flexible enough to represent the activity coefficient at low concentrations 

accurately.  To avoid this problem, the flexible Legendre activity coefficient model was 

employed.  This model is based on the Legendre polynomial, which can use any number 
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of coefficients.  Although it has no physical basis, unlike modern activity models, its 

unlimited number of coefficients allow it to represent rapid changes in the slope 𝑑𝑃/𝑑𝑥, 

and hence accurately represent activity coefficient at low concentrations.  This is a 

popular solution to this problem, with researchers at Helsinki University of Technology 

using this method throughout their work (Uusi-Kyyny et al., 2002).  Indeed, many authors 

have used the Legendre polynomial to calculate activity coefficients at infinite dilution 

(Fischer and Gmehling, 1994; Islam and Kabadi, 2011; Islam et al., 2011).  However, one 

problem introduced by the unlimited number of coefficients available in the Legendre 

activity model is that of over-fitting the measurements with excessive coefficients.  

Optimising a large number of unknown Legendre coefficients proved computationally 

challenging in the present work.  To resolve this, each regression was initially performed 

with only 4 Legendre coefficients.  These coefficients were then used as initial estimates 

to regress the system with 5 coefficients.  This process was iterated for an increasing 

number of coefficients.  The value of the objective function following each regression 

was used to prevent over-fitting.  Once the objective function no longer decreased by at 

least 10% upon addition of another Legendre coefficient, the regression was stopped.  

This was a somewhat crude approach to finding the number of Legendre coefficients 

necessary without resulting in over-fitting.  A more rigorous method using the 

experimental error was described by Pokki (2004). However, this more rigorous method 

was impossible to perform on the range of datasets used in this work, since the 

experimental error was not consistent, or even recorded, in every dataset. 

3.4.1 Development of the Legendre Activity Coefficient Model 

The Legendre activity model for a binary mixture is given by Uusi-Kyyny et al. (2002): 

𝑔𝐸 =
𝐺𝐸

𝑅𝑇
= 𝑥1(1 − 𝑥1) ∑ 𝐴𝑘𝐿𝑘

𝑘𝑚𝑎𝑥

𝑘=0

(3-13) 

where: 

𝐿0 = 1                                                                             

𝐿1 = (2𝑥1 − 1)                                                             

𝐿𝑘 =
1

𝑘
[(2𝑘 − 1)(2𝑥1 − 1)𝐿𝑘−1 − (𝑘 − 1)𝐿𝑘−2] (𝑘 > 1) (3-14)

 

Taking the derivative of the Legendre polynomial with respect to mole fraction 𝑥1 yields: 
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𝑔𝐸
′
= (

𝜕𝑔

𝜕𝑥1
)
𝑃,𝑇

= (1 − 2𝑥1) ∑ 𝐴𝑘𝐿𝑘

𝑘𝑚𝑎𝑥

𝑘=0

+ 𝑥1(1 − 𝑥1) ∑ 𝐴𝑘 (
𝑑𝐿𝑘
𝑑𝑥1

)

𝑘𝑚𝑎𝑥

𝑘=0

 (3-15) 

Where: 

𝑑𝐿0
𝑑𝑥1

= 0                                                                                                           

𝑑𝐿1
𝑑𝑥1

= 2                                                                                                           

𝑑𝐿𝑘
𝑑𝑥1

=
1

𝑘
[(2𝑘 − 1) (2𝐿𝑘−1 +

𝑑𝐿𝑘−1
𝑑𝑥1

(2𝑥1 − 1)) − (𝑘 − 1)
𝑑𝐿𝑘−2
𝑑𝑥1

] (𝑘 > 1) (3-16)

 

Employing the definition of activity coefficient: 

𝑅𝑇 ln 𝛾𝑖 = 𝐺𝑖
𝐸 (3-17) 

Thus, the activity coefficients can be calculated as: 

𝛾1 = exp(𝑔
𝐸 + (1 − 𝑥1)𝑔

𝐸′) (3-18) 

𝛾2 = exp(𝑔
𝐸 − 𝑥1𝑔

𝐸′)           (3-19) 

Since excess Gibbs energy (𝐺𝐸) is a function of temperature, the Legendre coefficients 

(𝐴𝑘) in the model are also functions of temperature. Uusi-Kyyny et al. (2002) used the 

following temperature dependence (where 𝑇 is in K): 

𝐴𝑘 = 𝑎𝑘,0 + 𝑇𝑎𝑘,1 + 𝑇
2𝑎𝑘,2 (3-20) 

However, this simple polynomial relationship does not model the effect of temperature 

on excess enthalpy and excess heat capacity effectively, and so a more rigorous model 

for temperature dependence was developed.  Noting the relationship between excess 

Gibbs free energy and enthalpy, and the definition of excess heat capacity: 

(
𝜕𝑔𝐸

𝜕𝑇
)
𝑃,𝑥

= −
𝐻𝐸

𝑅𝑇2
(3-21) 

𝐶𝑝
𝐸 = (

𝜕𝐻𝐸

𝜕𝑇
)
𝑃,𝑥

(3-22) 

Therefore, excess enthalpy and heat capacity in the Legendre activity model are given by: 

𝐻𝐸

𝑅𝑇
= 𝑥1(1 − 𝑥1) ∑ 𝐵𝑘𝐿𝑘

𝑘𝑚𝑎𝑥

𝑘=0

(3-23) 
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𝐶𝑝
𝐸

𝑅
= 𝑥1(1 − 𝑥1) ∑ 𝐶𝑘𝐿𝑘

𝑘𝑚𝑎𝑥

𝑘=0

(3-24) 

where 𝐵𝑘 and 𝐶𝑘 are dimensionless and are given by: 

𝐵𝑘 = −𝑇 (
𝜕𝐴𝑘
𝜕𝑇
)
𝑃,𝑥

(3-25) 

𝐶𝑘 = (
𝜕[𝑇𝐵𝑘]

𝜕𝑇
)
𝑃,𝑥
= −2𝑇 (

𝜕𝐴𝑘
𝜕𝑇
)
𝑃,𝑥
− 𝑇2 (

𝜕2𝐴𝑘
𝜕𝑇2

)
𝑃,𝑥

(3-26) 

Using the polynomial relationship for 𝐴𝑘 of Uusi-Kyyny et al. (2002) yields: 

𝐵𝑘 = −𝑇(𝑎𝑘,1 + 2𝑇𝑎𝑘,2) = −𝑇𝑎𝑘,1 − 2𝑇
2𝑎𝑘,2 (3-27) 

𝐶𝑘 = −2𝑇(𝑎𝑘,1 + 2𝑇𝑎𝑘,2) − 𝑇
2(2𝑎𝑘,2) = −2𝑇𝑎𝑘,1 − 6𝑇

2𝑎𝑘,2 (3-28) 

This is a problem, because 𝐶𝑘  (and hence 𝐶𝑝
𝐸 ) is an arbitrary quadratic function of 

temperature.  Alternatively, excess heat capacity could be assumed to be constant with 

respect to temperature over the temperature range in question, i.e. assume that 𝐶𝑘  is 

constant with temperature: 

𝐶𝑘(𝑇) = 𝐶𝑘(𝑇𝑟𝑒𝑓) = 𝑐𝑘 (3-29) 

Employing this assumption, integration of equation (3-26) between 𝑇𝑟𝑒𝑓 and 𝑇 gives 𝐵𝑘 

as: 

𝑇𝐵𝑘(𝑇) − 𝑇𝑟𝑒𝑓𝐵𝑘(𝑇𝑟𝑒𝑓) = 𝐶𝑘(𝑇 − 𝑇𝑟𝑒𝑓) (3-30) 

∴ 𝐵𝑘(𝑇) = (
𝑇𝑟𝑒𝑓

𝑇
)𝑏𝑘 + (

(𝑇 − 𝑇𝑟𝑒𝑓)

𝑇
) 𝑐𝑘 (3-31) 

where 𝑏𝑘 = 𝐵𝑘(𝑇𝑟𝑒𝑓). 

Similarly, integration of equation (3-25) between 𝑇𝑟𝑒𝑓 and 𝑇 gives 𝐴𝑘 as: 

𝐴𝑘(𝑇) − 𝐴𝑘(𝑇𝑟𝑒𝑓) = ∫ −
𝐵𝑘(𝑇)

𝑇
𝑑𝑇

𝑇

𝑇𝑟𝑒𝑓

= ∫ −(
𝑇𝑟𝑒𝑓

𝑇2
) 𝑏𝑘 − (

1

𝑇
−
𝑇𝑟𝑒𝑓

𝑇2
) 𝑐𝑘𝑑𝑇

𝑇

𝑇𝑟𝑒𝑓

(3-32) 

∴  𝐴𝑘(𝑇) = 𝑎𝑘 + (
1

𝑇
−

1

𝑇𝑟𝑒𝑓
)𝑇𝑟𝑒𝑓𝑏𝑘 − [ln (

𝑇

𝑇𝑟𝑒𝑓
) + (

1

𝑇
−

1

𝑇𝑟𝑒𝑓
)𝑇𝑟𝑒𝑓] 𝑐𝑘 (3-33) 

Where 𝑎𝑘 = 𝐴𝑘(𝑇𝑟𝑒𝑓). 

The choice of 𝑇𝑟𝑒𝑓 is arbitrary, and so has been set to 298.15 K. 
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3.4.2 Vapour Phase Equation of State 

The virial equation of state was assumed for the vapour phase during the regression 

procedure on the basis that the pressures considered are relatively low.  This simple 

equation of state is commonly used in the literature, and there are many models available 

to calculate the second virial coefficient.  Here, it was calculated using the method of 

Tsonopoulos (1974).  Appendix D details and justifies this choice of method for the 

calculation of second virial coefficients. 

The choice of equation of state can have a significant impact on the regression.  The 

impact of using the Soave-Redlich-Kwong equation of state instead of the virial equation, 

was investigated.  The effect of approximating the vapour phase as ideal was also 

investigated.   These equations of states and the calculation of molar volume of the vapour 

phase and fugacity coefficients are given in Appendix D. 

3.4.3 Physical Properties of Pure Fermentation Products and 

Hydrocarbon Solvents 

Pure component physical properties (liquid density, enthalpy of vaporisation, pure vapor 

pressures) were obtained from the DIPPR database as functions of temperature (Rowley 

et al., 2008). Where these were unavailable for a component, the NIST Webbook (NIST, 

2016) or Poling et al. (2001) were used.  The parameters and equations from these sources 

used for the calculation of pure component properties are given in the Supplementary 

Material included with this dissertation. 

It is imperative that, where possible, experimental values of 𝑃𝑖
𝑠𝑎𝑡  are used during the 

regression of each dataset, rather than those from a correlation, e.g. the Antoine equation.  

Kuschel et al. (1977) demonstrated that the use of 𝑃𝑖
𝑠𝑎𝑡 values obtained from correlations 

increased the error between calculated and measured pressures significantly compared to 

using experimental values obtained during the measurement of the bubble-point curve. 

3.4.4 Objective Function 

Different authors have used various objective functions (𝑂𝐹) for regression of VLE and 

excess enthalpy measurements (Holderbaum et al., 1991; Uusi-Kyyny et al., 2002). 

Common choices are variations on relative error ((𝑃𝑒𝑥𝑝,𝑘 − 𝑃𝑐𝑎𝑙𝑐,𝑘)/𝑃𝑒𝑥𝑝,𝑘) and least-

squares (Islam and Rahman, 2012).  More complex formulations for the objective 

function are available if an estimate of the experimental errors in the measurements are 

known (Islam and Rahman, 2012).  This accounts for the error in the experimental 
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measurements when fitting the activity model and can therefore reduce over-fitting.  

However, estimates of experimental error were not available for many of the datasets in 

the database. 

When relative error was used as an objective function to regress the measurements the 

database, large deviations from measurements of excess enthalpy were often identified.  

Therefore, a normalised least-squares method was employed.  This type of objective 

function penalises large deviations from experimental measurements more heavily.  The 

objective function used in the regression of the datasets was given by: 

𝑂𝐹 = ∑ (
𝑃𝑒𝑥𝑝,𝑘 − 𝑃𝑐𝑎𝑙𝑐,𝑘 

𝑃𝑒𝑥𝑝,𝑘
)

2𝑁𝑉𝐿𝐸

𝑘=1

+∑ (
𝐻𝑒𝑥𝑝,𝑙
𝐸 −𝐻𝑐𝑎𝑙𝑐,𝑙

𝐸  

𝐻𝑒𝑥𝑝,𝑙
𝐸 )

2𝑁𝐻𝐸

𝑙=1

 (𝑥1 ≠ 0, 1) (3-34) 

Datasets and individual datapoints are not weighted in this objective function, and so 

every datapoint in each dataset is weighted equally.  Weighting different datasets has been 

used by some authors (Islam and Kabadi, 2011; Islam et al., 2011), however it is often 

highly subjective and would have been impractical due to the number of datasets.  

Weighting the objective function in order to prioritise datapoints measured at dilute 

concentrations was trialled, but this was found to be unnecessary when employing the 

flexible Legendre polynomial. 

3.4.5 Regression Procedure 

The regression was programmed and performed in MathWorks® MATLAB.  The 

optimisation function fminsearch was employed to optimise a set of temperature-

dependent Legendre coefficients for each binary.  Figure 3-1 summarises the entire 

procedure employed for the regression of the datasets, based on the Barker method.  First, 

the VLE datasets in the database were conditioned, by removing any temperature 

variations recorded in the datasets using the Clausius-Clapyeron equation.  Pure vapour 

pressures from DIPPR correlations were also added to complete any VLE datasets which 

did not include measurements of vapour pressure for pure components.  Combined with 

any datasets of excess enthalpy measurements in the database, the conditioned VLE 

datasets formed a database of isothermal datasets of VLE and excess enthalpy 

measurements for each binary. 

The Legendre activity model, initially with 4 coefficients (𝑘𝑚𝑎𝑥 = 3), was then employed 

to regress the database of VLE and excess enthalpy measurements for each binary.  

During each iteration of the optimisation process, vapour compositions and pressures 
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were calculated for each VLE dataset, and the liquid compositions at equilibrium were 

corrected for 𝑃𝑧𝑉  datasets.  This necessitated an iteration loop within the iterative 

optimisation process.  Once optimal Legendre activity coefficients were found using the 

objective function (𝑂𝐹), another set of Legendre activity coefficients were added and the 

entire regression process repeated.  This was repeated until the objective function did not 

 

Figure 3-1: Regression procedure for the calculation of Legendre model coefficients 

from datasets containing VLE and excess enthalpy measurements of binary 

mixtures of volatile hydrocarbons and fermentation products 
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decrease by more than 10% when an additional set of Legendre activity coefficients was 

employed for the regression. 

 Activity Model Regression Results 

The datasets in the database were regressed using the Barker method.  This determined a 

set of temperature-dependent Legendre activity coefficients for each binary mixture of 

n-butanol, acetone and ethanol with six hydrocarbon solvents: n-hexane, 1-hexene, 

n-pentane, n-butane, iso-butane and 1-butene.  In addition, a set of Legendre activity 

coefficients were determined for the binary of iso-butanol and n-hexane.  The regressions 

were conducted by modelling the vapour phase with the virial equation of state.  The 

temperature dependent Legendre coefficients resulting from these regressions are given 

in the Supplementary Material.  These regressions were repeated using the SRK equation 

of state, and assuming the vapour phase was ideal.  For the sake of clarity, the Legendre 

activity models produced by each of these regressions have been termed here the ‘Leg-

virial’, the ‘Leg-SRK’, and the ‘Leg-IGL’ (Ideal Gas Law) models respectively. 

3.5.1 Model Predictions of Activity Coefficients 

Figure 3-2 shows the activity coefficients predicted by the Leg-virial Models of n-butanol 

in each of the six hydrocarbon solvents investigated.  Activity coefficients are plotted for 

a range of temperatures between 25°C and 100°C, including at 37°C (a typical 

fermentation temperature).  Figures 3-3 and 3-4 show the equivalent predictions for 

acetone and ethanol respectively.  In each of these three figures, activity coefficients are 

shown for low concentrations (< 20 mol%) of the fermentation product.  Activity 

coefficient decreases with composition.  As can be seen in Figure 3-2 to Figure 3-4, the 

activity coefficients of the fermentation products in each of the binaries decreases rapidly 

between infinite dilution and 10 mol%, especially at lower temperatures, and for binaries 

with alcohols. 

Activity coefficients were predicted to decrease with increasing temperature.  This trend 

can be seen across all fermentation products and all solvents in Figure 3-2, Figure 3-3 and 

Figure 3-4.    The effect of temperature on the predicted activity coefficients is largest at 

infinite dilution and decreases with composition.  At infinite dilution, the activity 

coefficient of the fermentation product increases by a factor of 2 – 4 between 25°C and 

100°C.  As shown in Figures 3-2 and 3-4, at an alcohol composition of 20 mol%, the 

effect of temperature on the predicted activity coefficients of the alcohols is negligible 

for the binaries of with the six hydrocarbons.  
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Figure 3-2: Activity coefficients of n-butanol at low concentration in six 

hydrocarbons at 298 – 373  K, predicted by the Leg-virial models 
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Figure 3-3: Activity coefficients of acetone at low concentration in six hydrocarbons 

at 298 – 373  K, predicted by the Leg-virial models 
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Figure 3-4: Activity coefficients of ethanol at low concentration in six hydrocarbons 

at 298 – 373  K, predicted by the Leg-virial Models 
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For acetone at 20 mol% (Figure 3-3), the predicted activity coefficients of acetone 

increase with temperature, although the effect is smaller than at infinite dilution. 

Figure 3-5 shows the activity coefficients predicted by the Leg-SRK Models for ethanol 

in the six hydrocarbon solvents.  This can be compared with Figure 3-4 in order to observe 

the impact of the equation of state that was employed in the regression of the binary 

datasets on the prediction of ethanol activity coefficients.   As shown in Figure 3-5, the 

impact was minimal for some solvents.  However, for pentane and iso-butane, the Leg-

SRK Models predict a minimum in the activity coefficient of ethanol at infinite dilution 

at a temperature below 100°C.  This is in contrast to the predictions of the Leg-virial 

Models, for which activity coefficients decreased with temperature up to at least 100°C.  

The Leg-SRK Models of 1-hexene and ethanol yields plausible activity coefficients for 

this binary.  Conversely, the regression of the single VLE dataset available for this binary 

using the virial equation of state was unsuccessful.  Thus, the Leg-virial Models predicted 

unphysical activity coefficients at dilute concentrations for this binary (Figure 3-4).  The 

minimum ethanol concentration in this sole VLE dataset was 14 mol%, meaning that 

measurements at low concentrations were not available. 

For iso-butanol, binary VLE datasets were only available with hexane.  Figure 3-6 shows 

activity coefficients for iso-butanol with hexane predicted using the Leg-virial Models; 

the Leg-SRK Models; and Leg-IGL Models.  The figure compares these with the 

equivalent predictions for n-butanol.  As shown in Figure 3-6, the predicted behaviour of 

the activity coefficient of iso-butanol in hexane is very similar to that of n-butanol.  

However, the activity coefficients of iso-butanol are slightly lower than those of 

n-butanol, particularly at lower temperatures.  For these binaries, the impact of employing 

different equations of state in the regressions was minimal.  However, Leg-IGL Models 

consistently predicted slightly lower activity coefficients than those predicted by the Leg-

virial Models or the Leg-SRK Models. 
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Figure 3-5: Activity coefficients of ethanol at low concentration in six hydrocarbons 

at 298 – 373  K, predicted by the Leg-SRK Models 
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Figure 3-6: Activity coefficients of n- and iso- butanol at low concentration in 

n-hexane at 298 – 373  K, predicted by the Leg-Viral Models, the Leg-SRK Models 

and the Leg-IGL Models 
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3.5.2 Deviation of Model Predictions from Literature Datasets 

The fit of the three models to the experimental measurements, from which the models 

were regressed, has been summarised by Figures 3-7, 3-8 and 3-9.  Figure 3-7 details the 

average relative deviation of the model predictions from each binary dataset containing 

measurements of bubble-point pressures or excess enthalpy.  The figure compares the 

deviations of each of the three models in box and whisker plots, separating datasets by 

hydrocarbon solvent. 

The average relative deviation of the model predictions from each dataset was defined as: 

100%

𝑁𝑉𝐿𝐸
∑ |

𝑃𝑐𝑎𝑙𝑐,𝑘 − 𝑃𝑒𝑥𝑝,𝑘

𝑃𝑒𝑥𝑝,𝑘
|

𝑁𝑉𝐿𝐸

𝑘=1

 or 
100%

𝑁𝐻𝐸
∑|

𝐻𝑐𝑎𝑙𝑐,𝑘
𝐸 − 𝐻𝑒𝑥𝑝,𝑘

𝐸

𝐻𝑒𝑥𝑝,𝑘
𝐸 |

𝑁𝐻𝐸

𝑘=1

 (𝑥𝑘 ≠ 0) (3-35) 

Where 𝑃𝑐𝑎𝑙𝑐 and 𝐻𝑐𝑎𝑙𝑐
𝐸  are the bubble-point pressure or excess enthalpy predicted by the 

models respectively, and 𝑃𝑒𝑥𝑝 and 𝐻𝑒𝑥𝑝
𝐸  are the bubble-point pressure or excess enthalpy 

measurements contained in the dataset respectively.  The number of datapoints (𝑘) in the 

VLE or excess enthalpy dataset are denoted 𝑁𝑉𝐿𝐸 or 𝑁𝐻𝐸 respectively.  It should be noted 

that this deviation function is not the same as the objective function used in the regression 

procedure (which was based on a least-squares approach). 

As shown in Figure 3-7, the deviations of model predictions were generally lowest for 

the Leg-virial Models, although predictions by the Leg-SRK Models yielded similar 

deviations from the datasets.  The deviations of predictions by all three models for 

binaries containing 1-butene was very low. 

Figure 3-8 shows the relative average deviations of the predictions made by the Leg-virial 

Models from each dataset, separated by binary mixture.  The deviations were smallest for 

binaries containing acetone, followed, for most solvents, by those containing butanol.  

This trend corresponded to the number of datasets available for each binary, with larger 

numbers of datasets for a binary corresponding to larger deviations. 

The deviation of model predictions from the datasets are analysed further in Figure 3-9.  

Rather than considering the average deviation of predictions for each dataset, Figure 3-9 

instead details the relative deviation of predictions using the Leg-virial Models from each 

individual datapoint within each dataset, i.e.: 

𝑃𝑐𝑎𝑙𝑐 − 𝑃𝑒𝑥𝑝

𝑃𝑒𝑥𝑝
 or 

𝐻𝑐𝑎𝑙𝑐
𝐸 − 𝐻𝑒𝑥𝑝

𝐸

𝐻𝑒𝑥𝑝𝐸
 (𝑥 ≠ 0) (3-36) 
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Figure 3-7a-b: Box and whisker plots of average relative deviation from: (a) bubble-

point pressure (VLE datasets); and (b) excess enthalpy datasets of predictions made 

using the Leg-virial Models; the Leg-SRK Models; and the Leg-IGL Models.  

Whisker limit: 1.5x interquartile range. 
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Figure 3-8a-b: Box and whisker plots of average relative deviation from (a) bubble-

point pressure (VLE datasets); and (b) excess enthalpy datasets of predictions made 

using the Leg-virial Models, broken down by fermentation product. Whisker limit: 

1.5x interquartile range. 
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Figure 3-9a-b: Box and whisker plots of relative deviation of predictions calculated 

by the Leg-virial Models from (a) individual measurements of bubble-point 

pressure; and (b) indivudal measurements of excess enthalpy, broken down by 

fermentation product. Whisker limit: full range of datapoints. 
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As shown in Figure 3-9a, deviations of the Leg-virial Model predictions from 

measurements of VLE and excess enthalpy were relatively symmetrical (i.e. equal 

magnitudes of positive and negative deviations), with deviation in predicted datapoints 

of ranging from -20 – +15 %.  This suggests that deviation is largely due to scatter of 

experimental data.  The majority of model predictions of VLE datapoints fall within the 

range of experimental error, with the quartiles of the relative deviation being smaller than 

±2 – 3 % for every mixture. 

The relative deviation of predictions for all 125 VLE bubble-point pressures of binaries 

containing 1-butene were very low (<< 1%).  The largest deviations were for predictions 

of VLE for mixtures of ethanol and n-butane, where deviations of up to 20% were 

predicted for individual measurements.  However, this binary also contained the largest 

number of VLE measurements (260). 

Relative deviations of predicted excess enthalpies were larger than those of bubble-point 

pressures.  The deviations of predictions of excess enthalpy from experimental 

measurements (Figure 3-9a) were also relatively uniform around zero, with the quartiles 

being less than ±10% for every mixture.  However, there were a several outliers for which 

model predictions of excess enthalpy were significantly lower than experimental 

datapoints (up to ~60% lower).  The existence of these outliers with large deviations was 

not surprising since excess enthalpies with absolute values close to zero show large 

relative deviations for a small absolute error. 

 

3.5.3 Model Predictions of Vapour-Liquid Equilibria and Excess 

Enthalpy 

Figure 3-10 compares the VLE and excess enthalpy predictions made by the Leg-virial 

Models to the experimental measurements contained in the datasets for n-butanol and 

n-hexane.  As can be seen in Figure 3-10, the Leg-virial Model accurately represented the 

bubble and dew-point curves and excess enthalpy measurements for a large number of 

datasets across a wide range of temperatures.  At higher temperatures, butanol was 

predicted to form a minimum boiling point azeotrope with hexane at a dilute butanol 

composition. 
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Figure 3-10a-b: Leg-virial Model predictions and measurements from dataset [ref#] 

for (a) vapor-liquid equilibrium; (b) excess enthlapy of n-hexane and n-butanol 

Model Lines: Solid line (–) = 𝑃 − 𝑥 or 𝐻𝐸; Dashed Line (--) = 𝑃 − 𝑦 

Dataset measurements: + = 𝑃 − 𝑥 or 𝐻𝐸; × = 𝑃 − 𝑦; ○ = 𝑃 − 𝑧 

[1] = Berro et al. (1982); [2] = Brown et al. (1964); [3] = Gracia et al. (1992) 

[4] = Rodriguez et al. (1993) 
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Figure 3-11a-b: Leg-virial Model predictions and measurements from dataset [ref#] 

for (a) vapor-liquid equilibrium; (b) excess enthlapy of n-hexane and iso-butanol 

Model Lines: Solid line (–) = 𝑃 − 𝑥 or 𝐻𝐸; Dashed Line (--) = 𝑃 − 𝑦 

Dataset measurements: + = 𝑃 − 𝑥 or 𝐻𝐸; × = 𝑃 − 𝑦; ○ = 𝑃 − 𝑧 

[1] = Berro et al. (1982); [2] = Brown et al. (1964); [3] = Guerrero et al. (2010) 

[4] = Rodriguez et al. (1993) 
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Figure 3-12a-b: Leg-virial Model predictions and measurements from dataset [ref#] 

for (a) vapor-liquid equilibrium; (b) excess enthlapy of n-hexane and iso-butanol 

with an additional Legendre coefficient employed during regression (over-fitted) 

Model Lines: Solid line (–) = 𝑃 − 𝑥 or 𝐻𝐸; Dashed Line (--) = 𝑃 − 𝑦 

Dataset measurements: + = 𝑃 − 𝑥 or 𝐻𝐸; × = 𝑃 − 𝑦; ○ = 𝑃 − 𝑧 

[1] = Berro et al. (1982); [2] = Brown et al. (1964); [3] = Guerrero et al. (2010) 

[4] = Rodriguez et al. (1993) 
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Figure 3-11 shows the equivalent predictions for iso-butanol with n-hexane.  A similar 

azeotrope to that of n-butanol with n-hexane was predicted.  The model accurately 

represents the measurements of the VLE datasets, but the predictions of the excess 

enthalpy measurements were less accurate than those for n-butanol. 

This inaccuracy was exacerbated in Figure 3-12.  Like Figure 3-11, this figure details 

model predictions of VLE and excess enthalpy compared with the experimental 

measurements contained in the datasets for iso-butanol and n-hexane.  However, in Figure 

3-12 a Leg-virial Model was regressed using one additional set of Legendre coefficients 

(i.e. one further than the algorithm would have stopped at).  Hence, this figure 

demonstrates the problems that can arise from overfitting measurements in regressions 

using the Legendre activity model.  The deviations of the model predictions detailed in 

Figure 3-12 from the measurements of excess enthalpy are slightly smaller than those in 

Figure 3-11.  However, the stationary points predicted by the overfitted model between 

measurements are unlikely to be accurate, leading to spurious predictions. 

Figures 3-13, 3-14 and 3-15 compare predictions of VLE and excess enthalpy calculated 

by Leg-virial Models with datasets containing measurements for n-butanol with 

1-hexene, n-pentane, and n-butane respectively.  The measurements of VLE for each 

solvent were accurately predicted by the Leg-virial Models.  As shown in Figures 3-13, 

3-14 and 3-15, predictions of the excess enthalpy were slightly less accurate.  However, 

the model correctly predicted the shape and magnitude of the excess enthalpy curve.  The 

excess enthalpy of mixing was found to be positive for all hydrocarbon-fermentation 

product binaries. 

Figure 3-16 shows the comparison between the VLE predicted by the Leg-virial Models 

and the measurements contained in datasets for n-butanol with iso-butane and 1-butene.   

No excess enthalpy measurements were available for these binaries.  All VLE datasets 

for these binaries were of the 𝑃𝑇𝑧𝑉 type.  This resulted in highly accurate fits of the 

model to the experimental measurements.  The experimental measurements plotted are at 

overall cell compositions (𝑧), and so if accurately predicted, should lie between the model 

dew and bubble-point curves, close to the bubble-point curve. 
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Figure 3-13a-b: Leg-virial Model predictions and measurements from dataset [ref#] 

for (a) vapor-liquid equilibrium; (b) excess enthlapy of 1-hexene and n-butanol 

Model Lines: Solid line (–) = 𝑃 − 𝑥 or 𝐻𝐸; Dashed Line (--) = 𝑃 − 𝑦 

Dataset measurements: + = 𝑃 − 𝑥 or 𝐻𝐸; × = 𝑃 − 𝑦; ○ = 𝑃 − 𝑧 

 [1] = Aguilar et al. (2012); [2] = Ghellai et al. (2013) 
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Figure 3-14a-b: Leg-virial Model prediction (lines) and measurements from [ref #] 

for (a) vapor-liquid equilibrium; (b) excess enthlapy of n-pentane and n-butanol 

Model Lines: Solid line (–) = 𝑃 − 𝑥 or 𝐻𝐸; Dashed Line (--) = 𝑃 − 𝑦 

Dataset measurements: + = 𝑃 − 𝑥 or 𝐻𝐸; × = 𝑃 − 𝑦; ○ = 𝑃 − 𝑧 

 [1] = Collins et al. (1980); [2] = McDougal et al. (2014); [3] = Ronc and Ratcliff (1976) 
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Figure 3-15a-b: Leg-virial Model prediction (lines) and measurements from [ref#] 

for (a) vapor-liquid equilibrium; (b) excess enthlapy of n-butane and n-butanol 

Model Lines: Solid line (–) = 𝑃 − 𝑥 or 𝐻𝐸; Dashed Line (--) = 𝑃 − 𝑦 

Dataset measurements: + = 𝑃 − 𝑥 or 𝐻𝐸; × = 𝑃 − 𝑦; ○ = 𝑃 − 𝑧 

 [1] = Deak et al. (1995); [2] = Dell’Era et al. (2007); [3] = Kuitunen et al. (2008) 

[4] = McFall et al. (1981); [5] = Sipowska et al. (1994) 
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Figure 3-16a-b: Leg-virial Model prediction (lines) and measurements from [ref#] 

for vapor-liquid equilibrium of (a) 1-butene and (b) iso-butane with n-butanol 

Model Lines: Solid line (–) = 𝑃 − 𝑥 or 𝐻𝐸; Dashed Line (--) = 𝑃 − 𝑦 

Dataset measurements: + = 𝑃 − 𝑥 or 𝐻𝐸; × = 𝑃 − 𝑦; ○ = 𝑃 − 𝑧 

 [1] = Kuitunen et al. (2008) 
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Figures 3-17 and 3-18 contrast regressions performed using different equations of state.  

Figure 3-17 compares the predictions of VLE and excess enthalpy calculated using the 

Leg-virial Models with measurements from datasets containing ethanol with n-pentane.  

Figure 3-18 details the same comparison for predictions made using the Leg-SRK 

Models.  Both models accurately represent the VLE and excess enthalpy measurements.  

Both models also predict the formation of a minimum boiling-point azeotrope at low 

ethanol concentrations at higher temperatures.  However, as shown in Figure 3-17, the 

Leg-virial Model represents the measurements of both VLE and excess enthalpy at low 

ethanol concentrations more accurately than the Leg-SRK Model (Figure 3-18). 

 Discussion 

The choice of the equation of state used to model the vapour phase was found to have a 

significant impact on the results of the regressions.  As Figure 3-7 demonstrates, the 

deviation of model predictions from measurements contained in the binary datasets varies 

depending on the choice of equation of state.  VLE measurements predicted using the 

Leg-IGL models (which approximated the vapour phase as ideal) resulted in significantly 

more deviation from VLE measurements than using either the Leg-virial or Leg-SRK 

models.  This suggested that the binary mixtures of one hydrocarbon with one of the 

various fermentation products exhibit some non-ideal behaviour, even at low pressures.  

The Leg-virial and Leg-SRK models predicted similar deviations for the VLE 

measurements, although the Leg-virial Models produced slightly lower deviations.  This 

was possibly because the Leg-virial Models employed an estimate of the binary 

interaction parameter, whereas for the Leg-SRK Models, the binary interaction parameter 

was neglected, as explained in Appendix D.  Unsurprisingly, the deviation of predictions 

from measurements of excess enthalpy was not as significantly affected by the vapour 

equation of state employed in the regression.  The influence of the equation of state 

employed on excess enthalpy is indirect, caused by a compromise between the 

temperature dependence of activity coefficients predicted by measurements of excess 

enthalpy, and by measurement of VLE at different temperatures. 
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Figure 3-17a-c: Leg-virial Model prediction (lines) and measurements from [ref#] 

for (a, b) vapor-liquid equilibrium; (c) excess enthlapy of pentane with ethanol 

Model Lines: Solid line (–) = 𝑃 − 𝑥 or 𝐻𝐸; Dashed Line (--) = 𝑃 − 𝑦 

Dataset measurements: + = 𝑃 − 𝑥 or 𝐻𝐸; × = 𝑃 − 𝑦; ○ = 𝑃 − 𝑧 

[1] = Campbell et al. (1987); [2] = Collins et al. (1980); [3] = Ishii (1935) 

[4] = Reimers et al. (1992) 
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Figure 3-18a-c: Leg-SRK Model prediction (lines) and measurements from [ref#] 

for (a, b) vapor-liquid equilibrium; (c) excess enthlapy of pentane with ethanol 

Model Lines: Solid line (–) = 𝑃 − 𝑥 or 𝐻𝐸; Dashed Line (--) = 𝑃 − 𝑦 

Dataset measurements: + = 𝑃 − 𝑥 or 𝐻𝐸; × = 𝑃 − 𝑦; ○ = 𝑃 − 𝑧 

[1] = Campbell et al. (1987); [2] = Collins et al. (1980); [3] = Ishii (1935) 

[4] = Reimers et al. (1992) 
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Figures 3-17 and 3-18 further illustrate the effect of choice of equation of state on the 

regression on the prediction of VLE and excess enthalpy.  Predictions made by the Leg-

virial Models (Figure 3-17) result in a closer fit of VLE measurements of ethanol with 

n-pentane than that displayed in Figure 3-18, which displays the equivalent predictions 

using the Leg-SRK models.  The difference is most notable at low ethanol concentration.  

The Leg-SRK model does not accurately predict the gradient of the bubble-point pressure 

at low ethanol concentrations, and consequently this model will produce inaccurate 

activity coefficients of ethanol at low concentration.  The effect of the inaccurate 

prediction of the bubble-point gradient at low ethanol concentration by the Leg-SRK 

model can be seen in Figure 3-5, when comparing the activity coefficients of ethanol in 

n-pentane predicted by the Leg-SRK Model with equivalent predictions by the Leg-virial 

model shown in Figure 3-4.  The Leg-SRK model predicted lower activity coefficients of 

ethanol than the Leg-virial model and predicted a minimum in activity coefficient at 

infinite dilution at a temperatures <100°C.  This is contrary to results seen for the effect 

of temperature on activity coefficient for other solvents and for other products, for which 

a reduction in activity coefficient with temperature was predicted in the range 20 – 100°C.  

Figure 3-5 also suggests that the predictions made by the Leg-SRK model were inaccurate 

for ethanol with iso-butane, because this model also predicts a minimum in activity 

coefficient at infinite dilution for a temperature lower than 100°C for this mixture.  

However, Figure 3-4 shows that the Leg-virial model did not successfully predict activity 

coefficients for ethanol in 1-hexene at low ethanol concentrations.  This was probably 

because the minimum ethanol concentration available in the sole dataset available for this 

binary mixture was 14 mol%.  The average deviation of ~0% shown in Figure 3-8a for 

the Leg-virial Model predictions of the VLE of ethanol and 1-hexene from the 

measurements of this dataset suggests that the model has been over-fitted.  Further 

experimental measurements of VLE, especially at low ethanol concentration, are needed 

for this system in order to accurately predict activity coefficients. 

Figure 3-6 further demonstrates the impact of equation of state on the regressions at low 

concentration by comparing the predictions made by the Leg-virial Models, the Leg-SRK 

Models and the Leg-IGL Models of the VLE of n-butanol and iso-butanol binary mixtures 

with hexane.  For these binaries, the impact of the equation of state used in the regression 

is not as marked as in other binaries, with the three models yielding similar predictions.  

The Leg-IGL Models did however result in activity coefficients at infinite dilution around 

10 – 20% lower than equivalent predictions by the Leg-virial Models. 
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Regressions employing the virial equation of state, i.e. the Leg-virial Models, were 

therefore deemed to be the most appropriate models, on the basis that these models 

produced predictions with the lowest deviation from experimental measurements. 

Average deviations of predictions by the Leg-virial Models of each VLE dataset were 

low, being <3% for all 81 datasets, and <1.5% for butanol and acetone VLE data.  The 

broader range of VLE datasets containing ethanol increased the deviation compared with 

butanol and acetone datasets.  Deviation of predictions from excess enthalpy datasets was 

larger, ranging from around 1 – 12%.  This was unsurprising, since excess enthalpy 

measurements are often difficult to predict (Islam and Rahman, 2012).  However, the 

modifications made to the temperature dependence of the Legendre activity model, 

described in section 3.4.1, and employing an objective function based on the relative 

least-squares in the regression, as noted in section 3.4.4, greatly improved the fit of the 

model to the measurements.  A greater deviation of predictions from excess enthalpy 

measurements was also to be expected, since it is the derivative of excess enthalpy (𝐻𝑖
𝐸

) 

that determines the temperature dependence of activity coefficient.  Hence, small 

deviations in absolute value of excess enthalpy have a negligible effect on activity 

coefficient, especially since excess enthalpy is fixed at zero at each end of the composition 

range. 

Models regressed from VLE datasets of the type 𝑃𝑇𝑧𝑉 resulted in predictions with very 

low deviations from the measurements.  For example, all VLE data containing 1-butene 

were of this type.  Here, average deviations of model predictions from each dataset were 

<0.1%.  This type of VLE measurement is optimal because it avoids the experimental 

error associated with attempting to measure vapour and liquid compositions 

simultaneously in a recirculating cell (as done within 𝑃𝑥𝑦  data) because it simply 

measures quantities injected into the cell.  Recording the cell volume and number of moles 

injected into the cell allows the regression procedure to determine the equilibrium vapour 

and liquid compositions by a mass balance on the equilibrium cell.  The close fit of the 

models to 𝑃𝑇𝑧𝑉  datasets can be seen in Figures 3-15 and 3-16 (Leg-virial model 

predictions compared to VLE measurements of n-butanol in n-butane, and in iso-butane 

and 1-butene respectively).  It should be noted that, by definition, overall cell mole 

fraction 𝑧𝑖 is between 𝑦𝑖 and 𝑥𝑖.  These two figures, along with Figure 3-15 (n-butanol 

and n-pentane) and Figure 3-16 (n-butanol and n-butane) demonstrate the accuracy of the 

Leg-virial Model in predicting VLE measurements, and the slightly poorer predictions of 

the model for measurements of excess enthalpy. 
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The relatively low deviations of predictions of 𝑃𝑇𝑧𝑉  datasets suggested that the 

inaccuracy of models regressed from 𝑃𝑧 datasets was partially due to being unable to 

correct 𝑃𝑧 measurements to the liquid mole fractions at equilibrium, in addition to normal 

experimental error. 

The issue of over-fitting model parameters faced by using an activity model such as the 

Legendre model, which has an infinite number of coefficients available, is demonstrated 

in Figures 3-11 and 3-12.  These figures compare the predictions of the Leg-virial Models 

to datasets containing measurements of iso-butanol and n-hexane.  Figure 3-11 was 

produced by regression of the datasets, employing the Legendre activity model and the 

crude criteria to prevent over-fitting detailed in Section 3.4.1.  Conversely, the regression 

to produce the predictions in Figure 3-12 was designed to employ one further set of 

Legendre coefficients in the regression.  This additional set of coefficients resulted in the 

overfitting that can be seen in the prediction of excess enthalpy in Figure 3-12.  This also 

demonstrates that the over-fitting criteria utilised, whilst crude, was at least partially 

successful. 

However, the scatter in measurements of excess enthalpy generally caused over-fitting of 

excess enthalpy measurements.  This can be seen in the predictions of excess enthalpy of 

iso-butanol and n-hexane (Figure 3-11), and in other predictions of other binaries, such 

as for n-butanol and n-hexane (Figure 3-10).  In these examples, the regression appears 

to have over-fitted the excess enthalpy measurements.  This was also partially due to the 

form of the Legendre activity model for prediction of excess enthalpy data.  When the 

Legendre activity model is used to model excess enthalpy data only, a high number of 

coefficients are required in order to predict a smooth excess enthalpy curve without 

erroneous stationary points.  The modifications made to the temperature dependence of 

the Legendre activity coefficients reduced this problem significantly, but other 

polynomial expressions are better suited for the purpose of modelling the simple curves 

found for excess enthalpy.  However, the impact of over-fitting measurements of excess 

enthalpy was thought to be small.  The temperature dependence of activity coefficients 

derives from the gradient of the excess enthalpy with respect to composition, which is 

less significantly affected by the over-fitting. 

Figures 3-10 and 3-11 demonstrate accurate predictions of the vapour-phase composition 

at equilibrium with experimental measurements from 𝑃𝑥𝑦 datasets.  Figure 3-11 also 

demonstrates the importance of using the vapour pressures from the datasets where 

possible (as opposed to those from a correlation) when comparing the model predictions 
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to the measurements.  This figure compares the predictions of the Leg-virial Models with 

two different datasets at 298 K.  The slight difference in the experimental pure vapour 

pressures contained in the two datasets at 298 K caused a notable difference in the 

prediction of the vapour phase composition.  Employing measurements of pure vapour 

pressure contained in each dataset during the regression reduces systematic experimental 

error in the measurement of bubble-point pressure. 

Figures 3-10 and 3-11 also compare the model predictions of hexane and iso-butanol with 

those of hexane and n-butanol.  Binary data for iso-butanol could not be found for any 

short hydrocarbons other than n-hexane.  Therefore, these data provided the only 

comparison between the two butanol isomers.   As can be seen both in Figure 3-10 and 

Figure 3-11, the shape of the VLE and excess enthalpy curves are similar for the two 

isomers.  Thus, the assumption that the gradient of 𝑃 − 𝑥 at 𝑥𝐵𝑢 → 0 relative to that of 

Raoult’s Law (‘ℳ’) is similar for both isomers (Section 2.6) is reasonable, based on the 

available measurements.  Similar values of ℳ for the two butanol isomers will result in 

predictions of a slightly lower value for the activity coefficient of iso-butanol than that of 

n-butanol since the relative volatility of iso-butanol is slightly higher.  The figures also 

show that ℳ~0 at lower temperatures for hexane and increases to a slightly positive value 

at higher temperatures, resulting in the formation of a minimum boiling point azeotrope 

at low butanol concentration.  This increase in repulsive intermolecular forces between 

butanol and hexane at higher temperature is not enough to prevent the activity coefficient 

of butanol from continuing to decrease as temperature increases,as seen in Figure 3-6, 

since the effect of the reduced relative volatility at higher temperatures is enough to 

outweigh this. 

The values of ℳ estimated for the six solvents in section 2.6 can be shown to be relatively 

accurate based on the regressions by considering the gradient at 𝑥𝐵𝑢 → 0 in the VLE plots 

in Figures 3-10 – 3-16.  Binary mixtures of butanol with all six hydrocarbons 

demonstrated positive deviation from Raoult’s Law.  Only the binary mixture of butanol 

with hexane showed some azeotropic behaviour at higher temperatures.  Most notably, 

the C4 hydrocarbons demonstrated VLE behaviour (Figures 3-15 and 3-16) similar to that 

outlined for an ‘optimal’ solvent for use in extraction of butanol, outlined in Figure 2-15d.  

For butanol in C4 hydrocarbons, ℳ, a measure of ideality at infinite dilution compared 

to Raoult’s Law, was close to unity.  Values of ℳ close to unity result in lower activity 

coefficients, for a fixed relative volatility.  Conversely, above 5-10 mol% butanol, C4 

hydrocarbons with butanol demonstrate significant positive deviation from Raoult’s Law.  
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This would allow C4 hydrocarbon to be readily distilled off the mixture using low-grade 

heat and only small temperature gradients in a distillation set-up. 

The value of ℳ for a mixture of butanol in pentane is lower than unity, and ℳ is ~0 for 

C6 hydrocarbons.  However, the relative volatility of these solvents versus butanol is also 

lower.  The consistency of activity coefficient across the chain lengths suggests that the 

effect of increased non-ideality and hence increased deviation from Raoult’s Law with 

chain length at dilute butanol concentration is balanced by the effect of decreasing relative 

volatility as chain length increases.  This suggests that an activity model based on 

theoretical interactions between butanol and these simple hydrocarbons, based on the 

volatility of the hydrocarbon, could be built and used to fit the data better and, in turn, 

used to predict activity coefficients for other C4 – C6 hydrocarbons. 

 Conclusions 

A modified Legendre activity model was employed in the Barker method to regress 

measurements of VLE and excess enthalpy of binary mixtures of butanol, ethanol and 

acetone with six C4 – C6 hydrocarbons.  An extensive search of the published literature 

was conducted in order to compile database of datasets containing isothermal VLE and 

excess enthalpy measurements of these binaries at 20 – 100°C. 

The flexible Legendre activity model employed in the regression of data was able to 

model the rapid changes in the gradient of the bubble-point curve.  This was imperative, 

as popular activity models, such as the NRTL model, only have 2 – 3 parameters, which 

limits the ability of these models to predict rapid changes in the gradient of the bubble-

point curve.  These rapid changes often occur at dilute concentrations, such as those found 

in fermentation broths, and result in rapid changes in activity coefficient. 

The equation of state employed to model the vapour phase in the regression of datasets 

was found to have a significant impact on the activity coefficients predicted.  The virial 

equation of state was found to be most suitable for the regression of the hydrocarbon 

datasets.  The Legendre activity models produced by the regression of datasets where the 

virial equation of state was employed were termed the ‘Leg-virial Models’. 

Activity coefficients of low concentration fermentation products in hydrocarbons 

predicted by the Leg-virial Models was found to decrease dramatically with temperature 

in the range 25oC – 100oC; activity coefficient at infinite dilution was predicted to vary 

by a factor of 2 – 4 between 25°C and 100°C.  Activity coefficients were also found to 
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decrease with product concentration.  By fermenter product concentrations of 20 mol%, 

activity coefficients were predicted to have decreased significantly from values at infinite 

dilution, and the effect of temperature was minimal. 

Activity coefficients of iso-butanol in n-hexane (the only dataset for which VLE 

measurements with iso-butanol were available) were predicted to be slightly lower 

activity coefficients than those of n-butanol. 

Each binary mixtures of butanol with the six hydrocarbon solvents exhibited positive 

deviation from Raoult’s Law.  The vapour-liquid equilibria of butanol in C4 hydrocarbons 

demonstrated the characteristics of an optimal solvent for extraction: behaviour was close 

to Raoult’s Law at dilute butanol concentrations, whilst positive deviation from Raoult’s 

Law was predicted above low butanol concentrations, without forming any azeotropes. 

The application of the results to the design and performance of liquid-liquid extraction 

and distillation is examined, respectively, in Chapters 4 and 5. 
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4. Modelling the Extraction of 

Fermentation Products using Volatile 

Hydrocarbons 

 Introduction 

This chapter models the liquid-liquid equilibria (LLE), and hence the distribution 

coefficients, of dilute fermentation products between volatile hydrocarbons and water, 

using the activity coefficients determined in Chapter 3. 

The distribution (or partition) coefficient of a solute being transferred from one solvent 

(here, water) to another (here, an alkane) is defined as the ratio of the mole fractions in 

each phase at equilibrium, i.e.: 

𝐷𝑖
𝑚𝑜𝑙𝑎𝑟 =

𝑥𝑖
𝑜𝑟𝑔

𝑥𝑖
𝑎𝑞 = 

𝛾𝑖
𝑎𝑞(𝑥𝑖

𝑎𝑞 , 𝑃, 𝑇)

𝛾𝑖
𝑜𝑟𝑔
(𝑥𝑖
𝑜𝑟𝑔
, 𝑃, 𝑇)

(4-1) 

where 𝑖 is the solute of interest (e.g. butanol); 𝑥𝑖
𝑜𝑟𝑔

 and 𝑥𝑖
𝑎𝑞

 are the solute mole fractions 

in the extractant (organic hydrocarbon) and the aqueous phases respectively.  The ternary 

activity coefficients of the solute in the organic and aqueous phases, 𝛾𝑖
𝑜𝑟𝑔

 and 𝛾𝑖
𝑎𝑞

 

respectively, are at the ternary concentrations in each phase at equilibrium, and at the 

temperature and pressure of the extraction.  However, Appendix E demonstrated that the 

effect of pressure on activity coefficients can be neglected. 

Ternary activity coefficients must therefore be predicted in order to calculate distribution 

coefficients.  No measurements could be found for ternary equilibria of butanol in water 

and C4 – C5 hydrocarbons, although a limited number of measurements were available 

for butanol in water and hexane (Islam and Kabadi, 2011; Sugi and Katayama, 1977).  In 

the absence of ternary equilibria measurements, the ternary liquid-liquid equilibria had to 

be predicted from the activity coefficients of the three constituent binary mixtures, i.e.: 

• the fermentation product and the relevant hydrocarbon (determined in Chapter 3) 

• the relevant hydrocarbon and water, which are highly immiscible (investigated in 

Section 2.4) 

• the fermentation product and water (investigated in this Chapter). 
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4.1.1 Models for the Prediction of Ternary LLE from Binary 

Activity Coefficients 

One approach to modelling ternary LLE is to use a multicomponent activity model, such 

as the NRTL or UNIQUAC models.  These activity models can be used to predict ternary 

equilibria from their constituent binary activity models.  However, this approach was 

found to be problematic when modelling activity coefficients at dilute concentrations, as 

these often change rapidly and are therefore poorly predicted by inflexible activity models 

with only 2 - 3 parameters per binary system. 

An alternative approach is to employ combination models (e.g. Talley et al., 1993), which 

can employ any combination of binary activity models, including flexible models such as 

the Legendre activity model.  Combination models extrapolate ternary compositions to 

three binary compositions.  The excess Gibbs free energy at each of these three binary 

compositions can be calculated using any activity model of each binary.  These are 

combined to calculate the excess Gibbs free energy at the ternary composition, from 

which the activity coefficients of the ternary mixture can be calculated.  However, there 

are an infinite number of methods to perform the extrapolation of the ternary mixture into 

the three binary mixtures, and hence an infinite number of ways to perform the 

combination.  Without a sizeable number of measurements of ternary liquid-liquid 

equilibria to validate any given method, it was found to be impossible to ascertain reliably 

which extrapolation models would yield accurate results for any given ternary mixture. 

Both approaches described above also rely upon an activity coefficient model of the 

solvent pair, i.e. of mixtures of water and the relevant hydrocarbon.  It is trivial to produce 

an activity coefficient model that predicts the mutual solubilities of the solvent pair.  

However, since it is not possible to measure the equilibria in the binary miscibility gap, 

it is therefore not possible to verify the accuracy of the binary activity model in the 

miscibility gap without measurements on the ternary mixture, where the pair are able to 

coexist in ratios that are immiscible in the binary mixture. 

This is problematic for combination models as it adds another unknown factor into the 

model: the activity model employed for the solvent pair.  This is also problematic in 

practice for the prediction of the ternary equilibria using the NRTL model.  Islam et al. 

(2011) regressed binary and ternary equilibria measurements for hexane, water and 

butanol in order to produce an NRTL model for the ternary system at 20 – 100°C.  Since 

the NRTL activity model is a three-parameter model, and only two equilibrium 
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measurements exist for the hexane-water binary (the mutual solubilities), one parameter 

for this binary is left as a free variable.  The authors effectively used this third free variable 

to fit the NRTL model to ternary equilibria measurements for the system.  The fact that 

the activity model for the immiscible solvent pair cannot be validated without 

measurements of ternary equilibria therefore limits the ability of multicomponent activity 

models to predict ternary equilibria from its three constituent binaries.  Islam et al. (2011) 

have also discussed elsewhere the limitations of multicomponent activity models, such as 

the NRTL model, for predicting ternary equilibria at dilute solute concentrations, due to 

their inflexibility (Islam and Kabadi, 2009).  

Ternary systems which have limited mutual solubility for two binary pairs, such as 

butanol-water-hydrocarbon mixtures, are termed ‘Type II’ systems.  Another crude 

method to estimate ternary equilibria for Type II systems is the use of interpolation 

methods (Treybal, 1951).  Interpolation methods can be used to predict the location of the 

ternary solubility lines.  In Type II systems the two solubility lines, by definition, must 

each join the two pairs of binary solubilities.  For example, in the case of a butanol-water-

hydrocarbon system, the solubility line for the organic phase must connect the solubility 

of water in the hydrocarbon to the solubility of water in butanol.  Similarly, the solubility 

line for the aqueous phase must connect the solubility of the hydrocarbon in water to the 

solubility of butanol in water.  However, these interpolation methods are not able to 

predict the distribution coefficient (i.e. the position of tie-lines between the two solubility 

curves); they can only predict the position of ternary solubility, although this could still 

be very useful.  For example, interpolation methods could be used to predict the solubility 

of water in the organic phase as a function of butanol concentration.  Despite attempts to 

employ several interpolation models, including those outlined by Brown (1948) and 

Varteressian and Fenske (1937), none were able to successfully predict the ternary 

solubilities of the only ternary equilibria measurements available for butanol (butanol-

water-hexane). 

4.1.2 Approximating Ternary LLE of Dilute Mixtures using Binary 

Activity Coefficients 

For systems where the two solvents (here, the hydrocarbon and water) are close to 

immiscible, neglecting their mutual solubility can give relatively accurate predictions for 

the distribution coefficient at low concentrations of the solute (butanol, ethanol or 

acetone) (Treybal, 1951).  This means that the ternary effects on the activity coefficient 

of the solvent can be neglected, since the concentrations of the solute and the solvent from 
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the opposing phase (e.g. water in the hydrocarbon phase) are very low.  Thus, at low 

solute concentrations, binary activity coefficients (rather than ternary coefficients) can be 

used to predict distribution coefficients at low solute concentrations for highly immiscible 

system, such as hydrocarbon-water extractions.  This approach is advantageous since the 

methods investigated for the prediction of ternary LLE were found to be problematic, and 

no measurements of ternary VLE or LLE for C4 and C5 hydrocarbons with butanol and 

water were available. 

The approach of neglecting the miscibility of the solvents can be further justified on the 

basis that a ternary system itself is also a simplification of the real extraction system, 

which extracts butanol from a multicomponent fermentation broth.  Hence solutes in the 

extraction are subject to ternary interactions not only with the two solvents (water and the 

hydrocarbon), but also from each other (ethanol, acetone) and any other components in 

the broth (e.g. carboxylic acids, intermediates, nutrients).  It was posited that the influence 

of ternary interactions due to the presence of trace concentrations of water or the 

hydrocarbon was likely to be as small as the influence of the ternary interactions due to 

the presence of any other dilute components in a fermentation broth.  Therefore, it was 

concluded that attempting to account for ternary interactions of water and the 

hydrocarbon theoretically by using a ternary model would not improve the accuracy of 

predictions of distribution coefficients in a fermentation broth, compared with neglecting 

these interactions.  However, these ternary models are essential when exploring the 

equilibria of more concentrated systems.  In systems containing higher concentrations of 

butanol, the presence of butanol increases the solubility of water in the organic phase 

significantly, and hence these ternary interactions become significant.  In order to predict 

the distribution coefficients of fermentation products by neglecting the miscibility of 

water and the relevant hydrocarbons, the activity coefficients of aqueous acetone, ethanol 

and butanol were required and this is described in Chapter 3. 

Finally, liquid-liquid thermodynamic equilibrium is not the only factor in the performance 

of an extractor; rate processes in the form of mass transfer also play a significant role.  

Some of the kinetic constraints were considered in the design of an extraction unit for this 

system, and a basic model built to evaluate the performance of the extractor. 

 Calculation of Activity Coefficients of Aqueous Butanol 

Despite being a relatively common mixture, published VLE measurements of butanol 

isomers with water were surprisingly scarce, especially at dilute concentrations of 
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butanol.  Therefore, it was not possible to produce accurate predictions of the activity 

coefficients of dilute butanol isomers in water based on VLE measurements.  An activity 

coefficient model was instead devised based on the limiting activity coefficients of 

butanol and water at infinite dilution in butanol-water mixtures and the mutual solubility 

of butanol and water.  Correlations of these properties have been well documented for 

mixtures of butanol and water as a function of temperature (Dohnal et al., 2006; Fenclova 

et al., 2007; Maczynski et al., 2007) 

4.2.1 Development of an Activity Coefficient Model 

The mutual solubilities of butanol (1) and water (2) represent the position of a binary 

liquid-liquid equilibrium, and therefore must satisfy two conditions by equating the 

chemical potential of water and butanol in each phase: 

𝜇1
𝐼 = 𝜇1

𝐼𝐼 → ∴ ln(𝑥1
𝐼𝛾1
𝐼) = ln(𝑥1

𝐼𝐼𝛾1
𝐼𝐼) (4-2) 

𝜇2
𝐼 = 𝜇2

𝐼𝐼 → ∴ ln(𝑥2
𝐼𝛾2
𝐼) = ln(𝑥2

𝐼𝐼𝛾2
𝐼𝐼) (4-3) 

where 𝐼 and 𝐼𝐼 represent each phase (aqueous and organic), 𝑥𝑖
𝐼  is the mole fraction of 

species 𝑖 in phase 𝐼 at the solubility limit (i.e. at LLE) and 𝛾𝑖
𝐼 is the activity coefficient of 

species 𝑖 in phase 𝐼 at the solubility limit. 

Hence, the mutual solubilities of butanol and water supply two constraints (eqs. (4-2) and 

(4-3)) on the activity model.  The limiting activity coefficients of both butanol and water 

at infinite dilution provide two further constraints on the activity model.  Therefore, a 

four-parameter model is required to satisfy fully all four constraints.  Due to its simplicity, 

a four-parameter Margules model was used to represent the butanol (1)-water (2) mixture: 

𝐺𝐸

𝑅𝑇
= 𝑔𝐸 = 𝑥1𝑥2(𝐴21𝑥1 + 𝐴12𝑥2 + 𝑥1𝑥2(𝐵21𝑥1 + 𝐵12𝑥2)) (4-4) 

where 𝐴12, 𝐴21, 𝐵12  and 𝐵21  are Margules coefficients.  The Margules model is of 

polynomial form, and so it would be possible to convert the four-parameter Margules 

model into an equivalent Legendre polynomial. 

It is trivial to demonstrate that 𝐴12 = ln 𝛾1
∞ and 𝐴21 = ln 𝛾2

∞.  Given the condition of 

equal activity at liquid-liquid equilibrium (i.e. eqs. (4-2) and (4-3)) it is also possible to 

prove that 𝐵12 and 𝐵21 can be calculated from the binary LLE position 𝑥1
𝐼 ,  𝑥1

𝐼𝐼: 

𝐵12 =
(Δ𝑎2)(Δ𝑑2) − (Δ𝑎1)(Δ𝑐1)

(Δ𝑐1)(Δ𝑐2) − (Δ𝑑1)(Δ𝑑2)
(4-5) 
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𝐵21 =
(Δ𝑎1)(Δ𝑑1) − (Δ𝑎2)(Δ𝑐2)

(Δ𝑐1)(Δ𝑐2) − (Δ𝑑1)(Δ𝑑2)
(4-6) 

where Δ represents the difference between the parameter in liquid phase I and that in 

liquid phase II: 

Δ𝑎𝑖 = (𝑎𝑖
𝐼 − 𝑎𝑖

𝐼𝐼) (4-7) 

Δ𝑐𝑖 = (𝑐𝑖
𝐼 − 𝑐𝑖

𝐼𝐼) (4-8) 

Δ𝑑𝑖 = (𝑑𝑖
𝐼 − 𝑑𝑖

𝐼𝐼) (4-9) 

and parameters 𝑎𝑖
𝐽
, 𝑐𝑖
𝐽
 and 𝑑𝑖

𝐽
 for species 𝑖 (binary mixture 𝑖 − 𝑗) for phase 𝐽 are given 

by: 

𝑎𝑖
𝐽 = (1 − 𝑥𝑖

𝐽)((1 − 2𝑥𝑖
𝐽)𝐴𝑖𝑗 + 2𝑥𝑖

𝐽𝐴𝑗𝑖) + ln 𝑥𝑖
𝐽 (4-10) 

𝑐𝑖
𝐽 = 2(𝑥𝑖

𝐽)
3
𝑥𝑗
𝐽(1 − 2𝑥𝑖

𝐽) (4-11) 

𝑑𝑖
𝐽 = (𝑥𝑖

𝐽𝑥𝑗
𝐽)
2
(4𝑥𝑖

𝐽 − 1) (4-12) 

4.2.2 Correlations of Limiting Activity Coefficients at Infinite 

Dilution and Correlations of Mutual Solubilities for Butanol 

and Water 

Dohnal et al. (2006) and Fenclova et al. (2007) obtained the limiting activity coefficients 

of at infinite dilution of, respectively, n-butanol and iso-butanol in water (𝛾𝑖
∞) over the 

temperature range 273 - 373 K.  Their correlations are given in Appendix F.  In the present 

research, an analogous correlation for the limiting activity coefficient of water in butanol 

isomers was developed using the method of Dohnal et al. (2006) and Fenclova et al. 

(2007) and is described in Appendix F.  These correlations were used to calculate 𝐴12 

and 𝐴21 at any given temperature. 

The mutual solubility of butanol isomers and water were investigated by Maczynski et al. 

(2007), who conducted an analysis of the available measurements for n-butanol and iso-

butanol respectively, leading to correlations of the form: 

ln 𝑥𝑖
𝑠𝑜𝑙 = ln 𝑥𝑖,𝑚𝑖𝑛

𝑠𝑜𝑙 + 𝐶𝑖 (
𝑇𝑖,𝑚𝑖𝑛
𝑇

− ln (
𝑇𝑖,𝑚𝑖𝑛
𝑇
) − 1) + 𝐷𝑖 exp(𝛼𝑖 (1 −

𝑇

𝑇𝑐𝑠
)) (4-13) 

where 𝑥𝑖
𝑠𝑜𝑙  is the solubility of species 𝑖  (given as a mole fraction) and 𝑥𝑖,𝑚𝑖𝑛

𝑠𝑜𝑙  is the 

minimum solubility of species 𝑖 at temperature 𝑇𝑖,𝑚𝑖𝑛.  The variables 𝐶𝑖 , 𝐷𝑖  and 𝛼𝑖  are 

correlation parameters specific to the relevant species.  Table 4-1 details the parameter 
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values for water and butanol isomers.  The correlation is valid from 273 K to the critical 

solution temperature (𝑇𝑐𝑠), above which complete miscibility occurs. 

The correlations of Maczynski et al. (2007) were used to calculate 𝐵12 and 𝐵21 at any 

given temperature.  The four-parameter Margules model therefore interpolates between 

the activities at infinite dilution (as predicted by the correlations detailed in Appendix F) 

and the position of the binary LLE given by the correlations of Maczynski et al. (2007) 

for the mutual solubilities of butanol and water. 

Table 4-1 – Parameters for the correlations of Maczynski et al. (2007) for the mutual 

solubilities of butanol isomers and water  

Solubility 𝐥𝐧 𝒙𝒊,𝒎𝒊𝒏
𝒔𝒐𝒍 (𝑻𝒊,𝒎𝒊𝒏) 𝑪𝒊 𝑫𝒊 𝜶𝒊 𝑻𝒄𝒔 (K) 𝑻𝒊,𝒎𝒊𝒏 (K) 

N-butanol 

in water 
-4.12 27.71 0.911 -30 398.0 330 

Water in 

n-butanol 
-0.702 6.082 0.126 -30 398.0 270 

Iso-butanol 

in water 
-4.03 32.34 0.858 -30 406.3 330 

Water in 

iso-butanol 
-0.968 4.136 0.140 -30 406.3 220 

 

4.2.3 Model Validation 

As butanol exhibits a heterogeneous azeotrope with water, a liquid phase containing 

butanol at its solubility in water would be in vapour-liquid equilibrium with the butanol-

water azeotrope.  The four-parameter Margules model was used to predict the pressure 

and vapour composition of this azeotrope.  The virial equation of state was employed to 

model the vapour phase, using second virial coefficients estimated using the Tsonopolous 

method, described in Appendix D.  These predictions of the azeotrope were used to 

validate the model. 

Gmehling (2014a) provided a compilation of measurements of the pressure and vapour 

composition of n-butanol-water.  Measurements of the VLE of iso-butanol and water 

were employed to obtain measurements of iso-butanol-water azeotropes (Ellis and 

Garbett, 1960; Fischer and Gmehling, 1994; Lyzlova et al., 1979; Stockhardt and Hull, 
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1931). Figure 4-1 plots the measurements of the compositions and pressures of the n-

butanol-water and iso-butanol-water azeotropes, compared with those predicted by the 

four-parameter Margules model.  As shown in Figure 4-1, the four-parameter Margules 

model, based on correlations of the activity coefficients of butanol and water at infinite 

dilution and the mutual solubilities of butanol and water, produced valid predictions of 

the measurements of the pressure and composition of the butanol-water azeotropes. 

The model was further validated using a set of VLE measurements for mixtures of  

n-butanol and water and mixtures of iso-butanol and water at 50°C (Fischer and 

Gmehling, 1994).  This set of VLE measurements was compared to model predictions of 

VLE in Figure 4-2, again employing the virial equation of state for the vapour phase.  As 

can be seen in Figure 4-2, the four-parameter Margules model accurately predicts the 

VLE measurements, including at low butanol concentrations.  The largest discrepancy 

between the VLE measurements and the model was the prediction of the mutual 

solubility.  The model’s prediction is fixed to that of the correlation of Maczynski et al. 

(2007), which does not agree with the mutual solubility of butanol and water obtained 

from the VLE measurements of Fischer and Gmehling (1994) at 50°C.  However, given 

that Fischer and Gmehling (1994) were measuring bubble-point pressures, it is likely that 

their values of mutual solubilities in this complex vapour-liquid-liquid equilibrium are 

inaccurate. 

4.2.4 Model Results 

The four-parameter Margules model was employed successfully for binary aqueous 

mixtures of n- and iso-butanol between 20°C and 90°C.  The activity coefficients 

predicted by the model for butanol isomers in water are shown in Figure 4-3.  The limiting 

activity coefficient for butanol in water at infinite dilution peaked at around 60 – 70°C.  

The activity coefficient decreased more rapidly with butanol concentration at higher 

temperatures than at lower temperatures: between zero concentration and typical 

fermenter broth concentrations (~0.5 mol%), the activity coefficient of n-butanol 

decreased by ~15% at 90°C, but only by ~6% at 20°C.  Unsurprisingly, iso-butanol 

behaved very similarly to n-butanol, although it was predicted to possess a slightly lower 

activity coefficient (~5% lower).  
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Figure 4-1a-b: Model prediction verus literature measurements of  azeotrope vapour 

mole fraction and azeotrope pressure as a function of temperature for n-butanol-

water and iso-butanol-water binary mixtures 
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Figure 4-2a-b: Model bubble-point and dew-point predictions versus 𝑷 − 𝒙 VLE 

measurements of Fischer & Gmehling (1994) for n-butanol-water and iso-butanol-

water 
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Figure 4-3a-b: Model results for activity coefficient of (a) n-butanol and 

(b) iso-butanol in water up to the solubility limit of butanol, at a range of 

temperatures 
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The benefit of employing more reliable limiting activity coefficients from the correlations 

of Dohnal et al. (2006) and Fenclova et al. (2007) is also apparent.  Based on VLE 

measurements at 50°C, a limiting activity coefficient for n-butanol of 78 is predicted 

(Fischer and Gmehling, 1994).  This is in contrast to the correlation of Dohnal et al. 

(2006), which was based on a large compilation of literature values for the activity 

coefficient of butanol at infinite dilution, which predicted a value of 62 at the same 

temperature, ~20% lower. 

Above 90°C, the miscibility gap of butanol and water reduces significantly.  At these 

temperatures, the Margules model produced erroneous predictions of a second miscibility 

gap in the butanol-rich phase.  This might be due to the limited capacity of a four-

parameter Margules model to replicate the equilibria of the binary at this temperature; or 

it could be due to inaccuracies in the underlying correlations at these temperatures.  

Solutions to improve the validity of a model of aqueous butanol include: 

• using a different model with a theoretical basis (e.g. the NRTL model, which has 

3 parameters and so could accurately represent 3 of the 4 constraints used in the 

four-parameter Margules model); 

• developing a model with a higher number of Margules parameters; 

• developing more accurate correlations for the limiting activity coefficients and 

mutual solubilities above 90°C. 

For the purposes of this work, the activity model of aqueous butanol up to 90°C was 

considered sufficient.  In addition, for the purposes of calculating activity coefficients of 

dilute aqueous butanol, the model still predicts activity coefficients for butanol between 

infinite dilution and the butanol solubility limit beyond 90°C. 

 Calculation of the Activity Coefficient of Aqueous Ethanol 

4.3.1 Methodology 

The NRTL activity model of Voutsas et al. (2011) for ethanol and water was used as a 

basis to predict the activity coefficient of ethanol in water.  The activity coefficient of 

ethanol in water in this NRTL model (𝛾𝐸𝑡
𝑉𝑜𝑢𝑡𝑠𝑎𝑠) was given by: 

𝑅𝑇 ln 𝛾𝐸𝑡
𝑉𝑜𝑢𝑡𝑠𝑎𝑠 = 𝑥2

2 [
𝜏21𝐺21

2

(𝑥1 + 𝑥2𝐺21)2
+

𝜏12𝐺12
(𝑥2 + 𝑥1𝐺12)2

]

𝐺12 = exp(−𝛼12𝜏12) ;  𝐺21 = exp(−𝛼12𝜏21) (4-14)

 

where 1 = ethanol and 2 = water, and: 
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𝜏12 = (−508.37 + 3.3910 𝑇 − 0.005840 𝑇
2)/𝑇

𝜏21 = (−763.53 + 5.1484 𝑇 − 0.003320 𝑇
2)/𝑇

𝛼12 = 0.3 (4-15)

 

However, the NRTL model is inflexible and therefore does not accurately predict activity 

coefficients at dilute concentrations.  The correlation by Dohnal et al. (2006) can provide 

the limiting activity coefficient of ethanol in water at infinite dilution (𝛾𝐸𝑡
∞,𝐷𝑜ℎ𝑛𝑎𝑙

) as a 

function of temperature in the temperature range 273 - 373 K: 

ln 𝛾𝐸𝑡
∞,𝐷𝑜ℎ𝑛𝑎𝑙 = −2.2437 +

6.9054

𝜏
−
34.0965

𝜏
𝑒−2.3357𝜏 (4-16) 

where 𝜏 = 𝑇/(298.15 𝐾). 

In order to improve the accuracy of predictions of 𝛾𝐸𝑡 at dilute concentrations of ethanol 

below 10 mol%, the predictions of the NRTL model of Voutsas et al. (2011), 𝛾𝐸𝑡
𝑉𝑜𝑢𝑡𝑠𝑎𝑠,  

were crudely adjusted using the limiting activity coefficient of ethanol predicted by the 

correlation of Dohnal et al. (2006) (𝛾𝐸𝑡
∞,𝐷𝑜ℎ𝑛𝑎𝑙

).  This was achieved by scaling the activity 

coefficients of ethanol predicted by the NRTL model at mole fractions < 10 mol% 

linearly, from a multiplier of unity at 10 mol% ethanol to a multiplier of 

𝛾𝐸𝑡
∞,𝐷𝑜ℎ𝑛𝑎𝑙/𝛾𝐸𝑡

∞,𝑉𝑜𝑢𝑡𝑠𝑎𝑠
 at 0 mol% ethanol, i.e. by applying the following formula: 

𝛾𝐸𝑡(𝑥𝐸𝑡, 𝑇) = 𝛾𝐸𝑡
𝑉𝑜𝑢𝑡𝑠𝑎𝑠(𝑥𝐸𝑡 , 𝑇) + 𝑆𝐹 . (𝛾𝐸𝑡

𝑉𝑜𝑢𝑡𝑠𝑎𝑠(𝑥𝐸𝑡, 𝑇) − 𝛾𝐸𝑡
10%,𝑉𝑜𝑢𝑡𝑠𝑎𝑠(𝑇)) (4-17) 

where 𝛾𝐸𝑡
∞,𝑉𝑜𝑢𝑡𝑠𝑎𝑠

; 𝛾𝐸𝑡
10%,𝑉𝑜𝑢𝑡𝑠𝑎𝑠

; and 𝛾𝐸𝑡
𝑉𝑜𝑢𝑡𝑠𝑎𝑠 are the activity coefficients of ethanol in 

water predicted by the NRTL model of Voutsas et al. (2011) at, respectively, infinite 

dilution, an ethanol mole fraction of 10 mol%, and at ethanol mole fraction of 𝑥𝐸𝑡. The 

scaling factor, 𝑆𝐹, is given by: 

𝑆𝐹 = (
𝛾𝐸𝑡
∞,𝐷𝑜ℎ𝑛𝑎𝑙 − 𝛾𝐵𝑢

∞,𝑉𝑜𝑢𝑡𝑠𝑎𝑠

𝛾𝐵𝑢
∞,𝑉𝑜𝑢𝑡𝑠𝑎𝑠 − 𝛾𝐵𝑢

10%,𝑉𝑜𝑢𝑡𝑠𝑎𝑠
) (1 −

𝑥𝐸𝑡
10 mol%

) (4-18) 

4.3.2 Results 

The activity coefficients resulting from the adjustment of the NRTL model of Voutsas et 

al. (2011) were fitted to a flexible Legendre activity model with 10 coefficients, with 

results given in Table 4-2.  Table 4-2 also shows the deviation of the Legendre activity 

coefficient model for ethanol and water from the NRTL model of Voutsas et al. (2011).  

This deviation was based on the relative difference in predicted bubble-point pressures in 

each model.  The virial equation of state was employed to model the vapour phase for the 
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purpose of these calculations.  The maximum deviation was very small, ca. 1-2%, 

occurring at around 2.5 mol% ethanol.  Conversely, the difference in the predictions of 

the limiting activity coefficient of ethanol between the NRTL model of Voutsas et al. and 

the correlation of Dohnal et al. was significantly higher: up to ~17% higher at lower 

temperatures (based on ln 𝛾𝐸𝑡
∞,𝐷𝑜ℎ𝑛𝑎𝑙

 vs. ln 𝛾𝐸𝑡
∞,𝑉𝑜𝑢𝑡𝑠𝑎𝑠

).  This demonstrates the significant 

effect that small deviations in bubble-point pressure have on activity coefficients.  This 

further illustrates that inflexible activity models often do not accurately predict activity 

coefficients at low concentrations, highlighting the need to employ the correlation of 

Dohnal et al. (2006) to correct the activity coefficients of ethanol at low compositions.  

The method used to adjust the NRTL model was crude and would not predict accurate 

activity coefficients of water containing dilute ethanol.  The method could be improved 

by altering the gradient of the excess Gibbs free energy ( 𝑔𝐸 ) at dilute ethanol 

compositions; however this was deemed unnecessary for the purpose of calculating 

distribution coefficients of dilute ethanol. 

  

 

Figure 4-4: The activity coefficient of ethanol in water predicted by the Legendre 

model 
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The activity coefficients of ethanol in water predicted by the Legendre model are shown 

in Figure 4-4.  As the figure shows, the activity coefficient of ethanol at infinite dilution 

was predicted to increase with temperature between 20°C and 90°C, although the effect 

was strongest at lower temperatures.  The activity coefficient of ethanol was predicted to 

decrease with composition, to a value of ~3 at all temperatures. 

 Calculation of the Activity Coefficient of Aqueous Acetone 

Activity coefficients for binary mixtures of acetone and water were regressed from 

measurements of VLE and excess enthalpy for this binary mixture, given in Table S-1 in 

the Supplementary Material included with this dissertation.  This was performed using 

the same method presented for binary mixtures of hydrocarbon and alcohol given in 

Chapter 3.  The virial equation of state was employed to model the vapour phase, as 

detailed in Appendix D.  The temperature dependent Legendre coefficients resulting from 

the regression are given in the Supplementary Material included with this dissertation. 

The resulting activity coefficients of acetone predicted by the Legendre model are shown 

in Figure 4-5.  As shown, the activity coefficient of acetone at infinite dilution was 

predicted to increase with temperature, with predictions at 90°C around double those at 

20°C.  The activity coefficient of acetone was also predicted to decrease with acetone 

composition; the model predicted a value of ~3.5 at 15 mol% acetone for all temperatures. 

Figure 4-6 compares VLE and excess enthalpy measurements with the predictions of the 

Legendre model.  As shown, the model accurately represents the VLE behaviour 

demonstrated by the measurements across a range of temperatures.  The model predicts 

the formation of an azeotrope with water at a high concentration of acetone at the end of 

the temperature range (100°C).  The model also accurately represents the behaviour of 

the measurements of excess enthalpies, which demonstrate negative excess enthalpies of 

mixing a lower acetone compositions and positive excess enthalpies at higher acetone 

compositions. 
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The average deviation between the model and the corresponding measurements for each 

dataset ranged from 0.7 – 5.1%, with maximum errors within each dataset being ~4% for 

VLE measurements and ~7 – 16% for measurements of excess enthalpy.  These 

deviations were probably within the bounds of experimental error for each dataset, 

although experimental error was difficult to obtain from source literature. 

 Predictions of Distribution Coefficients for Dilute 

Fermentation Products 

The distribution coefficients at equilibrium of n-butanol, acetone and ethanol in six C4 – 

C6 hydrocarbons versus water were predicted at 25 – 100°C.  These predictions were 

made by neglecting the mutual solubility of the hydrocarbons and water, as discussed in 

Section 4.1.2.  The activity coefficients of the fermentation products in the organic, 

hydrocarbon phase were predicted by employing the Leg-virial Models, developed in 

Chapter 3.  The activity coefficients of n-butanol, ethanol and acetone in the aqueous 

phase were predicted by employing the models developed in Sections 4.2, 4.3 and 4.4 

respectively. 

 

Figure 4-5: Model results for activity coefficient of acetone in water 
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Figure 4-6a-c: Legendre Model predictions and measurements from datasets [1] – 

[4] for (a,b) vapor-liquid equilibrium; (b) excess enthlapy of acetone and water 

Model Lines: Solid line (–) = 𝑃 − 𝑥 or 𝐻𝐸; Dashed Line (--) = 𝑃 − 𝑦 

Dataset measurements: + = 𝑃 − 𝑥 or 𝐻𝐸; × = 𝑃 − 𝑦; ○ = 𝑃 − 𝑧 

[1] = Rhim et al. (1974); [2] = Chaudhry et al. (1980); [3] = Griswold and Wong (1952) 

[4] = Belousov and Sokolova (1966) 
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4.5.1 Predicted Distribution Coefficients 

The resulting mass distribution coefficients at equilibrium for dilute n-butanol in C4 – C6 

hydrocarbons versus water (𝐷𝐵𝑢
𝑚𝑎𝑠𝑠) are shown in Figure 4-7.  These are shown for dilute 

concentrations of butanol in the aqueous phase, at a range of temperatures.  As shown in 

Figure 4-7, distribution coefficients for iso-butane could only be predicted at 318 K 

because this was the only temperature for which activity coefficients could be determined 

for binary mixtures with n-butanol. 

As shown in Figure 4-7, the distribution coefficient of butanol is a strong function of 

temperature.  Distribution coefficients in all six solvents were predicted to increase by a 

factor of 3-4 between 25°C and 100°C.  This increase was to be expected, due to the 

effects of temperature on the activity coefficients of butanol in water and hydrocarbons.  

Whilst the activity coefficient of butanol at low concentrations in water was predicted to 

increase with temperature to a peak at ~60°C, the activity coefficient of butanol in volatile 

hydrocarbons was predicted to decrease with temperature.  Both these effects cause the 

distribution coefficient of butanol between hydrocarbons and water phases to increase 

with temperature.  Above 60°C, the activity coefficient of butanol in water was predicted 

to decrease slightly.  However, the effect of the decrease in activity coefficient of butanol 

in hydrocarbons was large enough that the distribution coefficient was predicted to 

continue increasing above 60°C.  A peak in the distribution coefficient of butanol can be 

seen at the upper end of the temperature range investigated (100°C) for n-hexane, 1-

hexene and 1-butene for aqueous concentrations of butanol of around 2 – 3 wt%. 

In general, predictions of 𝐷𝐵𝑢
𝑚𝑎𝑠𝑠 were also found to increase with butanol composition 

(shown in Figure 4-7 as the mass fraction in the aqueous phase).  For example, 𝐷𝐵𝑢
𝑚𝑎𝑠𝑠 

was predicted to increase by ~50% between infinite dilution and 2 wt% in 1-butene.  The 

predicted increase of 𝐷𝐵𝑢
𝑚𝑎𝑠𝑠  with butanol composition was smaller for the larger 

hydrocarbons.  Indeed, for C6 hydrocarbons, values of 𝐷𝐵𝑢
𝑚𝑎𝑠𝑠  at 100°C were actually 

predicted to slightly decrease with butanol concentration.    
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Figure 4-7: Predictions of the mass distribution coefficient of n-butanol in six 

hydrocarbons versus water at 298 – 373 K 
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N-butane, 1-butene and 1-hexene produced the highest distribution coefficients, with 

values at infinite dilution ranging from 0.65 kg/kg at 25°C to 3.4 kg/kg at 100°C.  Of 

these solvents, 1-butene displayed a greater increase in distribution coefficient with 

temperature and concentration, reaching 3.6 kg/kg at 100°C, for 2 wt% butanol in the 

aqueous phase.  All three hydrocarbons were predicted to perform similarly at typical 

fermentation temperatures, producing distribution coefficients of around 1 kg/kg at 

infinite dilution, and ca. 1.2, 1.3 and 1.5 kg/kg in 1-hexene, n-butane and 1-butene 

respectively at 37°C, for 2 wt% butanol in the aqueous phase.  N-pentane and n-hexane 

performed similarly, producing distribution coefficients ranging from ~0.5 kg/kg at 

ambient to temperatures to a maximum of 2.4 kg/kg for n-pentane at 100°C, 2 wt%. 

Figure 4-8 compares the mass distribution coefficients predicted for n-butanol in 

n-hexane versus water, with those predicted for iso-butanol.  As can be seen in Figure 

4-8, iso-butanol was predicted to behave very similarly to n-butanol.  Predictions of 

distribution coefficients at infinite dilution at higher temperatures were up to 25% higher 

for iso-butanol than n-butanol, although the difference in predicted distribution 

coefficients between the two isomers was much smaller at lower temperatures and higher 

butanol compositions. 

 

 

 

Figure 4-8: Predictions of the mass distribution coefficient of n-butanol and 

iso-butanol in n-hexane versus water at 298 – 373 K 
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Figure 4-9: Predictions of the mass distribution coefficient of acetone in six 

hydrocarbons versus water at 298 – 373 K 
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Figure 4-10: Predictions of the mass distribution coefficient of ethanol in six 

hydrocarbons versus water at 298 – 373 K 
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The predictions of mass distribution coefficients for dilute acetone and ethanol in C4 – C6 

hydrocarbons versus water (𝐷𝐴𝑐𝑒
𝑚𝑎𝑠𝑠 and 𝐷𝐸𝑡

𝑚𝑎𝑠𝑠 respectively) are shown in Figure 4-9 and 

Figure 4-10 respectively.  These are shown for dilute compositions in the aqueous phase 

at a range of temperatures.  Figure 4-9 and Figure 4-10 show similar trends for the 

distribution coefficients of both acetone and ethanol in volatile hydrocarbons.  

Distribution coefficients increased with temperature for both products.  This was to be 

expected, because the activity coefficients of both ethanol and acetone in water were 

predicted to increase with temperature, whilst they were predicted to decrease with 

temperature in hydrocarbons.  The combination of these effects led to predictions of an 

increase in distribution coefficient by a factor of 3-4 between 25°C and 100°C, similar to 

the increase predicted for butanol.  Unlike butanol, the distribution coefficients of acetone 

and ethanol were not predicted to reach a maximum in this temperature range because the 

activity coefficients of ethanol and acetone in water do not pass through a maximum.  The 

concentration of ethanol and acetone does not appear to have a significant effect on 

distribution coefficient.   

For acetone, predicted values of distribution coefficients were relatively low compared to 

those of butanol: distribution coefficients of acetone ranged from ~0.25 kg/kg at 25°C to 

~0.8 kg/kg at 100°C for most of the hydrocarbons.  The exception was 1-butene, which 

was predicted to perform slightly better, with distribution coefficients ranging from 

0.5 kg/kg at 25°C to 1.2 kg/kg at 100°C.  Ethanol distribution coefficients were very low 

compared to butanol, with distribution coefficients ranging from around 0.025 kg/kg at 

25°C to 0.12 kg/kg at 100°C for n-hexane and n-pentane respectively; and 0.03-

0.05 kg/kg at 25°C to 0.15-0.20 kg/kg at 100°C for the C4 solvents. 

4.5.2 Predicted Selectivity of Butanol over Side-Products 

Figure 4-11 uses the predictions of distribution coefficients to calculate the selectivity of 

n-butanol over ethanol and acetone in hydrocarbon solvents versus water as a function of 

temperature and aqueous butanol composition.  Selectivity was calculated as: 

𝑆𝐵𝑢,𝐴𝑐𝑒(𝑚𝐵𝑢
𝑎𝑞 , 𝑇) =

𝐷𝐵𝑢
𝑚𝑎𝑠𝑠(𝑚𝐵𝑢

𝑎𝑞)

𝐷𝐴𝑐𝑒
𝑚𝑎𝑠𝑠(𝑚𝐴𝑐𝑒

𝑎𝑞
)
;  𝑆𝐵𝑢,𝐸𝑡(𝑚𝐵𝑢

𝑎𝑞 , 𝑇) =
𝐷𝐵𝑢
𝑚𝑎𝑠𝑠(𝑚𝐵𝑢

𝑎𝑞)

𝐷𝐴𝑐𝑒
𝑚𝑎𝑠𝑠(𝑚𝐸𝑡

𝑎𝑞
)

(4-19) 

where 𝑆𝐵𝑢,𝑗 is the selectivity of butanol over fermentation product 𝑗, 𝑇 is the extraction 

temperature (K) and 𝑚𝑖
𝑎𝑞

 is the mass fraction of fermentation product 𝑖 (wt%). 
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Figure 4-11: Predictions of selectivity of n-butanol over ethanol (solid lines) and 

acetone (dashed lines) in six hydrocarbons versus water at 298 – 373 K, for aqueous 

ABE mixtures in molar ratio 0.5 : 1: 0.167 (acetone: butanol: ethanol) 
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Acetone, butanol and ethanol were assumed to be present in the aqueous phase in the 

molar ratio of 0.5 : 1 : 0.167, typical for ABE broths (Green, 2011), which equate to a 

mass ratio of 0.4 : 1 : 0.1. 

The predictions of low distribution coefficients for ethanol compared with those of 

n-butanol is reflected in the selectivity of butanol over ethanol in Figure 4-11.  Predictions 

of the selectivity of butanol over ethanol ranged from around 10 – 30, with selectivity 

over ethanol generally predicted to decrease with temperature for the n-alkanes (the only 

solvents for which the temperature dependence of selectivity over ethanol was available).  

However, selectivity over ethanol in n-hexane demonstrated the opposite relationship 

with temperature at very low butanol concentration. 

Predictions of the selectivity of n-butanol over acetone showed considerably more 

variation across the solvents.  N-butane and n-pentane were predicted to produce butanol 

selectivities over acetone of ~3, with a small negative gradient with temperature.  

Conversely, butanol selectivities over acetone in n-hexane, 1-hexene and 1-butene were 

predicted to display larger, and mostly positive, gradients with temperature.  However, 

the selectivity over acetone was predicted to peak at 100°C for aqueous compositions of 

1 – 2 wt% butanol in these solvents.  The selectivity over acetone was found to be highest 

in 1-hexene (values of 4 - 8), and lowest in 1-butene and n-hexane (values of 1 – 3). 

4.5.3 Comparison with Experimental Measurements 

Published measurements of ternary LLE, or alternatively of liquid-liquid extraction 

(LLX) trials, for relevant systems were scarce, especially at low concentrations.  Three 

sources of ternary LLE for n-butanol in n-hexane and water were identified, in addition 

to a distribution coefficient of 0.5 kg/kg measured for butanol extraction by n-hexane at 

37°C (Groot et al., 1990).  The measurements of LLE were converted into distribution 

coefficients for comparison with model predictions of the distribution coefficient for 

n-hexane. This comparison is shown in Figure 4-12.  As shown in the figure, the model 

predictions loosely correspond with the measurements of Groot et al. (1990) and Islam 

and Kabadi (2011).  However, predictions are much lower than those of Sugi and 

Katayama (1977) and Gomis et al. (2012). 
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Figure 4-12: Comparison of predictions of the mass distribution coefficient of 

n-butanol in n-hexane versus water with experimental measurements of ternary 

LLE and liquid-liquid extraction tests 

[1] = Islam and Kabadi (2011); [2] = Sugi and Katayama (1977); 

[3] = Groot et al. (1990); [4] = Gomis et al. (2012) 
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Figure 4-13 and Figure 4-14 compare predictions of distribution coefficients of ethanol 

with those calculated from ternary LLE measurements available in the literature for 

ethanol in n-hexane and n-pentane versus water respectively.  However, the lowest 

compositions of ethanol available in the measurements of LLE were ~10 - 20 wt%.  At 

these ethanol compositions, the dilute assumptions of the model are not likely to be valid. 

As shown in Figure 4-13 and Figure 4-14, the distribution coefficients predicted for 

ethanol were of a similar order of magnitude to those calculated from experimental 

measurements of LLE.  However, significant disagreement existed between the scarce 

measurements of LLE for ethanol, even between those obtained from the same source. 

  

 

Figure 4-13: Comparison of predictions of mass distribution coefficient of ethanol 

in n-hexane versus water with measurements of ternary LLE by [1] Gomis et al. 

(2007) 
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4.5.4 Discussion 

The predictions of the distribution coefficients of butanol, shown in Figure 4-7, produced 

a similar trend to those estimated (at infinite dilution) in Section 2.6.  The estimates in 

Section 2.6 were calculated by considering the gradient of the bubble-point pressure at 

infinite dilution, relative to that of Raoult’s Law (ℳ ).  Predicted values for the 

distribution coefficients at infinite dilution in C6 hydrocarbons in Figure 4-7 were close 

to those estimated in Section 2.6.  This was expected, since ℳ ~0 for these hydrocarbons, 

and the value of distribution coefficient is largely unaffected by the accuracy of ℳ for 

ℳ  ~0.  However, for C4 hydrocarbons (for which ℳ~1), the estimates produced in 

Section 2.6 significantly underestimated the value of distribution coefficient.  Calculated 

distribution coefficients in 1-butene from Figure 4-7 were around twice those estimated 

in Section 2.6, whilst distribution coefficients in n-butane at low temperature were almost 

an order of magnitude higher than estimated in Section 2.6.  The higher values predicted 

in Figure 4-7 meant that the C4 alkanes were predicted to outperform n-hexane in terms 

of distribution coefficient by as much as a factor of 2, contrary to the conclusions based 

 

Figure 4-14: Comparison of predictions of mass distribution coefficient of ethanol 

in n-pentane versus water with measurements of ternary LLE by [1] Qasim et al. 

(2016) 
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on the estimates in Section  2.6.  N-butane had the highest distribution coefficient for 

butanol at infinite dilution at fermentation temperatures (~1 kg/kg at 37°C).   

Solvents with a high selectivity for butanol over acetone or ethanol would provide a 

highly selective extraction process, removing butanol with very little transfer of side-

products.  Solvents with a lower selectivity would mean a higher transfer of side-products, 

which would potentially allow side-products to be separated from the broth using the 

extraction process.  Figure 4-11 suggests that the selectivity of butanol over ethanol in C4 

– C6 hydrocarbons is very high, and hence transfer of ethanol into these solvents during 

extraction would probably be minimal.  The selectivity of butanol over acetone varies 

with solvent: it was predicted to be lower (~1.5) for 1-butene at fermentation temperatures 

and low aqueous compositions (< 1 wt% aqueous butanol); conversely, it was predicted 

to be ~4 for pentane at high aqueous compositions (>3 wt% aqueous butanol).  Therefore, 

with careful selection of the solvent and extraction temperature, it might be possible to 

remove substantial quantities of acetone side-products from the fermentation broth as part 

of an extraction using volatile hydrocarbons.  Equally, it would be possible to remove 

butanol selectively.  Acetone’s high volatility would mean that even if high quantities 

were transferred to the extractant, a substantial proportion of the acetone in the extractant 

stream would be vaporised during distillation. 

As shown in Figures 4-12 – 4-14, there was significant disagreement amongst different 

sources of LLE measurements, suggesting that the LLE at these low concentrations is 

difficult to measure accurately.  LLE measurements suffer from similar experimental 

difficulties as those found in 𝑃𝑥𝑦 VLE measurements, because the concentration of two 

phases must be measured simultaneously, requiring recirculating equilibrium cells.  

Regardless, the model predicted distributions coefficients of a similar magnitude to those 

given by measurements of LLE.  However, due to the variation in, and limited quantity 

of, measurements at dilute concentrations, it is difficult to draw any firm conclusions 

about the accuracy of the distribution coefficient model in comparison with empirical 

values. 

4.5.5 Conclusion 

Of the six solvents modelled, 1-butene shows the greatest potential as an extractant, 

especially for extraction at an elevated temperature or in broths of high butanol titre.  The 

mass distribution coefficients of 1-hexene and n-butane were predicted to be similar to 

those of 1-butene at fermentation temperatures, and indeed slightly higher at 25°C at 
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infinite dilution.  The lower volatility of 1-hexene means that it would require highly 

reduced pressures to perform distillation from butanol using low-grade heat.  However, 

n-butane would be an excellent potential alternative to 1-butene, especially for extractions 

of dilute butanol at fermentation temperatures, with both solvents yielding a mass 

distribution coefficient at infinite dilution of ~1 kg/kg at 37°C. 

As expected, a significant increase in butanol distribution coefficient with temperature 

was predicted, increasing by a factor of around 3 - 4 between 25°C and 100°C.  However, 

some solvents showed a peak in distribution coefficient at the upper end of this 

temperature range for higher compositions of butanol.  Predictions of the distribution 

coefficients of iso-butanol in n-hexane were slightly higher than those of n-butanol, by 

up to 25% at higher temperatures and at infinite dilution.  This suggests that the energy 

requirements for the separation of iso-butanol would be lower than those of n-butanol in 

an extraction process employing volatile hydrocarbons as extractants.  However, further 

equilibria measurements for iso-butanol systems are required to confirm this conclusion. 

But-1-ene was also predicted to possess the highest distribution coefficients for acetone 

amongst the solvents modelled, with a mass distribution coefficient for acetone of 

~0.6 kg/kg at 37°C.  This is potentially advantageous if the extraction of acetone is 

desirable.  Distribution coefficients for ethanol for all solvents were predicted to be very 

low (~0.1 kg/kg).  The predictions of distribution coefficient loosely correlate with the 

limited quantity of measurements of LLE available at low solute concentrations.  

However, the accuracy and limited quantity of these measurements made verifying the 

model impossible. 

 Design and Efficiency of the Liquid-Liquid Extraction Unit 

Thus far, the equilibria of the extraction of butanol from the aqueous broth into 

hydrocarbons has been investigated.  However, in practice, the effects of mass transport 

might limit the transfer of butanol in the extraction.  There are many designs of extraction 

units, but two simple design cases will be considered here: 

• Direct extraction in the fermenter, in situ; 

• Counter-current extraction ‘in stream’ 

4.6.1 Direct Extraction in the Fermenter, in situ 

Direct extraction in the fermenter is attractive because it does not involve additional 

equipment.  If sufficient contact time and area were provided between the two phases, it 
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would be possible to achieve near-equilibrium between the aqueous broth and a 

hydrocarbon extractant in the fermenter, thereby maximizing the concentration of butanol 

in the solvent phase. 

One simple design to achieve high contact between the two phases would be to disperse 

the solvent in the broth at the bottom of the fermenter.  Since the solvent is lighter than 

the aqueous phase, the bubbles of solvent would rise and coalesce at the surface, forming 

a layer of solvent containing extracted products.  Butanol-rich solvent might be drawn off 

this top layer and sent to the distillation system for solvent recovery.  The solvent flowrate 

could be used to control (and hence limit) the butanol titre in the broth to prevent product 

toxicity. 

Whilst direct extraction in the fermenter is an attractive proposition, there are several 

design challenges and restrictions.  Firstly, the extraction would be performed at the broth 

temperature; extraction at elevated temperature would not be possible.  In addition, the 

fermenter would have to be operated at a total pressure above the solvent vapour pressure 

at the fermentation temperature in order to keep the solvent in the liquid phase.  This 

could be problematic for the more volatile solvents, such as C4 hydrocarbons, which 

would necessitate operating the fermenter at pressures in excess of 3 – 4 bara.  This 

elevated pressure could impact on gas product (e.g. CO2) concentrations in the liquid 

broth, and consequently affect the organism productivity.  In addition, significant 

quantities of volatile solvent might be evaporated into the fermenter off-gas, potentially 

necessitating even higher pressures to minimise this loss, or requiring energy-intensive 

solvent recovery from the fermenter off-gas. 

Solvent loss in the gas phase might be even more problematic in the fermentation of 

synthesis gases, where gas flowrates are high.  However, such fermentation systems 

might benefit from operating at elevated pressure, since this improves mass transfer of 

CO and H2 substrates into the broth.  In situ extraction could also result in significant 

quantities of gaseous substrate being carried over into the solvent phase.  Fermenter 

designs for the fermentation of synthesis gases are often relatively complex in order to 

assist with the poor mass transfer of CO and H2 into the aqueous phase, and so the addition 

of another liquid phase might complicate this further.  High levels of agitation in the 

fermenter could prevent the dispersed solvent phase from coalescing, leading to foaming 

or the formation of emulsions. 



Chapter 4: Modelling the Extraction of Fermentation Products using Volatile Hydrocarbons 

Paul J. Hodgson - November 2018    147 

In situ extraction would also lead to an increased direct exposure of organisms to the 

solvent, thereby exacerbating the any effects of the toxicity of the solvent.  Indirect 

toxicity issues (due to removal of key intermediates, for example) might also be 

exacerbated due to high mass transfer driving forces between the broth and the solvent. 

Many of these issues cannot easily be accounted for theoretically, and vary with the 

fermenter type, fermentation process and organism.  Key properties for the quantification 

of problems such as mass transfer and solvent coalescence include interfacial tensions, 

phase densities and viscosities, all of which vary significantly with the exact broth 

composition.  Therefore, experimental work on the relevant organism, fermenter and 

broth would be required in order to examine these issues.  However, extraction of butanol 

directly in the fermenter remains an attractive proposition due to its apparent simplicity 

and high driving force for mass transfer.  It is probably feasible for some fermentation 

processes, given that it has been demonstrated for other solvents, e.g. for the extraction 

of butanol directly into biodiesel (Yen and Wang, 2013).  Some researchers have taken 

the idea further still, and have proposed conducting ABE fermentation, extraction, and 

distillation separation of the solvent and butanol, all in a single unit (Jin et al., 2017). 

4.6.2 Counter-Current Extraction, ‘in stream’ 

Counter-current extraction in a separate unit to the fermenter would require an additional 

piece of equipment compared to direct extraction in the fermenter.  However, this would 

allow more flexibility in the design.  Employing a separate liquid-liquid extractor would 

de-couple the mass transfer processes in the fermenter from those in the extraction, 

allowing each of these to be optimised separately.  The extraction could be performed at 

a different temperature from that of the fermentation; in the presence of organisms in 

stream; or following the filtration of the organisms, when thermal shock or toxicity issues 

are of concern.  The extraction could also be performed at a different pressure to the 

fermentation, reducing issues surrounding gaseous fermentation substrates and products 

in the fermenter.  Depending on the design of the extraction system, the system could be 

optimised to reduce the formation of emulsions and to separate the two phases efficiently. 

Counter-current operation would allow the driving force for mass transfer to be 

maximised, although a large number of stages might be required to produce solute 

concentrations close to equilibrium with the fermentation broth.  Many different types of 

counter-current equipment exist and are well-documented, the choice of which depends 

on the physical properties of the extraction and the scale of operation (Treybal, 1951).  
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These include: spray towers; packed towers; baffle towers; perforated plate-towers; 

mixer-settler systems; spinner columns. 

The number of stages employed in a counter-current liquid extraction is a compromise 

between the number of equilibrium stages (which increases capital costs, and operation 

costs due to increased pressure drops) and the effective distribution coefficient achieved 

in the distillation column.  This compromise has been briefly examined in the model 

depicted in Figure 4-15.  In this simple model, the following simplifying assumptions 

were made: 

• Only butanol and water were considered in the fermentation broth.  This was 

considered to be a reasonable approximation for this simple model, given that the 

predictions of the selectivity of butanol over side-products were high, and that the 

concentration of other components in the broth would probably be very low. 

• Water and the solvent were approximated as being completely immiscible and 

hence only butanol and the solvent were considered in the solvent phase.  Given 

the low mutual solubilities of water with C4 – C5 hydrocarbons, this assumption 

was reasonable. 

• Butanol was assumed to be dilute (c.f. typical broth titres of ~1 wt%) 

• The solvent recycle was assumed to be pure (i.e. butanol-free).  Due to the high 

volatility difference between C4 – C5 hydrocarbons and butanol, this was a 

reasonable approximation for the separation by distillation of butanol and the 

solvent. 

• The mass distribution coefficient was assumed to be approximately constant for 

the range of butanol compositions in the extractor; the extractor was assumed to 

be isothermal to eliminate any variations due to temperature. 

The distribution coefficient based on mass fractions, rather than the molar distribution 

coefficient, was employed.  For butanol systems, molar distribution coefficients were 

found to vary slightly more with butanol composition in the relevant range (0 - ~ 3wt%)) 

than their equivalent mass distribution coefficients, due to the difference in the molar 

masses of butanol and water. 

The proportion of butanol drawn from the broth transferred into the solvent phase was 

defined in the parameter 𝜂 (‘transfer efficiency’): 

𝜂 =
Butanol in solvent product

Butanol in aqueous LLX feed
(4-20) 
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Therefore, if 𝐵 kg of butanol were present in the aqueous feed to the LLX, 𝜂. 𝐵 kg of 

butanol would be transferred to the solvent, and (1 − 𝜂)𝐵  kg of butanol would be 

recycled to the fermenter, as shown in Figure 4-15.  By neglecting the mutual solubility 

of water and the solvent, and assuming the aqueous phase is dilute (𝐵 ≪ 𝑊): 

𝑚𝑓𝑒𝑟𝑚 =
𝐵

𝐵 +𝑊
≅
𝐵

𝑊
(4-21) 

𝑚𝑟𝑒𝑐𝑦𝑐𝑙𝑒 =
(1 − 𝜂)𝐵

(1 − 𝜂)𝐵 +𝑊
≅
(1 − 𝜂)𝐵

𝑊
= (1 − 𝜂)𝑚𝑓𝑒𝑟𝑚 (4-22) 

By assuming that the distribution coefficient was approximately constant with butanol 

composition, and the system was dilute and immiscible (i.e. solvent flowrates in both 

phases were constant in the extraction), the number of theoretical equilibrium stages was 

calculated from the Kremser equations (Green, 1997). Assuming that the solvent recycle 

was butanol-free, the number of theoretical equilibrium stages (𝑁) was given by: 

 

Figure 4-15: Simple model of counter-current extraction, in stream, of butanol from 

fermentation broths 

𝑚𝑥 = mass fraction of butanol in stream x 

Counter-Current

LLX

N stages

Solvent Recycle

S kg solvent

Distillation Feed

ηB kg butanol

S kg solvent

mfeed = ηB/(ηB+S)

mfeed = βD.mferm

Aqueous Broth

B kg butanol

W kg water

mferm = B/(B+W)

Water Recycle

η.B kg butanol

W kg water

mrecycle = (1-η)B/((1-η)B+W)

If dilute: ~= (1-η).mferm

Overall effective 

distribution coefficient: 

D = βD

β = D /D
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𝑁 =

{
 
 

 
 ln [(

𝑚𝑓𝑒𝑟𝑚
𝑚𝑟𝑒𝑐𝑦𝑐𝑙𝑒

) (1 −
1
𝜖) +

1
𝜖]

ln 𝜖
, 𝜖 ≠ 1

𝑚𝑓𝑒𝑟𝑚

𝑚𝑟𝑒𝑐𝑦𝑐𝑙𝑒
− 1, 𝜖 = 0

(4-23) 

𝜖 =
𝑆. 𝐷𝐵𝑢

𝑚𝑎𝑠𝑠

𝑊
(4-24) 

The ‘extraction efficiency’, 𝛽, was defined as the difference between the distribution 

coefficient at equilibrium (𝐷𝐵𝑢
𝑚𝑎𝑠𝑠) and the effective distribution coefficient (𝐷𝐵𝑢

′𝑚𝑎𝑠𝑠), i.e. 

the ratio between the mass fraction in aqueous butanol (the broth drawn from the 

fermenter, 𝑚𝑓𝑒𝑟𝑚) and the mass fraction of butanol in the solvent extract (the ‘feed’ to 

the distillation system, 𝑚𝑓𝑒𝑒𝑑): 

𝛽 =
𝐷′𝐵𝑢
𝑚𝑎𝑠𝑠

𝐷𝐵𝑢
𝑚𝑎𝑠𝑠 ;  𝐷′𝐵𝑢

𝑚𝑎𝑠𝑠 =
𝑚𝑓𝑒𝑒𝑑

𝑚𝑓𝑒𝑟𝑚
(4-25) 

Hence, from the definitions of 𝛽 and 𝜂, the number of theoretical stages is given by: 

𝜖 =
𝜂

𝛽
(4-26) 

𝑁 =

{
 
 

 
 ln (

1 − 𝜂
1 − 𝛽

)

ln (
𝜂
𝛽
)

, 𝜂 ≠ 𝛽

𝜂

1 − 𝜂
, 𝜂 = 𝛽

(4-27) 

Hence, as 𝜂 or 𝛽 approach unity, the number of theoretical stages approaches infinity.  

The transfer efficiency, 𝜂, affects the aqueous flowrate to and from the fermenter.  This 

can be shown by considering the quantity of butanol transferred (assuming the aqueous 

phase is dilute): 

𝜂𝐵 = (𝑚𝑟𝑒𝑐𝑦𝑐𝑙𝑒 −𝑚𝑓𝑒𝑟𝑚)𝑊 (4-28) 

Therefore, substituting eqs. (4-21) and (4-22) for 𝑚𝑓𝑒𝑟𝑚 and 𝑚𝑟𝑒𝑐𝑦𝑐𝑙𝑒: 

∴ (
𝑊

𝜂𝐵
) =

1

𝜂.𝑚𝑓𝑒𝑟𝑚
 kg/kg butanol transfered (4-29) 

Hence, low values of transfer efficiency increase any operating costs associated with the 

aqueous side (e.g. pumping costs, any heating and cooling loads).  Conversely, the 

extraction efficiency, 𝛽, affects the concentration of butanol produced on the solvent side, 
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and so lower values of 𝛽  increase the cost of solvent distillation by reducing the 

concentration of butanol fed to the distillation system (𝑚𝑓𝑒𝑒𝑑): 

𝑚𝑓𝑒𝑒𝑑 = 𝛽.𝑚𝑓𝑒𝑟𝑚. 𝐷𝐵𝑢
𝑚𝑎𝑠𝑠(𝑇𝑒𝑥𝑡) (4-30) 

Furthermore, higher values of extraction efficiency (𝛽) reduce the quantity of solvent 

required (𝑆), which was given by: 

𝑚𝑓𝑒𝑒𝑑 =
𝜂𝐵

𝑆 + 𝜂𝐵
≅
𝜂𝐵

𝑆
 (dilute butanol) (4-31) 

∴ (
𝑆

𝜂𝐵
) ≅

1

𝑚𝑓𝑒𝑒𝑑
=

1

𝛽.𝑚𝑓𝑒𝑟𝑚. 𝐷𝐵𝑢
𝑚𝑎𝑠𝑠(𝑇𝑒𝑥𝑡)

kg/kg butanol transfered (4-32) 

Therefore, the solvent-to-aqueous ratio is given by: 

∴ (
𝑆

𝑊
) ≅

𝜂

𝛽. 𝐷𝐵𝑢
𝑚𝑎𝑠𝑠(𝑇𝑒𝑥𝑡)

 kg/kg (4-33) 

Hence, high values of extraction efficiency would probably be more advantageous than 

high values of transfer efficiency, since the operating costs on the aqueous side of the 

extraction would likely be relatively trivial compared to the operating costs on the solvent 

side of the extraction (which include distillation).  However, a compromise for these two 

competing factors must be found since distillation costs might mostly be provided for by 

low-grade, waste heat.  The optimisation of these two parameters was explored in a 

flowsheet model for the entire separation system in Chapter 5. 

Figure 4-16 shows the relationship between the number of theoretical stages and the 

transfer and extraction efficiencies.  As can be seen, relatively high extraction efficiencies 

can be achieved for a relatively low number of theoretical equilibrium stages; e.g. 90% 

extraction efficiency is achievable in 4 stages with a transfer efficiency of 70%.  This 

equates to a solvent-to-aqueous ratio of ~0.8 kg/kg (for distribution coefficients 

~1 kg/kg), which equates to ~1.3 m3/m3. 

In practice, the number of stages required would be higher than that calculated for the 

number of equilibrium stages, due to mass transfer resistances.  This is often accounted 

for in a ‘stage efficiency’ parameter, which is the ratio of theoretical to actual stages.  This 

efficiency depends on the type and design of equipment used, operation parameters such 

as flowrates, and the physical properties of the two streams.  Since mass transfer 

parameters are difficult to measure directly, this efficiency is often calculated from 

empirical correlations (Green, 1997; Treybal, 1951).  Because the calculation of mass 
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transfer coefficients is complex and highly dependent on the properties of the broth and 

the precise design of extractor, the calculation of stage efficiency has not been examined 

in this work. 

As an alternative to calculating stage efficiency, the efficiencies of column systems can 

be expressed in terms of the height of an equivalent theoretical stage or plate (HETS or 

HETP).  Sinnott (2005) suggest that typical HETS values are 1 – 2.5 m for sieve plates 

and 0.5 – 1.5 m for packed columns.  These values would suggest that a 10 m column 

would provide the equivalent of 4 – 20 theoretical equilibrium stages.  A 10 m column 

would require around 1 bar additional pressure to overcome hydrostatic pressure (noting 

that the pressure at the top of the column must still be above the vapour pressure of the 

solvent), in addition to any other pressure losses in the extraction column, e.g. due to 

dispersion. 

Figure 4-17 details the transfer efficiency as a function of extraction efficiency for a 

counter-current extraction with 5 equilibrium stages.  As can be seen in Figure 4-17, high 

 

Figure 4-16: Number of theoretical equilibrium stages (𝑵 ) in a liquid-liquid 

extraction as a function of extraction efficiency (𝜷) and transfer efficiency (𝜼) 
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extraction efficiencies could be achieved in such an extractor without reducing transfer 

efficiency dramatically. 

4.6.3 Conclusion  

Direct in situ extraction from fermentation broths is an attractive proposal due to its 

apparent simplicity and high efficiency.  However, in practice, this approach might cause 

several issues for extractions employing volatile hydrocarbons as solvents, particularly in 

fermentations which produce significant quantities of off-gas.  Issues of organism toxicity 

to solvents would also be exacerbated.  Direct in situ extraction also limits the temperature 

of the extraction to that of the fermentation.  Careful design of the fermenter would be 

required to achieve adequate mass transfer and phase separation, which could be difficult 

in complex fermentations where substrate mass transfer is also poor. 

In stream extraction is more flexible and conventional, allowing operation with or without 

cells present, in addition to permitting operation at an elevated temperature.  However, it 

would require additional unit operations, and reduces the driving force for mass transfer.  

For a counter-current extraction of butanol from water using volatile hydrocarbons, a 

simple model was developed to explore the relationship between the size of an extractor 

column, the ‘extraction efficiency’ (the proportion of equilibrium distribution coefficient 

achieved) and the ‘transfer efficiency’ (the proportion of butanol transferred in the 

 

Figure 4-17: Transfer efficiency (𝜼) as a function of extraction efficiency (𝜷) for a 

counter-current liquid-liquid extraction with 5 theoretical equilibrium stages 
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extractor).  The model predicted that, for this system, a column around 10 m high (5 

theoretical equilibrium stages) could achieve an extraction efficiency of 90% (i.e. very 

close to the equilibrium), with a transfer efficiency of around 70%.  It was postulated that 

high extraction efficiency was preferred over high transfer efficiency, since extraction 

efficiency impacts on the concentration of butanol and the solvent flowrate on the solvent 

side of the extraction. 
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5. A Flowsheet Model of Liquid-Liquid 

Extraction using Volatile Hydrocarbons 

 Introduction 

In this chapter, a simple flowsheet model was built to estimate the energy consumption 

of a separation system for the extraction of aqueous butanol using volatile hydrocarbons.  

Many researchers have screened potential liquid extractants based on their distribution 

coefficient for aqueous butanol (e.g. Dadgar and Foutch, 1986; Groot et al., 1990; Kim 

et al., 1999).  Whilst this is an important factor in the selection of a suitable extractant, it 

has merely been used as a rough proxy for the energy consumption of the system in these 

studies.  This has meant that such studies have over-looked extractants such as volatile 

hydrocarbons.  The results of the flowsheet model have allowed for a fairer comparison 

of potential extractants. 

Here, the separation of a binary mixture of butanol and water was considered.  This is 

equivalent to System 1 in simulations of distillation outlined in Appendix A.  It was not 

possible to predict the solubility of water in the mixture of the solvent and butanol 

produced in the extraction, or the solubility of the hydrocarbon in the aqueous phase from 

the measurements of equilibria available.  The mutual solubilities of pure water and the 

relevant hydrocarbons were shown to be very low in the investigation in Section 2.4 (e.g. 

the solubilities of C4 – C5 hydrocarbons in water were < 0.1 wt% at fermentation 

temperatures).  Therefore, in the absence of ternary equilibria for the solubilities of water 

and the relevant hydrocarbons in butanol-water-hydrocarbon mixtures, the mutual 

solubility of water and the solvent was neglected for the purposes of the simple flowsheet 

model.  In addition, side-products and other components in the broth were neglected. 

The effects of mutual solubility and of multicomponent broths could be considered in a 

more detailed model, in order to investigate their impacts on the purity of the butanol 

product and on the requisite purge rates of the solvent and broth recycles.  A more 

complex, multicomponent simulation of the separation system could readily be built in, 

for example, a Process simulation package such as UniSim Design.  However, UniSim 

Design cannot employ flexible activity models such as the Legendre activity model.  For 

the purposes of this chapter, a simple flowsheet model was found to be more illustrative 
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of the behaviour and limitations of the extraction scheme, and also allowed for rapid 

testing and comparison of different solvents and operating conditions simultaneously.  

 Assumptions and Methodology 

5.2.1 Assumptions 

A simple model was developed to estimate the energy required for the separation of 

n-butanol from water using C4 – C6 hydrocarbons as extractants.  The following 

assumptions were made: 

• Only binary separation of n-butanol and water was considered; other broth 

components were neglected. 

• The mutual solubility of water and hydrocarbons was neglected and is justified on 

the basis that the mutual solubility of these components is minimal, as discussed 

in Section 2.4 

• The distribution coefficients predicted in Chapter 4, based on binary activity 

models and neglecting the mutual solubility of water and hydrocarbons, were 

assumed to be valid.  This was justified on the basis that butanol is dilute in 

fermentation broths (c.f. typical broth titres of ~0.25 mol% butanol) and so ternary 

interactions are negligible. 

• Liquid-liquid extraction was modelled using the model developed in Chapter 4.  

The liquid-liquid extractor was assumed to be a column-type unit operated with 

counter-current contacting.  The effect of hydrostatic pressure over the height of 

the column on the operating conditions was accounted for but the system was 

assumed to be isothermal meaning that enthalpy of mixing and external heat 

transfer  were assumed to be negligble.  The mass distribution coefficient of 

butanol was approximated as being constant with butanol concentration.  The 

effect of butanol concentration on distribution coefficient was considered in 

Chapter 4, where it was shown to be reasonably constant over a range of dilute 

concentrations of butanol. 

• Distillation columns and heat exchangers were assumed to be isobaric in order to 

simplify the model.  No compressors were required in the design, and so negligible 

additional energy would be required for pumping to account for any pressure 

losses. 
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• Heat exchangers were assumed to be operated in counter-current to maximise heat 

recovery. 

• Since C4 – C6 hydrocarbon solvents have high volatilities compared to butanol, 

separation via distillation is relatively simple.  Therefore, the tops product 

compoisition for both columns were approximated as pure solvent. 

• Distillation columns were designed using the Fenske-Underwood-Gilliland short-

cut method (Green, 1997), which assumed constant molar overflow in the 

columns.  For the purposes of calculating the minimum number of stages required 

using the Fenske equation, a purity of 99.99 mol% was assumed for the solvent in 

the distillates and for the butanol product.  For all other purposes in the flowsheet 

model, the solvent was approximated as pure in the distillate and the butanol 

product was approximated as pure, due to their high purity specifications. 

• Minimum boiling-point azeotropes were ignored.  These were predicted to form 

for C6 hydrocarbons with butanol above ~30°C (at a very low butanol 

concentration).  Whilst this might be problematic for C6 hydrocarbons in practice, 

C6 hydrocarbons were merely included in this flowsheet model for comparison 

with C4 – C5 hydrocarbons.  In any case, the very low total pressures required to 

perform the distillation of C6 hydrocarbons and butanol using low-grade heat 

would likely make the use of C6 hydrocarbons unfeasible. 

5.2.2 Model of a Simple Distillation Column 

Figure 5-1 shows a simple approach to calculating the heat required for the distillation of 

butanol and volatile hydrocarbon solvents.  Consider what happens when 𝐵 kg butanol 

and 𝑆 kg solvent is fed to the column as a mixed feed in a given time.  Taking a mass 

balance over the column yields a solvent mass (𝑆) in each stream as: 

𝑆 =
(1 − 𝑚𝑓𝑒𝑒𝑑)

𝑚𝑓𝑒𝑒𝑑
𝐵; 𝑆𝑏𝑜𝑡 =

(1 −𝑚𝑏𝑜𝑡)

𝑚𝑏𝑜𝑡
𝐵 (5-1) 

𝑆𝑡𝑜𝑝 = 𝑆 − 𝑆𝑏𝑜𝑡 (5-2) 

where 𝑚𝑓𝑒𝑒𝑑 and 𝑚𝑏𝑜𝑡 are the mass fractions of butanol in the distillation column feed 

and bottoms respectively, and 𝐵 is the mass of butanol in the feed. 



A Novel Technique for the Separation of Dilute Butanol from Aqueous Fermentation Broths 

158  Paul J. Hodgson - November 2018 

An energy balance on the condenser yields the condenser duty (𝐸𝑐𝑜𝑛𝑑) as: 

𝐸𝑐𝑜𝑛𝑑 = (𝑅 + 1)𝑆𝑡𝑜𝑝Δ𝐻̂𝑠𝑜𝑙𝑣
𝑣𝑎𝑝(𝑇𝑐𝑜𝑛𝑑) (5-3) 

where 𝑅 is the reflux ratio and Δ𝐻̂𝑠𝑜𝑙𝑣
𝑣𝑎𝑝(𝑇𝑐𝑜𝑛𝑑) is the specific enthalpy of vaporisation of 

the solvent at the condenser temperature (𝑇𝑐𝑜𝑛𝑑). 

An energy balance on the distillation column itself yields the reboiler duty (𝐸𝑟𝑒𝑏𝑜𝑖𝑙) as:  

𝐸𝑟𝑒𝑏𝑜𝑖𝑙 = 𝑆𝑡𝑜𝑝[ 𝐻̂𝑠𝑜𝑙𝑣
𝐿 (𝑇𝑐𝑜𝑛𝑑) + (𝑅 + 1)Δ𝐻̂𝑠𝑜𝑙𝑣

𝑣𝑎𝑝(𝑇𝑐𝑜𝑛𝑑)]                                                 

+ [𝑆𝑏𝑜𝑡 𝐻̂𝑠𝑜𝑙𝑣
𝐿 (𝑇𝑟𝑒𝑏𝑜𝑖𝑙) +  𝐵𝐻̂𝐵𝑢

𝐿 (𝑇𝑟𝑒𝑏𝑜𝑖𝑙) + (𝑆𝑏𝑜𝑡 + 𝐵)Δ𝐻̂𝐵𝑢.𝑆
𝐿𝐸 (𝑚𝑟𝑒𝑏𝑜𝑖𝑙 , 𝑇𝑓𝑒𝑒𝑑)]

− [𝑆 𝐻̂𝑠𝑜𝑙𝑣
𝐿 (𝑇𝑓𝑒𝑒𝑑) +  𝐵𝐻̂𝐵𝑢

𝐿 (𝑇𝑓𝑒𝑒𝑑) + (𝑆 + 𝐵)Δ𝐻̂𝐵𝑢.𝑆
𝐿𝐸 (𝑚𝑓𝑒𝑒𝑑, 𝑇𝑓𝑒𝑒𝑑)] (5-4)

 

 

Figure 5-1: Simple model of a distillation column for the binary separation of 

butanol from volatile hydrocarbon solvents. Here, 𝒎𝑿 = mass fraction of butanol in 

stream X.  TX = temperature of stream X 
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Specific liquid enthalpies (𝐻̂𝐿(𝑇)) and enthalpies of vaporisation (Δ𝐻̂𝑠𝑜𝑙𝑣
𝑣𝑎𝑝(𝑇)) were 

calculated as a function of temperature (𝑇) from DIPPR correlations . The parameters and 

equations used for the calculation of pure component properties are given in the 

Supplementary Material included with this dissertation.  Excess enthalpies of mixing 

(Δ𝐻𝐿
𝐸
(𝑚, 𝑇)) were neglected as they were found to be negligible in comparison to latent 

heats of vaporisation when calculated using the Legendre activity model for butanol-

solvent pairs. 

The minimum reflux ratio (𝑅𝑚𝑖𝑛, for an infinite number of stages) was estimated using 

the Underwood equations (Green, 1997).  For a binary mixture of hydrocarbon (HC) and 

butanol (Bu), assuming a saturated liquid feed (𝑞 = 1), the 1st Underwood equation 

collapses to: 

𝑅𝑚𝑖𝑛 =
1

(𝛼𝐻𝐶,𝐵𝑢 − 1)
[
(1 − 𝑥𝑐𝑜𝑛𝑑)

(1 − 𝑥𝑓𝑒𝑒𝑑)
− (

𝑥𝑐𝑜𝑛𝑑
𝑥𝑓𝑒𝑒𝑑

)𝛼𝐻𝐶,𝐵𝑢] (5-5) 

where 𝑥𝑖 is the mole fraction of butanol at location 𝑖 and 𝛼𝐻𝐶,𝐵𝑢 is the average relative 

volatility of the solvent versus butanol, approximated as the geometric average at the 

conditions in the condenser and reboiler: 

𝛼𝐻𝐶,𝐵𝑢 = [𝛼𝐻𝐶,𝐵𝑢(𝑇𝑐𝑜𝑛𝑑, 𝑥𝑐𝑜𝑛𝑑). 𝛼𝐻𝐶,𝐵𝑢(𝑇𝑟𝑒𝑏𝑜𝑖𝑙, 𝑥𝑟𝑒𝑏𝑜𝑖𝑙)]
0.5

(5-6) 

where relative volatility is defined as usual as the ratio of the vapour (𝑦) and liquid (𝑥) 

molar composition at equilibrium: 

𝛼𝐻𝐶,𝐵𝑢(𝑇, 𝑥𝐵𝑢) =
𝐾𝐻𝐶
𝐾𝐵𝑢

=
(𝑦/𝑥)𝐻𝐶
(𝑦/𝑥)𝐵𝑢 

(5-7) 

The K values follow from the general condition for VLE for component 𝑖: 

𝐾𝑖 =
𝑦𝑖
𝑥𝑖
=

𝛾𝑖(𝑥𝑖, 𝑇, 𝑃). (𝜙𝑖
𝑠𝑎𝑡 . 𝑃𝑖

𝑠𝑎𝑡) exp (
𝑉𝑖
𝐿(𝑃 − 𝑃𝑖

𝑠𝑎𝑡)
𝑅𝑇 )

𝜙𝑖(𝑦𝑖, 𝑇, 𝑃). 𝑃
(5-8)

 

Thus 𝐾𝑖 was be calculated using the Leg-virial Model developed in Chapter 3 (comprising 

the Legendre activity model for the liquid phase and the virial equation of state for the 

vapour phase).  Alternatively, where column temperatures exceeded the Leg-virial 

Model, 𝛼𝐻𝐶,𝐵𝑢 was calculated by assuming Raoult’s Law, which approximates 𝛼𝐻𝐶,𝐵𝑢 as: 

𝛼𝐻𝐶,𝐵𝑢 = [
𝑃𝐻𝐶
𝑠𝑎𝑡(𝑇𝑐𝑜𝑛𝑑)

𝑃𝐵𝑢
𝑠𝑎𝑡(𝑇𝑐𝑜𝑛𝑑)

.
𝑃𝐻𝐶
𝑠𝑎𝑡(𝑇𝑟𝑒𝑏𝑜𝑖𝑙)

𝑃𝐵𝑢
𝑠𝑎𝑡(𝑇𝑟𝑒𝑏𝑜𝑖𝑙)

]

0.5

(5-9) 
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where 𝑃𝐻𝐶
𝑠𝑎𝑡(𝑇) and 𝑃𝐵𝑢

𝑠𝑎𝑡(𝑇) are the saturation pressures of the hydrocarbon solvent and 

butanol respectively at temperature 𝑇. 

Noting that the butanol content in the condenser (𝑥𝑐𝑜𝑛𝑑) was negligible, the minimum 

reflux ratio simplified to: 

𝑅𝑚𝑖𝑛 =
1

(𝛼𝐻𝐶,𝐵𝑢 − 1)

1

(1 − 𝑥𝑓𝑒𝑒𝑑)
(5-10) 

The minimum number of stages at total reflux (𝑁𝑚) was approximated by the Fenske 

equation (Green, 1997), which for a binary mixture of hydrocarbon solvent and butanol 

is given by: 

𝑁𝑚 =
ln (
𝑥𝑟𝑒𝑏𝑜𝑖𝑙(1 − 𝑥𝑐𝑜𝑛𝑑)
𝑥𝑐𝑜𝑛𝑑(1 − 𝑥𝑟𝑒𝑏𝑜𝑖𝑙)

)

ln 𝛼𝐻𝐶,𝐵𝑢
(5-11)

 

For the purpose of the Fenske equation, purities of 99.99 mol% were assumed for solvent 

in the distillate, and for the butanol product.  The actual number of stages (𝑁) and the 

actual reflux ratio (𝑅) were related via the Gilliland correlation using values of  𝑅𝑚𝑖𝑛 and 

𝑁𝑚 (Green, 1997): 

𝑁 − 𝑁𝑚
𝑁 + 1

= 1 − exp [(
1 + 54.4𝛹

11 + 117.2𝛹
)
(𝛹 − 1)

𝛹0.5
] (5-12) 

Ψ =
𝑅 − 𝑅𝑚𝑖𝑛
𝑅 + 1

(5-13) 

5.2.3 Operating Conditions of the Flowsheet Distillation Columns 

Figure 5-2 proposed a flowsheet for the separation of butanol and the volatile solvent 

using a scheme with two distillation columns in order to utilise low-grade heat. 
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Four grades of heat were required in the flowsheet model: cooling water, low-grade heat, 

extraction-grade heat, and high-grade heat.  The temperature of the cooling water (𝑇𝐶𝑊) 

available is dependent on plant location and climate.  This temperature, plus some driving 

force Δ𝑇𝑐𝑜𝑛𝑑, determined the condenser temperature in distillation column 1 (DC1) and 

hence determined the pressure in DC1 (𝑃𝐷𝐶1).  As the condenser was assumed to contain 

near-pure solvent: 

𝑇𝑐𝑜𝑛𝑑
𝐷𝐶1 = 𝑇𝐶𝑊 + Δ𝑇𝑐𝑜𝑛𝑑 (5-14) 

𝑃𝐷𝐶1 = 𝑃𝑠𝑜𝑙𝑣
𝑠𝑎𝑡 (𝑇𝑐𝑜𝑛𝑑

𝐷𝐶1 ) (5-15) 

Pure vapour pressures were calculated using DIPPR correlations, the parameters and 

equations for which are given in the Supplementary Material included with this 

dissertation.  Low-grade heat was assumed to be provided at least in part by the fermenter.  

Therefore the fermentation temperature (𝑇𝑓𝑒𝑟𝑚) was used to determine the temperature of 

low-grade heat (𝑇𝐿𝐺): 

𝑇𝐿𝐺 = 𝑇𝑓𝑒𝑟𝑚 (5-16) 

Low-grade heat was used in the reboiler of DC1, and so the temperature of the reboiler 

stage on DC1 (𝑇𝑟𝑒𝑏𝑜𝑖𝑙
𝐷𝐶1 ) was determined by the temperature of the low-grade heat, minus 

a driving force (Δ𝑇𝑟𝑒𝑏𝑜𝑖𝑙): 

𝑇𝑟𝑒𝑏𝑜𝑖𝑙
𝐷𝐶1 = 𝑇𝐿𝐺 − Δ𝑇𝑟𝑒𝑏𝑜𝑖𝑙 (5-17) 

Note that since the condenser temperature (𝑇𝑐𝑜𝑛𝑑
𝐷𝐶1 ) must be below the reboiler temperature 

(𝑇𝑟𝑒𝑏𝑜𝑖𝑙
𝐷𝐶1 ) in DC1: 

𝑇𝑟𝑒𝑏𝑜𝑖𝑙
𝐷𝐶1 > 𝑇𝑐𝑜𝑛𝑑

𝐷𝐶1 (5-18) 

∴ (𝑇𝐿𝐺 − Δ𝑇𝑟𝑒𝑏𝑜𝑖𝑙) > (𝑇𝐶𝑊 + Δ𝑇𝑐𝑜𝑛𝑑) (5-19) 

∴ 𝑇𝐶𝑊 < 𝑇𝑓𝑒𝑟𝑚 − (Δ𝑇𝑟𝑒𝑏𝑜𝑖𝑙 + Δ𝑇𝑐𝑜𝑛𝑑) (5-20) 

Equation (5-20) means that there is a limit to the magnitude of temperature driving forces 

on the condenser and reboiler.  For example, if the temperature of cooling water was 

20°C, and the fermenter temperature was 37°C, then the condenser and reboiler 

temperature driving forces must sum to less than 17 K (average 8.5 K per heat exchanger).  

These temperature driving forces are relatively low, and so would necessitate large 

transfer areas on the heat exchangers.  However, heat transfer coefficients for boiling and 

condensation processes are very high, which would help to reduce the transfer area 

required. 
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The reboiler was at vapour-liquid equilibrium (VLE), and so the temperature and pressure 

in the reboiler determined the composition of butanol produced in the bottoms of DC1.  

This composition can be found using the general condition for VLE for each component, 

𝑖: 

𝜙𝑖(𝑦𝑖, 𝑇, 𝑃). 𝑦𝑖𝑃 = 𝛾𝑖(𝑥𝑖, 𝑇, 𝑃). 𝑥𝑖(𝜙𝑖
𝑠𝑎𝑡 . 𝑃𝑖

𝑠𝑎𝑡). exp (
𝑉𝑖
𝐿(𝑃 − 𝑃𝑖

𝑠𝑎𝑡)

𝑅𝑇
) (5-21) 

where 𝑇 = 𝑇𝑟𝑒𝑏𝑜𝑖𝑙
𝐷𝐶1 , 𝑃 = 𝑃𝐷𝐶1 .  Activity coefficients ( 𝛾𝑖 ) were calculated from the 

Legendre activity model developed in Chapter 3 for binary mixtures of butanol and the 

relevant hydrocarbons (the ‘Leg-virial Model’).  Fugacity coefficients ( 𝜙𝑖 ) were 

calculated using the virial equation (detailed in Appendix D).   The VLE conditions (eq. 

(5-21)) were solved iteratively for butanol and the relevant hydrocarbon to find the liquid 

composition, 𝑥𝑖 at VLE.  This was converted into a mass fraction to give 𝑚𝐷𝐶1, the mass 

fraction of butanol produced by DC1. 

The aqueous broth and the solvent recycle required heating to the extraction temperature 

(𝑇𝑒𝑥𝑡) before entering the extraction column.  This was performed in liquid-phase heat 

exchangers (with a temperature driving force Δ𝑇𝐻𝑋 ).  The extraction temperature 

determined the temperature of extraction-grade heat ( 𝑇𝐸𝐺 ) required in these heat 

exchangers: 

𝑇𝐸𝐺 = 𝑇𝑒𝑥𝑡 + Δ𝑇𝐻𝑋 (5-22) 

The first distillation column could not completely separate the solvent from butanol due 

to the limited temperature gradient in DC1.  The second distillation column (DC2) 

completed the separation.  This was conducted at an elevated pressure that was selected 

to produce extraction-grade heat in the condenser of DC2, thereby maximising useful heat 

recovery in this column.  Given that the condenser contained approximately pure solvent, 

the pressure of DC2 (𝑃𝐷𝐶2) was equal to the saturation pressure of the solvent at the 

temperature of extraction-grade heat: 

𝑃𝐷𝐶2 = 𝑃𝑠𝑜𝑙𝑣
𝑠𝑎𝑡 (𝑇𝐸𝐺) (5-23) 

The heat for the reboiler in DC2 was provided by high-grade heat.  As DC2 was assumed 

to produce approximately pure butanol in the bottoms, the temperature of high-grade heat 

(𝑇𝐻𝐺) required was determined by the saturation temperature of butanol at the column 

pressure (𝑃𝐷𝐶2), plus a temperature driving force Δ𝑇𝑟𝑒𝑏𝑜𝑖𝑙: 

𝑇𝐻𝐺 = 𝑇𝐵𝑢
𝑠𝑎𝑡(𝑃𝐷𝐶2) + Δ𝑇𝑟𝑒𝑏𝑜𝑖𝑙 (5-24) 
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5.2.4 Model of the Extraction 

Figure 5-3 outlines the flowsheet for the extraction of butanol from an aqueous broth.  In 

stream extraction, operated in counter-current, was assumed for the extraction.  The 

simple model outlined in Section 4.6.2 was employed.  The extraction efficiency (𝛽) 

related the effective and equilibrium distribution coefficients in the LLX column: 

𝑚𝑓𝑒𝑒𝑑 = 𝛽.𝑚𝑓𝑒𝑟𝑚. 𝐷𝐵𝑢
𝑚𝑎𝑠𝑠(𝑚𝑓𝑒𝑟𝑚, 𝑇𝑒𝑥𝑡) (5-25) 

The mass distribution coefficient at equilibrium, 𝐷𝐵𝑢
𝑚𝑎𝑠𝑠 , was approximated as being 

constant with the composition of butanol in the extractor.  The predictions of distribution 

coefficient of butanol made in Chapter 4 were used to calculate 𝐷𝐵𝑢
𝑚𝑎𝑠𝑠, evaluated at the 

extraction temperature (𝑇𝑒𝑥𝑡)  and the mass fraction of butanol in the aqueous feed 

(𝑚𝑓𝑒𝑟𝑚).  

If 𝐵 kg of butanol were transferred in the LLX column, then the butanol in the fermenter 

draw would therefore be 𝐵/𝜂 and thus the butanol in the fermenter recycle 𝐵(1 − 𝜂)/𝜂.  

The transfer efficiency, 𝜂 , therefore affects the flowrate of water to and from the 

fermenter (𝑊): 

𝑊 =
𝐵

𝜂

(1 − 𝑚𝑓𝑒𝑟𝑚)

𝑚𝑓𝑒𝑟𝑚
 (5-26) 

As derived in Section 4.6.2, the number of theoretical equilibrium LLX stages was related 

to the transfer and extraction efficiencies by: 

𝑁𝐿𝐿𝑋 =

{
 
 

 
 ln (

1 − 𝛽
1 − 𝜂)

ln (
𝜂
𝛽
)

, 𝜂 ≠ 𝛽

𝜂

1 − 𝜂
, 𝜂 = 𝛽

(5-27) 

The number of equilibrium stages (𝑁𝐿𝐿𝑋) was assumed to be 5.  As discussed in Chapter 

4 this allows for high extraction and transfer efficiencies to be achieved.  This equates to 

a column height of ~10 m, assuming a height of an equivalent theoretical stage (HETS) 

of 2 m (Sinnott, 2005).  As discussed in Chapter 4, a wide range of standard designs for 

the extraction system (including a series of mixers instead of a column system) could be 

employed depending on the properties of the broth and extractant.  For the purposes of 

this model, the performance of the extractor is summarised by the extraction and transfer 

efficiency and the pressure drop (1 bara). 
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It was necessary to ensure that the solvent was in the liquid phase in the extraction column 

at 𝑇𝑒𝑥𝑡 .  Therefore, the pressure of DC2 (𝑃𝐷𝐶2), equivalent to the vapour pressure of 

solvent at 𝑇𝐸𝐺 , was assumed at the top of the extraction column.  However, the hydrostatic 

pressure gradient ( Δ𝑃𝑒𝑥𝑡,𝐻 ) meant that the pressure was ~1 bara higher (height, 

𝐻𝐿𝐿𝑋~10 m; density 𝜌~1000 kg/m3) at the bottom of the extraction column, i.e.: 

𝑃𝑒𝑥𝑡 = 𝑃𝐷𝐶2 + Δ𝑃𝑒𝑥𝑡,𝐻 = 𝑃𝐷𝐶2 + 𝜌𝑔𝐻𝐿𝐿𝑋 = 𝑃𝐷𝐶2 + 1 bara (5-28) 

Therefore, the solvent was at least Δ𝑇𝐻𝑋 below its saturation temperature throughout the 

extractor. 

Initially, the extraction efficiency (𝛽 ) of the LLX column was assumed to be 90%, 

yielding a transfer efficiency (𝜂) of 75%.  The impact of varying extraction and transfer 

efficiencies was also examined. 

5.2.5 Heating Requirements for the Aqueous Phase 

In order to perform extractions at a higher temperature than the fermentation, the aqueous 

broth would need heating before entering the extraction column.  The butanol-lean water 

produced by the extraction would also need cooling back to the temperature of the 

fermentation before broth recycle.  If the extraction temperature were more than Δ𝑇𝐻𝑋 

above the fermentation temperature, a portion of these heat loads could be heat integrated 

in ‘Aqueous HX’, as shown in Figure 5-3.  Assuming counter-current operation, the 

temperature pinch occurs at the cold end of ‘Aqueous HX’ (𝑇𝑓𝑒𝑟𝑚, 𝑇𝑓𝑒𝑟𝑚 + Δ𝑇𝐻𝑋 ).  

Neglecting the excess heat capacity of water and butanol, the heat recovered in ‘Aqueous 

HX’ was calculated as: 

𝐸𝐴𝑞 𝐻𝑋 = 𝑊[ 𝐻̂𝐻2𝑂
𝐿 (𝑇𝑒𝑥𝑡) − 𝐻̂𝐻2𝑂

𝐿 (𝑇2)] +
𝐵(1 − 𝜂)

𝜂
[𝐻̂𝐵𝑢

𝐿 (𝑇𝑒𝑥𝑡) − 𝐻̂𝐵𝑢
𝐿 (𝑇2)] (5-29) 

where: 

𝑇2 = {
𝑇𝑓𝑒𝑟𝑚 + Δ𝑇𝐻𝑋 , 𝑇𝑓𝑒𝑟𝑚 + Δ𝑇𝐻𝑋 < 𝑇𝑒𝑥𝑡

𝑇𝑒𝑥𝑡, 𝑇𝑓𝑒𝑟𝑚 + Δ𝑇𝐻𝑋 ≥ 𝑇𝑒𝑥𝑡
(5-30) 

Similarly, the low-grade heat recovered by the water recycle in ‘Aqueous Cooler’ was 

given by: 

𝐸𝐿𝐺
𝑎𝑞
= 𝑊[ 𝐻̂𝐻2𝑂

𝐿 (𝑇2) − 𝐻̂𝐻2𝑂
𝐿 (𝑇𝑓𝑒𝑟𝑚)] +

𝐵(1 − 𝜂)

𝜂
[𝐻̂𝐵𝑢

𝐿 (𝑇2) − 𝐻̂𝐵𝑢
𝐿 (𝑇𝑓𝑒𝑟𝑚)] (5-31) 

The extraction-grade heat required for heating the aqueous broth in ‘Aqueous Heater’ was 

calculated as: 
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𝐸𝐴𝑞 𝐻𝑋 = 𝑊[ 𝐻̂𝐻2𝑂
𝐿 (𝑇𝑒𝑥𝑡) − 𝐻̂𝐻2𝑂

𝐿 (𝑇1)] +
𝐵

𝜂
[𝐻̂𝐵𝑢

𝐿 (𝑇𝑒𝑥𝑡) − 𝐻̂𝐵𝑢
𝐿 (𝑇1)] + 𝐸𝐴𝑞 𝐻𝑋 (5-32) 

5.2.6 Heating Requirements for the Organic Phase 

The mass of solvent required (𝑆 ) was calculated from the mass fraction of butanol 

produced by the extraction, 𝑚𝑓𝑒𝑒𝑑: 

𝑆 =
(1 − 𝑚𝑓𝑒𝑒𝑑)

𝑚𝑓𝑒𝑒𝑑
𝐵 (5-33) 

where 𝐵 is the mass of butanol transferred in the extraction (kg).  Similarly, the mass of 

solvent in the feed of DC2 (𝑆𝐷𝐶2) was calculated from the mass fraction of butanol 

produced in the bottoms of DC1 (𝑚𝐷𝐶1), assuming 100% recovery of butanol in the 

bottoms of DC1: 

𝑆𝐷𝐶2 =
(1 −𝑚𝐷𝐶1)

𝑚𝐷𝐶1
𝐵 (5-34) 

The mass of solvent produced in the distillate of DC1 was calculated as the difference 

between 𝑆 and 𝑆𝐷𝐶1: 

𝑆𝐷𝐶1 = 𝑆 − 𝑆𝐷𝐶2 = (
(1 − 𝑚𝑓𝑒𝑒𝑑)

𝑚𝑓𝑒𝑒𝑑
−
(1 −𝑚𝐷𝐶1)

𝑚𝐷𝐶1
)𝐵 (5-35) 

Both DC1 and DC2 were assumed to be isobaric and were assumed to have 10 and 20 

equilibrium stages respectively (𝑁𝐷𝐶1 = 10, 𝑁𝐷𝐶2 = 20 ).  The reflux ratio in each 

column (𝑅𝐷𝐶1, 𝑅𝐷𝐶2 ) was calculated using the Fenske-Underwood-Gilliland method 

outlined in Section 5.2.2.  Relative volatility (𝛼𝐻𝐶,𝐵𝑢 ) for DC1 was calculated by 

employing the Leg-virial Models developed in Chapter 3 at the condenser and reboiler 

conditions in eqs. (5-6) – (5-65-8).  The temperature of DC2 exceeds 100°C, the upper 

limit of the measurements on which the Leg-virial Model was based.  Therefore, for the 

purposes of estimating the relative volatility in order to estimate the minimum reflux ratio 

of DC2, Raoult’s Law was assumed (eq. (5-9)).  This was a reasonable approximation at 

these temperatures, since the activity coefficient of butanol at trace composition in 

hydrocarbons (as in the distillate) was found to be closer to unity at 100°C than at lower 

temperatures. 

The condenser duty of DC1 (𝐸𝐶𝑊
𝐷𝐶1) was assumed to be provided by cooling water and 

was calculated using the model of a simple distillation column: 
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𝐸𝐶𝑊
𝐷𝐶1 = (𝑅𝐷𝐶1 + 1)𝑆𝐷𝐶1Δ𝐻̂𝑠𝑜𝑙𝑣

𝑣𝑎𝑝(𝑇𝑐𝑜𝑛𝑑
𝐷𝐶1 ) = (𝑅𝐷𝐶1 + 1)𝑆𝐷𝐶1Δ𝐻̂𝑠𝑜𝑙𝑣

𝑣𝑎𝑝(𝑇𝐶𝑊 + Δ𝑇𝑐𝑜𝑛𝑑)(5-36) 

The condenser in DC1 produced liquid solvent at a temperature 𝑇𝑐𝑜𝑛𝑑
𝐷𝐶1  (= 𝑇𝐶𝑊 + Δ𝑇𝑐𝑜𝑛𝑑), 

which, after being pumped back up to extraction pressure, was re-heated to the extraction 

temperature ( 𝑇𝑒𝑥𝑡) before solvent recycle.  The reboiler in DC1 produced the bottoms 

product at a low temperature (𝑇𝐿𝐺 − Δ𝑇𝑟𝑒𝑏𝑜𝑖𝑙), which also required re-heating before the 

distillation in DC2 at a higher temperature.  Depending on the magnitude of the 

temperature driving forces of the reboiler and condenser, some of the heat required for 

both of these re-heating operations could be provided by the feed to DC1, which was at 

the extraction temperature (𝑇𝑒𝑥𝑡).  This feed stream, by definition, has a similar heat 

capacity to the sum of the output streams of the fermenter (neglecting excess heat capacity 

and change in heat capacity over this small temperature range).  This heat integration was 

performed in ‘DC1 HX1’ and ‘DC1 HX2’.  Assuming counter-current operation, the 

pinch in temperature occurred at the hot end of both of these heat exchangers (𝑇𝑒𝑥𝑡,

𝑇𝑒𝑥𝑡 − Δ𝑇𝐻𝑋).  The heat transferred in DC1 HX1 (𝐸𝐷𝐶1,𝐻𝑋1) was calculated by: 

𝐸𝐷𝐶1 𝐻𝑋1 = 𝑆𝐷𝐶1 (𝐻̂𝑠𝑜𝑙𝑣
𝐿 (𝑇3) − 𝐻̂𝑠𝑜𝑙𝑣

𝐿 (𝑇𝐶𝑊 + Δ𝑇𝑐𝑜𝑛𝑑)) (5-37) 

where 𝑇3  depends on the viability of heat transfer (dependent on the magnitude of 

temperature driving forces): 

𝑇3 = {
𝑇𝑒𝑥𝑡 − Δ𝑇𝐻𝑋, 𝑇𝐶𝑊 + Δ𝑇𝑐𝑜𝑛𝑑 < 𝑇𝑒𝑥𝑡 − Δ𝑇𝐻𝑋
𝑇𝐶𝑊 + Δ𝑇𝑐𝑜𝑛𝑑, 𝑇𝐶𝑊 + Δ𝑇𝑐𝑜𝑛𝑑 ≥ 𝑇𝑒𝑥𝑡 − Δ𝑇𝐻𝑋

(5-38) 

Similarly, the heat transferred in DC1 HX2 (𝐸𝐷𝐶1,𝐻𝑋2) was calculated by: 

𝐸𝐷𝐶1 𝐻𝑋2 = 𝑆𝐷𝐶2 (𝐻̂𝑠𝑜𝑙𝑣
𝐿 (𝑇4) − 𝐻̂𝑠𝑜𝑙𝑣

𝐿 (𝑇𝐶𝑊 + Δ𝑇𝑐𝑜𝑛𝑑))                      

+𝐵 (𝐻̂𝐵𝑢
𝐿 (𝑇4) − 𝐻̂𝐵𝑢

𝐿 (𝑇𝐶𝑊 + Δ𝑇𝑐𝑜𝑛𝑑)) (5-39)
 

where 𝑇4 depends on the viability of heat transfer and was given by: 

𝑇4 = {
𝑇𝑒𝑥𝑡 − Δ𝑇𝐻𝑋 , 𝑇𝐿𝐺 + Δ𝑇𝑟𝑒𝑏𝑜𝑖𝑙 < 𝑇𝑒𝑥𝑡 − Δ𝑇𝐻𝑋

𝑇𝐿𝐺 − Δ𝑇𝑟𝑒𝑏𝑜𝑖𝑙, 𝑇𝐿𝐺 + Δ𝑇𝑟𝑒𝑏𝑜𝑖𝑙 ≥ 𝑇𝑒𝑥𝑡 − Δ𝑇𝐻𝑋
(5-40) 

The reboiler duty in DC1, provided by low-grade heat, was calculated using the model of 

a simple distillation column.  The heat removed by DC1 HX1 (𝐸𝐷𝐶1 𝐻𝑋1) and DC1 HX2 

(𝐸𝐷𝐶1 𝐻𝑋2) from the feed to DC1 at 𝑇𝑒𝑥𝑡 must be accounted for: 

𝐸𝐿𝐺
𝐷𝐶1 = 𝐸𝐷𝐶1 𝐻𝑋1 + 𝐸𝐷𝐶1 𝐻𝑋2 + 𝑆𝐷𝐶1[𝐻̂𝑠𝑜𝑙𝑣

𝐿 (𝑇𝑐𝑜𝑛𝑑
𝐷𝐶1 ) + (𝑅𝐷𝐶1 + 1)Δ𝐻̂𝑠𝑜𝑙𝑣

𝑣𝑎𝑝(𝑇𝑐𝑜𝑛𝑑
𝐷𝐶1 )] 

+[𝑆𝐷𝐶2 𝐻̂𝑠𝑜𝑙𝑣
𝐿 (𝑇𝑟𝑒𝑏𝑜𝑖𝑙

𝐷𝐶1 ) +  𝐵𝐻̂𝐵𝑢
𝐿 (𝑇𝑟𝑒𝑏𝑜𝑖𝑙

𝐷𝐶1 )]

− [𝑆 𝐻̂𝑠𝑜𝑙𝑣
𝐿 (𝑇𝑒𝑥𝑡) +  𝐵𝐻̂𝐵𝑢

𝐿 (𝑇𝑒𝑥𝑡) + (𝑆 + 𝐵)Δ𝐻̂𝐵𝑢.𝑆
𝐿𝐸 (𝑚𝑓𝑒𝑒𝑑, 𝑇𝑒𝑥𝑡)] (5-41)

 



Chapter 5: A Flowsheet Model of Liquid-Liquid Extraction using Volatile Hydrocarbons 

Paul J. Hodgson - November 2018    169 

The condenser in DC2 provided extraction-grade heat.  Its duty (𝐸𝐸𝐺
𝐷𝐶2 ) was also 

calculated using the simple distillation model: 

𝐸𝐸𝐺
𝐷𝐶2 = (𝑅𝐷𝐶2 + 1)𝑆𝐷𝐶2Δ𝐻̂𝑠𝑜𝑙𝑣

𝑣𝑎𝑝(𝑇𝐸𝐺) (5-42) 

The final portion of heat required for re-heating the solvent recycle from DC1 to the 

extraction temperature (𝑇𝑒𝑥𝑡) was provided by a combination of direct heating via mixing 

with the solvent recycle from DC2 (which was at 𝑇𝐸𝐺 , i.e. Δ𝑇𝐻𝑋 above 𝑇𝑒𝑥𝑡 required), and 

heating using extraction-grade heat in ‘Solvent Heater’, as shown in Figure 5-2.  A heat 

balance yields the extraction-grade heat required by ‘Solvent Heater’ as: 

𝐸𝐸𝐺
𝑆 = 𝑆 𝐻̂𝑠𝑜𝑙𝑣

𝐿 (𝑇𝑒𝑥𝑡) − 𝑆𝐷𝐶1𝐻̂𝑠𝑜𝑙𝑣
𝐿 (𝑇∗2) − 𝑆𝐷𝐶2𝐻̂𝑠𝑜𝑙𝑣

𝐿 (𝑇𝐸𝐺) (5-43) 

However, if the amount of solvent distilled in DC2 exceeded that produced by DC1, it 

was possible that 𝐸𝐸𝐺
𝑆  could become negative.  In this circumstance, instead of requiring 

extraction grade heat, the heat exchanger ‘Solvent Heater’ produced low-grade heat 𝐸𝑆,𝐿𝐺: 

𝐸𝐿𝐺
𝑆 = −[𝑆 𝐻̂𝑠𝑜𝑙𝑣

𝐿 (𝑇𝑒𝑥𝑡) − 𝑆𝐷𝐶1𝐻̂𝑠𝑜𝑙𝑣
𝐿 (𝑇∗2) − 𝑆𝐷𝐶2𝐻̂𝑠𝑜𝑙𝑣

𝐿 (𝑇𝐸𝐺)]

𝐸𝐸𝐺
𝑆 = 0 (5-44)

 

The feed to DC2 could be pre-heated further after DC1 HX2 up to the extraction 

temperature using extraction-grade heat.  This was performed in ‘DC2 Preheat’, as shown 

in Figure 5-2, and the extraction-grade heat required (𝐸𝐸𝐺
𝐷𝐶1) was calculated as: 

𝐸𝐸𝐺
𝐷𝐶1 = 𝑆𝐷𝐶2 (𝐻̂𝑠𝑜𝑙𝑣

𝐿 (𝑇𝑒𝑥𝑡) − 𝐻̂𝑠𝑜𝑙𝑣
𝐿 (𝑇4))                      

+𝐵 (𝐻̂𝐵𝑢
𝐿 (𝑇𝑒𝑥𝑡) − 𝐻̂𝐵𝑢

𝐿 (𝑇4)) (5-45)
 

The DC2 reboiler required high-grade heat and produced butanol product at temperature 

𝑇𝑟𝑒𝑏𝑜𝑖𝑙
𝐷𝐶2 .  Some of this heat could be recovered and used to pre-heat the feed for DC2 

further still in ‘DC2 HX’.  Since the feed to DC2, by definition, has a higher heat capacity 

than the butanol product, the temperature pinch for this heat exchanger occurred at the 

cold end ( 𝑇𝑟𝑒𝑏𝑜𝑖𝑙
𝐷𝐶1 , 𝑇𝑟𝑒𝑏𝑜𝑖𝑙

𝐷𝐶1 + Δ𝑇𝐻𝑋 ), assuming counter-current operation.  The heat 

transferred in ‘DC2 HX’ (𝐸𝐷𝐶2,𝐻𝑋) was calculated as: 

𝐸𝐷𝐶2 𝐻𝑋 = 𝐵 (𝐻̂𝐵𝑢
𝐿 (𝑇𝑟𝑒𝑏𝑜𝑖𝑙

𝐷𝐶2 ) − 𝐻̂𝐵𝑢
𝐿 (𝑇𝑟𝑒𝑏𝑜𝑖𝑙

𝐷𝐶1 + Δ𝑇𝐻𝑋)) (5-46) 

The reboiler duty of DC2 was then calculated in a similar manner to that of DC1, by 

employing the simple distillation model.  As for the calculation of the duty of DC1, the 

heat provided by DC2 HX (𝐸𝐷𝐶2 𝐻𝑋) to the feed to DC2 at 𝑇𝑒𝑥𝑡 must be accounted for: 
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𝐸𝐻𝐺 = 𝑆𝐷𝐶2[𝐻̂𝑠𝑜𝑙𝑣
𝐿 (𝑇𝐸𝐺) + (𝑅𝐷𝐶2 + 1)Δ𝐻̂𝑠𝑜𝑙𝑣

𝑣𝑎𝑝(𝑇𝐸𝐺)] +  𝐵𝐻̂𝐵𝑢
𝐿 (𝑇𝑟𝑒𝑏𝑜𝑖𝑙

𝐷𝐶2 )             

−[𝑆𝐷𝐶2 𝐻̂𝑠𝑜𝑙𝑣
𝐿 (𝑇𝑒𝑥𝑡) +  𝐵𝐻̂𝐵𝑢

𝐿 (𝑇𝑒𝑥𝑡)] − 𝐸𝐷𝐶2 𝐻𝑋 (5-47)
 

Finally, a small amount of low-grade heat could be recovered from the butanol product 

stream (assuming that Δ𝑇𝑟𝑒𝑏𝑜𝑖𝑙  Δ𝑇𝐻𝑋) in ‘Butanol Cooler’: 

𝐸𝐿𝐺
𝐵𝑢 = 𝐵 (𝐻̂𝐵𝑢

𝐿 (𝑇𝐿𝐺 + Δ𝑇𝐻𝑋 − Δ𝑇𝑟𝑒𝑏𝑜𝑖𝑙) − 𝐻̂𝐵𝑢
𝐿 (𝑇𝐿𝐺)) (5-48) 

This produced butanol at 𝑇𝐿𝐺 = 𝑇𝑓𝑒𝑟𝑚. 

5.2.7 Total Heating Requirements 

All streams (B, W) entered and left the model at the fermentation temperature (𝑇𝑓𝑒𝑟𝑚), 

and hence the net heating minus the net cooling requirements summed to zero (since 

excess enthalpies of mixing were neglected). 

The extraction-grade energies were summed to give the total extraction-grade heat 

required by the system: 

𝐸𝐸𝐺 = 𝐸𝐸𝐺
𝑆 + 𝐸𝐸𝐺

𝑎𝑞 − 𝐸𝐸𝐺
𝐷𝐶2 (5-49) 

If the net extraction-grade heat, 𝐸𝐸𝐺 , was negative (i.e. surplus extraction-grade heat was 

produced), then this heat was employed as low-grade heat.  Therefore, the total low-grade 

heat required was calculated as: 

𝐸𝐿𝐺 = {
𝐸𝐿𝐺
𝐷𝐶1 − 𝐸𝐿𝐺

𝐵𝑢 − 𝐸𝐿𝐺
𝑎𝑞 − 𝐸𝐿𝐺

𝑆 , 𝐸𝐸𝐺 > 0

𝐸𝐿𝐺
𝐷𝐶1 − 𝐸𝐿𝐺

𝐵𝑢 − 𝐸𝐿𝐺
𝑎𝑞 − 𝐸𝐿𝐺

𝑆 + 𝐸𝐸𝐺 , 𝐸𝐸𝐺  0
(5-50) 

Finally, if the net low-grade heat, 𝐸𝐿𝐺 , was negative (i.e. surplus low-grade heat 

produced), then in this scenario equated, further cooling was required.  This cooling was 

performed by cooling water.  Hence, the total demand for cooling water was given by: 

𝐸𝐶𝑊 = {
𝐸𝐶𝑊
𝐷𝐶1, 𝐸𝐿𝐺 > 0

𝐸𝐶𝑊
𝐷𝐶1 − 𝐸𝐿𝐺 , 𝐸𝐿𝐺  0

(5-51) 

5.2.8 Pumping Requirements 

Four pumps are shown in Figures 5-2 and 5-3:  

• ‘Aqueous Pump’, which pumps fermenter draw from fermenter pressure to the 

extraction pressure 

• ‘DC1 Pump’, which pumps condensate from DC1 to the extraction pressure 

• ‘DC2 Pump’, which pumps condensate from DC2 to the extraction pressure 

• ‘DC2 Feed Pump’, which pumps the bottoms from DC1 to the pressure in DC2 
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For the purposes of calculating the energy required for pumping, an isentropic efficiency 

of 85% was assumed.  Due to the relatively small pressure changes involved in the system, 

any temperature rise in the liquid during pumping was neglected.  The volume change on 

mixing of water or solvent and butanol was also neglected.  The energy required for each 

of the four pumps was therefore given by: 

Aqueous Pump: 

𝐸𝑎𝑞−𝑃 = ((
𝐵

𝜂
) 𝑉̂𝐵𝑢(𝑇𝑓𝑒𝑟𝑚) +𝑊 𝑉̂𝐻2𝑂(𝑇𝑓𝑒𝑟𝑚))

(𝑃𝑒𝑥𝑡 − 𝑃𝑓𝑒𝑟𝑚)

0.85
(5-52) 

DC1 Pump 

𝐸𝐷𝐶1−𝑃 = (𝑆𝐷𝐶1 𝑉̂𝑠𝑜𝑙𝑣(𝑇𝑐𝑜𝑛𝑑,𝐷𝐶1))
(𝑃𝑒𝑥𝑡 − 𝑃𝐷𝐶1)

0.85
(5-53) 

DC2 Pump 

𝐸𝐷𝐶2−𝑃 = (𝑆𝐷𝐶2 𝑉̂𝑠𝑜𝑙𝑣(𝑇𝑐𝑜𝑛𝑑,𝐷𝐶2))
(𝑃𝑒𝑥𝑡 − 𝑃𝐷𝐶1)

0.85
(5-54) 

DC2 Feed Pump 

𝐸𝐷𝐶2 𝑓𝑒𝑒𝑑−𝑃 = (𝐵 𝑉̂𝐵𝑢(𝑇𝑟𝑒𝑏𝑜𝑖𝑙,𝐷𝐶1) + 𝑆𝐷𝐶2 𝑉̂𝑠𝑜𝑙𝑣(𝑇𝑟𝑒𝑏𝑜𝑖𝑙,𝐷𝐶1))
(𝑃𝐷𝐶2 − 𝑃𝐷𝐶1)

0.85
(5-55) 

It should be noted that, depending on the extraction and fermentation pressure, the 

‘Aqueous Pump’ might be required on the recycle stream rather than on the broth draw 

as shown in Figure 5-3 (e.g. solvents with normal vapour pressures below 1 bara).  

However, in this simulation, a fermenter pressure of 1 bara was assumed, and a 

hydrostatic head in the extraction column (Δ𝑃𝑒𝑥𝑡,𝐻) of 1 bara was assumed.  Therefore, 

the extraction pressure was always above the fermentation pressure. 

The power requirement of the pumps was electrical which was assumed to be provided 

by electrical production from heat produced in the upstream process.  A conservative 

efficiency of 25% was assumed for the conversion of heat produced upstream in the plant 

to electricity. 
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5.2.9 Simulation in Matlab 

The flowsheet was simulated in MathWorks® MATLAB.  Simulation in a software 

package such as Matlab was particularly advantageous over a flowsheet package, such as 

UniSim, because it allowed simultaneous simulation of the model at many different 

operating conditions in order to optimise energy consumption. 

Table 5-1 – Summary of numerical assumptions for the flowsheet simulation of the 

extraction of aqueous butanol by volatile hydrocarbons 

Parameter Symbol Value Unit 

Temperature Driving Force, DC1 and DC2 Reboiler Δ𝑇𝑟𝑒𝑏𝑜𝑖𝑙 5 °C 

Temperature Driving Force, DC1 Condenser Δ𝑇𝑐𝑜𝑛𝑑 5 °C 

Temperature Driving Force, all other heat exchangers Δ𝑇𝐻𝑋 10 °C 

Cooling Water Temperature 𝑇𝐶𝑊 20 °C 

Fermentation Temperatures 𝑇𝑓𝑒𝑟𝑚 30 – 40 °C 

Extraction Temperatures 𝑇𝑒𝑥𝑡 30 – 100 °C 

Fermenter Pressure 𝑃𝑓𝑒𝑟𝑚 1 bara 

Isentropic Efficiency of Pumps  85 % 

Efficiency of conversion of heat to electrical power  25 % 

LLX Column, Hydrostatic Pressure Δ𝑃𝑒𝑥𝑡,𝐻 1 bara 

Number of Equilibrium Stages, LLX Column 𝑁𝐿𝐿𝑋 5  

Number of Equilibrium Stages, Distillation Column 1 𝑁𝐷𝐶1 10  

Number of Equilibrium Stages, Distillation Column 2 𝑁𝐷𝐶2 20  

Table 5-1 summarises the numerical assumptions made in the flowsheet simulation.  

Physical properties (specific volumes, enthalpies of vaporisation, liquid enthalpies) were 

calculated as a function of temperature using DIPPR correlations (Rowley et al., 2008), 

the parameters and equations for which are given in the Supplementary Material included 

with this dissertation. 



Chapter 5: A Flowsheet Model of Liquid-Liquid Extraction using Volatile Hydrocarbons 

Paul J. Hodgson - November 2018    173 

 Results of the Simple Flowsheet Model for Extractions 

Performed at Fermentation Temperatures 

The flowsheet model was firstly run for cases in which the extraction was performed at 

the same temperature as the fermentation.  This approach is simpler than extraction at 

elevated temperatures, because it could potentially be performed without cell removal, 

which might otherwise be required to prevent thermal shock.  A cooling water 

temperature of 20°C was assumed.  A temperature difference of 5°C was assumed in the 

condensers (Δ𝑇𝑐𝑜𝑛𝑑) and the DC1 reboiler (Δ𝑇𝑟𝑒𝑏𝑜𝑖𝑙), and a temperature difference of 

10°C was assumed for all other heat exchangers (Δ𝑇𝐻𝑋).  These temperature driving 

forces of the reboiler and condenser in DC1 combined with the temperature of the cooling 

water necessitated a minimum fermentation temperature of 30°C via eq. (5-20) in order 

to utilise low-grade heat at the fermentation temperature in DC1.  Fermentation 

temperatures in the range 30 – 40°C were therefore investigated. 

Figure 5-4 shows the operating conditions (temperatures and pressures) for the system 

with fermentation temperatures in this range.  As can be seen in Figure 5-4a-b, extractions 

employing C5 and C6 hydrocarbons as solvents required reduced pressures in DC1 and 

significantly so for C6 solvents.  Conversely, C4 hydrocarbons required elevated pressures 

in both columns, up to 7 bara for the most volatile (iso-butane) in DC2.  The operating 

temperatures determined by the fermentation temperature and the temperature driving 

forces are detailed in Figure 5-4c.  As shown, the fermentation temperature is equal to the 

extraction temperature.  The temperature gradient in DC1, i.e. the difference between the 

condenser and reboiler temperatures in DC1, thereby increased with fermentation 

temperature.  As shown in Figure 5-4c, a fermentation temperature of at least 30°C was 

required to provide a temperature gradient in DC1; at 30°C, the temperature of the reboiler 

equals that of the condenser in DC1.  The temperature of high-grade heat was a function 

of the extraction temperature (and hence, of the fermentation temperature in this case), as 

shown in Figure 5-4d for each solvent.  It increased approximately linearly with 

fermentation temperature, up to a maximum of ~190°C for extraction by iso-butane from 

a broth at 40°C. 
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Figure 5-4a-d: Operating temperatures and pressures in the flowsheet model for 

extractions from aqueous butanol at fermentation temperatures 
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The actual and minimum reflux ratios, and the minimum number of stages for both DC1 

and DC2, as calculated by the Fenske-Underwood-Gilliland method, is shown in Figure 

5-5.  As expected, the reflux ratio in DC1 was low (~0.1 for C4 hydrocarbons) due to the 

large difference in volatility between the solvents and butanol.  The reflux ratio was 

higher in DC2 because the relative volatility of the solvent versus butanol decreases with 

temperature, although it was still less than 0.2 for C4 solvents.  The reflux ratio of the less 

volatile C6 solvents exceeded unity in DC2 at a fermentation temperature of 40°C, 

resulting in higher duties in DC2 for these solvents.  In both columns, the ratio of 

minimum to actual number of equilibrium stages, 𝑁𝑚/𝑁 , was less than 0.5 for all 

solvents, and less than 0.25 for the C4 solvents.  This suggested that for the more volatile 

solvents, the number of stages in both columns could be halved without a significant 

impact on energy demand. 

Figure 5-6 shows the concentration of butanol in the feed of each distillation column.  The 

concentration of butanol in the feed to DC1 was determined by the distribution coefficient 

at equilibrium, the extraction efficiency and the butanol concentration in the aqueous 

broth.  Figure 5-6 gives results for an extraction efficiency of 90% and an aqueous broth 

concentration of 2 wt% butanol.  As shown in Figure 5-6a, the concentration in the feed 

to DC1, 𝑚𝑓𝑒𝑒𝑑 , increased slightly between 30°C and 40°C, due to an increase in 

distribution coefficient with temperature.  The feed concentration in this example was 

around 1.5 – 3 wt% for the C4 solvents.  N-butane and 1-butene were predicted to have 

the highest distribution coefficients; extractions employing butane resulted in slightly 

higher butanol concentrations in the solvent at lower temperatures, whilst extractions 

employing 1-butene resulted in slightly higher butanol concentrations at higher 

temperatures.  It was not possible to explore the effect of temperature on the distribution 

coefficient of butanol between iso-butane and water because the required VLE 

measurements for butanol-iso-butane mixtures were only available at 318 K.  The 

distribution coefficient calculated at 318 K would probably be slightly higher than that at 

fermentation temperatures (< 313 K), based on the temperature dependence of the 

distribution coefficient in other C4 hydrocarbons.  As a result, the distribution coefficient 

was taken as constant with temperature and so the feed concentration of butanol to DC1 

did not vary with fermentation temperature for extractions using iso-butane, as shown in 

Figure 5-6a. 
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Figure 5-5: Column stages and reflux ratios predicted by the flowsheet model for 

extractions from aqueous butanol at 2 wt% performed at fermentation 

temperatures  

Minimum Reflux Ratios: dashed lines; Actual Reflux Ratios: solid lines 
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Figure 5-6a-b: Butanol composition of feeds to each distillation column (a: DC1, b: 

DC2) calculated by the flowsheet model for extractions from aqueous butanol at 

2 wt% performed at fermentation temperature 
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The concentration of butanol in the feed to DC2 (from the bottoms of DC1) was a function 

of the VLE between the solvent and butanol, and the temperature gradient in DC1.  When 

the temperature of the fermentation was very close to 30°C, the temperature of required 

low-grade heat was low and the temperature gradient in the first column was close to 

zero, as shown in Figure 5-4c.  Thus, at fermentation temperatures close to 30°C, DC1 

could not produce a concentration of butanol higher than that of its feed. 

However, as shown in Figure 5-6b, the flowsheet model found that even a small 

temperature gradient (1 – 2°C) enabled DC1 to concentrate butanol significantly.  The 

butanol composition in the bottoms of DC1 exceeded 20 wt% in all solvents for a 

fermentation temperature of 32°C (2°C gradient in DC1).  At slightly higher fermentation 

temperatures the butanol composition produced by DC1 was significantly higher, 

exceeding 50 wt% in all solvents for a fermentation temperature of 37°C. 

The heat requirements of the extraction and distillation system, categorised by grade of 

heat, are detailed in Figure 5-7 and 5-8 for fermentation broth concentrations of 2 wt% 

and 1 wt% butanol respectively.  Beyond fermentation temperatures of 30 – 32°C, DC1 

could produce butanol at a high concentration and performed most of the separation.  

Hence, as shown in both figures, the high-grade heat required for the reboiler on DC2 is 

trivial (< 0.5 MJ/kg butanol).  The aqueous concentration did not affect the high-grade 

heat required.  This was because the concentration of butanol in the feed to DC2 was 

unaffected by the aqueous concentration, provided that there was a small temperature 

gradient in DC1 to concentrate the butanol beyond that achieved by the extraction. 

A small amount of extraction-grade heat was also required to re-heat the solvent produced 

in the distillate of DC1 to the extraction temperature before solvent recycle.  Most of the 

solvent was separated by DC1; as a result, the duty of the condenser in DC2 was low and 

therefore very little extraction-grade heat could be provided by the condenser in DC2.  

Above broth temperatures of 30 – 32°C, the extraction-grade and high-grade heat 

requirements were less than 1 – 2 MJ/kg butanol for all solvents for an aqueous broth of 

2 wt%.  Simulations of distillation in Appendix A found that the separation of butanol 

and water by distillation requires approximately 28/ 𝑚𝐵𝑢
𝑎𝑞

 (wt%) MJ/kg butanol.  

Therefore, the total extraction-grade and high-grade heat requirements predicted by the 

flowsheet model represented ~10% of the energy cost of distillation for the separation of 

aqueous butanol at 2 wt%. 
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Figure 5-7: Net energy requirements predicted by the flowsheet model for 

extractions from aqueous butanol feeds of 2 wt% performed at fermentation 

temperatures using six hydrocarbon solvents 
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The extraction-grade heat requirements for the extraction of aqueous butanol at 1 wt% 

(Figure 5-8) were around double those of a 2 wt% broth, since the quantity of solvent 

produced in the distillate of DC1 was around double that at 2 wt%.  Hence, since there 

was no additional extraction-grade heat provided by the condenser of DC2, the total high-

grade and extraction-grade heat requirements increased to 3 – 5 MJ/kg butanol for all 

solvents, as shown in Figure 5-8. 

The quantity of extraction-grade heat also increased slightly with fermentation 

temperature.  The main reason for this was that the quantity of extraction-grade heat 

provided from the condenser of DC2 decreased as the extraction temperature (equal to 

the fermentation temperature) increased, because lower quantities of solvent were 

condensed in the distillate of DC2. 

The low-grade heat required was clearly significant for all solvents, as shown in both  

Figures 5-7 and 5-8.  For extractions from a 2 wt% broth (Figure 5-7), C4 and 1-hexene 

solvents required 10 – 15 MJ/kg butanol of low-grade heat above broth temperatures of 

32°C.  Extraction using pentane required 15 – 20 MJ/kg butanol, whilst hexane required 

25 – 30 MJ/kg butanol of low grade-heat.  The low-grade heat requirements for extraction 

of butanol from a 1 wt% broth were roughly twice that from a 2 wt% broth, since the feed 

concentration to DC1 is reduced by around a factor of two. 

The variation in the low-grade heat required between each solvent was due to the 

distribution coefficient of butanol in the solvent; higher distribution coefficients resulted 

in higher feed concentrations to DC1, and consequently lower low-grade heat 

requirements.  This also resulted in lower extraction-grade heat requirements, due to the 

lower quantity of solvent that needed re-heating to extraction temperatures.  Since 

distribution coefficient was predicted to increase with temperature, a reduction in low-

grade heat requirements as the fermenter temperature increased was also predicted.  This 

is most noticeable for 1-butene, as shown in both Figures 5-7 and 5-8.  It should be 

remembered that the distribution coefficient in iso-butane was not temperature-

dependent, because the required measurements of VLE were only available at 318 K. 
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Figure 5-8: Net energy requirements predicted by the flowsheet model for 

extractions from aqueous butanol feeds of 1 wt% performed at fermentation 

temperatures using six hydrocarbon solvents 
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5.3.1 Accounting for the Supply of Low-Grade Heat 

The low-grade heat requirement clearly dominated the heat requirements of the separation 

system.  This heat could partly be provided by waste heat from the fermenter.  The heat 

produced by the organisms during the fermentation of synthesis gases, as well as during 

ABE and iso-butanol fermentations, was estimated in Appendix G.  The fermentation of 

synthesis gases was found to produce large quantities of low-grade heat; 20 MJ/kg butanol 

produced was estimated for the total heat evolved from both the organisms (~16 MJ/kg) 

and the stirrer (~4 MJ/kg at 2 kW/m3 and 1 kg butanol/m3/h).  ABE and iso-butanol 

fermentations were found to have a significantly lower heats of reaction, and were 

estimated to produce around 1 – 2 MJ/kg butanol of low-grade heat. 

However, the fermenter would not be the only source of low-grade, waste heat on such 

fermentation plants.  Low-grade heat could be abundant on a fermentation plant from 

processes such as: seed train fermentation processes, upstream substrate preparation, such 

as acid and enzymatic hydrolysis of biomass, waste heat from sterilisation processes, 

high-rate wastewater treatment and any vapour streams from upstream flash separations 

to increase slurry concentration and remove volatile components.  In the case of 

biochemical processes, the analysis in Appendix G did not consider heat sources (such as 

the temperature of liquid feeds) which might contribute to fermenter heat other than the 

heat generated by the organism and the stirrer.  The quantity and temperature of low-

grade heat which would be economically viable for use on different types of fermentation 

plants could vary significantly, and so was difficult to estimate. 

As an example, Figure 5-9 shows the heat requirements of the separation system for 

extractions performed at fermentation temperatures from a 2 wt% aqueous broth with a 

low-grade heat supply of 20 MJ/kg butanol.  Figure 5-10 shows the same for a 1 wt% 

broth.  As shown in Figure 5-9, for extractions from a 2 wt% broth, 20 MJ/kg butanol was 

found to be sufficient to provide the low-grade heat requirements for most solvents.  This 

led to total heat requirements of less than 2 MJ/kg butanol.  This was mostly in the form 

of extraction-grade heat, which was at a relatively low temperature (< 50°C), as shown in 

Figure 5-9. 

For a fermenter concentration of 1 wt% butanol, 20 MJ/kg butanol of waste heat from the 

fermenter was found to be insufficient to provide all the low-grade heat requirements for 

all solvents, as shown in Figure 5-10. 
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Figure 5-9: Net energy requirements predicted by the flowsheet model for 

extractions from aqueous butanol feeds of 2 wt% performed at fermentation 

temperatures, with 20 MJ/kg low-grade heat provided by the fermenter 
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Figure 5-10: Net energy requirements predicted by the flowsheet model for 

extractions from aqueous butanol feeds of 1 wt% performed at fermentation 

temperatures, with 20 MJ/kg low-grade heat provided by the fermenter 
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5.3.2 Optimising the Temperature Gradient of DC1 

If 20 MJ/kg butanol were the total quantity of low-grade heat available on the 

fermentation plant, the remaining low-grade heat requirements would have to be supplied 

by heat of a higher grade.  One method to reduce the heat requirement would be to 

increase the condenser temperature in DC1, thereby reducing the temperature gradient in 

the column.  Consequently, this would reduce the low-grade heat required in DC1 and 

thus the composition of butanol produced by DC1.  Whilst this would increase the heat 

required by DC2, the heat supplied to DC2 can be used to displace other heat 

requirements: heat generated in the condenser of DC2 could be used to supply extraction-

grade heat elsewhere in the system.  Or, if the supply of extraction-grade heat exceeded 

demand, then it could be used to supply low-grade heat.  Conversely, heat supplied to 

DC1 is merely lost in cooling water utility.  Therefore, supplying higher grade heat to 

DC1 would be less efficient than shifting demand onto DC2 and supplying more high-

grade heat to DC2.  This modification was simulated in the flowsheet model by increasing 

Δ𝑇𝑐𝑜𝑛𝑑 , thereby raising the temperature of the condenser in DC1 (𝑇𝑐𝑜𝑛𝑑
𝐷𝐶1 = 𝑇𝐶𝑊 +

Δ𝑇𝑐𝑜𝑛𝑑).  Figure 5-11 details the heat requirements predicted by a flowsheet simulation 

of the extraction of 2 wt% aqueous butanol, in which Δ𝑇𝑐𝑜𝑛𝑑 was varied in order to match 

the low-grade heat requirement to that available as waste heat and from heat integration.  

The simulation was repeated for extraction from a 1 wt% aqueous broth, shown in Figure 

5-12.  In both simulations, it was assumed that 20 MJ/kg butanol of low-grade heat was 

available from the fermenter. 

Alternatively, the reboiler temperature in DC1 could be decreased.  This would have a 

similar effect to increasing the condenser temperature, since the temperature gradient 

would be decreased.  However, it was found to be more energy efficient to increase the 

condenser temperature, because this strategy reduces the heat required to re-heat the 

solvent produced from the condenser of DC1.  Reducing the condenser temperature also 

increased the pressure of the lowest pressure in the system (DC1), thereby reducing the 

energy required for pumping.   
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Figure 5-11: Heat requirements predicted by the flowsheet model for the extraction 

of aqueous butanol at 2 wt% using six hydrocarbons solvents at fermentation 

temperatures, with 20 MJ/kg low-grade heat available.  The temperature gradient 

of DC1 was optimised to minimise the total heat demand. 
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Figure 5-12: Heat requirements predicted by the flowsheet model for the extraction 

of aqueous butanol at 1 wt% using six hydrocarbons solvents at fermentation 

temperatures, with 20 MJ/kg low-grade heat available. The temperature gradient of 

DC1 was optimised to minimise the total heat demand. 
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As can be seen in Figure 5-11, in contrast to Figure 5-9 for pentane, optimising the 

composition of butanol produced in DC1 led to reductions in the total heat demand.  

However, it necessitated more heat in the form of high-grade heat.  The effect of reduced 

overall heat demand is more pronounced in Figure 5-12, which shows the optimised 

system for a 1 wt% aqueous broth.  For n-butane, total heat demand was under 10 MJ/kg 

butanol above fermentation temperatures of ~32°C. 

Simulations of extractions employing hexane required very small temperatures gradients 

in DC1 because of the large requirement for low-grade heat for extractions with this 

solvent.  This led to instabilities in the simulation results, as seen in both Figures 5-11 

and 5-12.  The VLE of hexane and butanol included an azeotrope at a low butanol 

composition, which was ignored for the purposes of the simulation.  However, this 

prevented the simulation from being able to produce a butanol composition in the bottoms 

of DC1 lower than that of the azeotrope composition.  This caused instability in the 

calculation of the composition of butanol produced by DC1. 

5.3.3 Optimisation of Extraction Efficiency 

The optimisation of one other parameter was considered: extraction efficiency (𝛽).  As 

discussed in Section 4.6,  there is a trade-off between extraction efficiency and transfer 

efficiency, being inversely proportional to each other for a fixed number of extraction 

stages.  Higher extraction efficiency results in higher butanol concentrations in the 

solvent, and hence lowers the heating and pumping requirements in the solvent phase.  

Higher transfer efficiency results in lower water flowrates, and hence higher energy 

penalties on the aqueous side of the extraction.  The heat requirements of the system for 

extraction at a fermentation temperature of 37°C of aqueous butanol at 1 wt%, with a 

low-grade heat supply of 20 MJ/kg butanol, are shown in Figure 5-13 as a function of 

extraction efficiency.  The temperature gradient of DC1 was also optimised to minimise 

net heat consumption. 

As can be seen in Figure 5-13, optimal extraction efficiencies are above 95% for all 

solvents; indeed, for less volatile solvents requiring near-ambient pressures of extraction, 

the minima are scarcely visible.  The effect of decreased extraction efficiency on the net 

heat requirement was found to be large: ~4 MJ/kg butanol for every 10% decrease in 

extraction efficiency. 

  



Chapter 5: A Flowsheet Model of Liquid-Liquid Extraction using Volatile Hydrocarbons 

Paul J. Hodgson - November 2018    189    

 

Figure 5-13: Heat requirements predicted by the flowsheet model for the extraction 

of aqueous butanol at 1 wt% using six hydrocarbons solvents as a function of 

extraction efficiency, with 20 MJ/kg low-grade heat available. The temperature 

gradient of DC1 was optimised to minimise the total heat demand. 
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5.3.4 Effect of the Composition of Aqueous Butanol 

Finally, the effect of the composition of aqueous butanol on the energy requirements of 

the separation system is detailed in Figure 5-14.  The simulation given in this figure was 

for a fermentation temperature of 37°C, an extraction efficiency of 90%, and a supply of 

low-grade heat of 20 MJ/kg butanol; the temperature gradient of DC1 was optimised to 

minimise total heat consumption.  As shown, the low-grade heat supply was insufficient 

at low concentrations, requiring large quantities of high-grade heat in DC1.  Therefore, if 

supply of low-grade heat is limited and the titre of butanol is very low, another approach 

is required. 

 Discussion: Extraction at Fermentation Temperatures 

Large, positive deviations from Raoult’s Law were predicted for the VLE of butanol and 

volatile hydrocarbons by the Leg-virial Model in Chapter 3, especially above dilute 

butanol concentrations.  The VLE behaviour of butanol with C4 hydrocarbons was found 

to be optimal for the extraction of butanol.  Despite having bubble-point pressure 

gradients close to that of Raoult’s Law at infinite dilution which resulted in large 

distribution coefficients for the extraction of dilute butanol, above these dilute butanol 

concentrations, C4 hydrocarbons exhibited large positive deviations from Raoult’s Law.  

The shallow bubble-point pressure gradient at moderate butanol concentration for the 

VLE of butanol with C4 – C5 solvents causes rapid changes in the bubble-point 

composition with temperature.  This behaviour is demonstrated in Figure 5-6b, which 

shows the butanol composition produced by DC1 increasing dramatically above 

fermentation temperatures of 31 – 32°C (temperature gradient of 1 – 2°C in DC1).  At a 

fermentation temperature of 37°C, DC1 was predicted to produce butanol at 50 – 70 wt% 

using low-grade heat from the fermenter (7°C temperature gradient in DC1).  These 

results, based on the VLE models devised in Chapter 3, were far higher than the 

predictions of around 20 - 25 wt% butanol made using Raoult’s Law in Section 2.5 for 

the same temperature gradients in DC1.  This high composition of butanol is significant 

as it means that the vast majority of the separation of butanol and the solvent could be 

performed in DC1 using only low-grade heat, even with temperature differences between 

the cooling water and the low-grade heat as low as 12 – 17°C.  As a result, the 

requirements for high-grade heat (in DC2) were predicted to be insignificant, as shown 

in Figures 5-7 and 5-8. 
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Figure 5-14: Heat requirements predicted by the flowsheet model for the extraction 

of aqueous butanol using six hydrocarbons solvents as a function of aqueous butanol 

composition, with 20 MJ/kg low-grade heat available. The temperature gradient of 

DC1 was optimised to minimise the total heat demand. 
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The total heat requirements of the separation system, excluding low-grade heat 

requirements, increased with fermentation temperature above ~32°C.  This was perhaps 

counter-intuitive, because the distribution coefficient increased with temperature.  Whilst 

an increased fermentation temperature resulted in a decrease in low-grade heat 

requirements (e.g. Figure 5-7), it also led to an increase in extraction-grade heat 

requirements.  The increased fermentation temperature resulted in an increase in the 

temperature of low-grade heat thereby increasing the concentration of butanol in the feed 

of DC2, and hence reducing the duty of DC2.  This reduced the high-grade heat 

requirement.  However, this reduction in high-grade heat was merely exchanged for an 

increase of the same magnitude in requirement for extraction-grade heat, as the reduction 

in duty of DC2 also reduced the extraction-grade heat provided by the condenser of DC2. 

In addition, the increase in the fermenter temperature increased the temperature of the 

extraction, which thereby increased the quantity of heat required to re-heat the solvent 

from the temperature of the condenser in DC1 (determined by the temperature of the 

cooling water).  This increase in extraction-grade heat requirement outweighed the effect 

of the slight reduction in solvent flowrate which resulted from the increased distribution 

coefficient at a higher extraction temperature. 

As predicted, the energy requirements of the extraction scheme were found to be 

minimised at very high extraction efficiencies, as shown in Figure 5-13.  This was because 

for extractions performed at the fermentation temperature, energy was only required in 

the aqueous phase for the aqueous pump.  Therefore, the optimum system was 

approximately an in situ extraction system, where extraction would be performed directly 

in the fermenter (where effectively 𝛽 = 100%, 𝜂 = 0% ).  In practice, the transfer 

efficiency (𝜂) would have a lower limit in an in stream extraction, as there are limitations 

on the ratio of solvent-to-aqueous flowrates (eq. 4-33) in the design of the extractor.  

There would likely be other costs and problems associated with very high broth flowrates 

as 𝜂 → 0.  Therefore, for the purposes of these simulations, an extraction efficiency of 

90% (equating to a transfer efficiency of 75% with 5 equilibrium stages) was a reasonable 

compromise between 𝛽  and 𝜂 , that does not significantly impact on the energy 

requirements compared to that of the optima operating points. 

The high-grade and extraction-grade heat requirements of the system were small, 

especially compared to distillation.  As expected, low-grade heat requirements were 

predicted to be substantial, depending on the concentration of butanol in the broth.  Whilst 
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20 MJ/kg butanol of waste heat was sufficient to supply all the low-grade heat 

requirements at 2 wt% butanol (Figure 5-9), it was found to be insufficient in many cases 

at 1 wt% (Figure 5-10). 

As shown in Figure 5-12, the total heat requirements of the separation system 

demonstrated the expected behaviour with fermentation temperature (which results in an 

increase in the distribution coefficient) when the temperature gradient of DC1 was 

optimised.  The flowsheet model predicting modest decreases in total heat requirements 

with an increase in fermentation temperature.  This is contrary to the system when the 

temperature gradient of DC1 was not optimised system; e.g. Figure 5-10 details minima 

in total heat demand at fermentation temperatures of around 32°C.  This minima occurred 

because at around this fermentation temperature, the temperature gradient in DC1 resulted 

in the low-grade heat requirements being met by the waste heat supply and heat 

integration.  Above this fermentation temperature, the temperature gradient of the first 

column increases, allowing a greater degree of separation in the first column.  This results 

in shift in duty from DC2 to DC1, thus increasing the low-grade heat demand beyond that 

which is available as waste heat.  However, this resulted in an increase in the overall heat 

requirements, as high-grade heat used in DC2 was effectively recycled in the form of 

extraction-grade heat in the condenser of DC2.  Overall, this led to a rise in the total heat 

requirements (although a reduction in high-grade heat).  Therefore, if a limited quantity 

of low-grade heat were available, the temperature gradient in DC1 should be optimised 

to limit the low-grade heat requirements to that supplied by waste heat and heat 

integration. 

 Results of the Simple Flowsheet Model for Extractions 

Performed at Elevated Temperatures 

If the availability of low-grade heat were limited, and the aqueous butanol concentration 

relatively low, an alternative method to reduce the overall heat requirements of the 

separation scheme would be to perform the extraction at an elevated temperature.  This 

would increase the distribution coefficient in the extraction and hence increase the butanol 

concentration in the feed to DC1. 

Figure 5-15 details operating temperatures and pressures for the extraction of butanol 

performed at 37°C – 100°C, assuming a fermentation temperature of 37°C.  Whilst the 

operating conditions in DC1 were unchanged from simulations of extractions performed 

at fermentation temperatures, the reboiler temperature and column pressure in DC2 rose 
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with the extraction temperature in order to produce extraction-grade heat in the condenser 

of DC2.  Pressures became particularly significant at the higher extraction temperatures 

for the more volatile C4 solvents, exceeding 20 bara above 90°C extractions.  

 

Figure 5-15: Operating temperatures and pressures in the flowsheet model for 

extractions from aqueous butanol at elevated temperatures 
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Like extraction at fermentation temperatures, the temperature profile in DC1 could be 

optimised to match the low-grade heat available to the separation system.  This is shown 

in Figure 5-16 for the extraction of 1 wt% aqueous butanol at 37°C – 100°C, with a low-

grade heat supply of 20 MJ/kg butanol.  Unlike operation at fermentation temperatures, 

significant extraction-grade heat was required, which increased as the extraction 

temperature increased.  The extraction-grade heat demand could not be completely 

supplied by the recycling of high-grade heat as extraction-grade heat in the condenser of 

DC2.  Since some extraction-grade heat was recycled as low-grade heat in the ‘Aqueous 

Cooler’ on the broth recycle, the additional extraction-grade heat requirements resulted 

in larger quantities of low-grade heat being available by heat integration; this increased 

the separation achieved in DC1.  This increased separation was compounded by the effect 

of the increased distribution coefficient at higher extraction temperatures, which reduced 

the demand for low-grade heat in DC1. 

This resulted in a shift in duty from DC2 to DC1 when the temperature gradient of DC1 

was optimised, which reduced the quantity of extraction-grade heat supplied by the 

condenser in DC2.  Above extraction temperatures of 47°C, the decrease in requirements 

for high-grade heat in DC2 was merely replaced with requirements for extraction-grade 

heat due to the decrease in extraction-grade heat supplied by the condenser of DC2, as 

shown in Figure 5-16.  Hence the total extraction- and high-grade heat required did not 

decrease significantly above 47°C.  Extraction temperatures above 47°C (fermentation 

temperature plus 10°C) did not increase the duty required in the feeds to the extractor due 

to the heat integration with the streams leaving the fermenter. 

For butane and 1-butene, a minimum energy consumption at an extraction temperature of 

~42°C is visible in Figure 5-16.  At this point, no extraction-grade heat was required, as 

sufficient extraction-grade heat was available from recycle of high-grade heat in the 

condenser of DC2.  Above this point, the demand for extraction-grade heat increased (to 

a maximum at 47°C), and demand for high-grade heat decreased.  However, the increased 

pumping requirements caused an overall rise in energy requirements.  Energy 

requirements for pumping was more significant in the more volatile, C4 solvents because 

the pressure of the extractor increased with extraction temperature.  This pumping 

requirement increased with extraction temperature. 

 

 



A Novel Technique for the Separation of Dilute Butanol from Aqueous Fermentation Broths 

196  Paul J. Hodgson - November 2018   

 

Figure 5-16: Heat requirements predicted by the flowsheet model for the extraction 

of aqueous butanol at 1 wt% using six hydrocarbons solvents at elevated 

temperatures, with 20 MJ/kg low-grade heat available.  The temperature gradient 

of DC1 was optimised to minimise the total heat demand. 
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5.5.1 Optimisation of the Extraction Efficiency 

The increased use of extraction-grade heat on the aqueous side of the extraction re-

balanced the compromise between extraction efficiency and transfer efficiency.  Figure 

5-17 details the energy requirements of the system at an extraction temperature of 60°C 

as a function of extraction efficiency (the temperature gradient of DC1 was optimised, 

assuming 20 MJ/kg butanol waste heat was supplied to the system).  As can be seen, the 

minima total heat requirements at this extraction temperature were around 70% for 

1-butene and n-butane.  These equated to transfer efficiencies of around 90%. 

At extraction efficiencies lower than this optimum point, the composition of butanol in 

the feed of DC1 decreased.  As a result, there was insufficient low-grade heat available 

to produce the maximum butanol concentration possible in the reboiler of DC1, as shown 

in Figure 5-17.  Therefore, the temperature gradient in DC1 was reduced in order to 

compensate, thus shifting demand to DC2. 

Conversely, at extraction efficiencies higher than ~70%, the quantity of low-grade heat 

supplied to the system was sufficient that the temperature gradient in DC1 was at its upper 

limit.  Thus, increasing the extraction efficiency further, which increased the effective 

distribution coefficient in the extraction, did not have a significant impact on the heat 

demand on the solvent-side of the extraction.  However, due to a lower transfer efficiency, 

this did increase aqueous flowrates and increased the extraction-grade heat requirements.  

For extractions at elevated temperature, the optimisation of extraction efficiency was a 

more complex function of extraction temperature and the quantity of waste low-grade 

heat available, as shown in Figure 5-17. 
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Figure 5-17: Heat requirements predicted by the flowsheet model for the extraction 

of aqueous butanol at 1 wt% using six hydrocarbons solvents at 60°C as a function 

of extraction efficiency, with 20 MJ/kg low-grade heat available.  The temperature 

gradient of DC1 was optimised to minimise the total heat demand. 
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5.5.2 Comparison of Extraction at Fermentation Temperatures with 

Extraction at Elevated Temperatures 

Figure 5-18 details the heat requirements of the separation system for extraction of 

aqueous butanol at both 80°C and 37°C (the fermentation temperature) as a function of 

aqueous butanol composition.  The energy requirements predicted by the flowsheet model 

are shown for extractions employing pentane, n-butane and 1-butene, without 

optimisation of the temperature gradient of DC1, and without accounting for the quantity 

of waste heat supplied to the system.  The figure also shows the heat requirements of 

separation of aqueous butanol by distillation for comparison, employing the approximate 

rule of thumb of 28/𝑥𝐵𝑢(wt%)MJ/kg found by simulations of distillation in Appendix A. 

As can be seen in Figure 5-18, the use of elevated temperature for the extraction reduced 

both the overall and the low-grade heat requirements, but at the penalty of increased 

extraction-grade heat and higher pumping demand.  The use of elevated temperature for 

the extraction would be favourable in circumstances in which low-grade heat availability 

was limited.  However, when sufficient low-grade heat is available, extraction at 

fermentation temperatures would be preferable. 

Operation at fermentation temperatures led to very low energy consumption.  The heat 

required was mostly in the form of extraction-grade heat, which is also relatively low-

temperature – in this case 47°C.  The heat demand compared very favourably with the 

distillation model.  As expected, the more volatile C4 solvents produced the lowest energy 

consumption, as they possess the highest distribution coefficients and were also the 

easiest to separate from butanol by distillation due to their high relative volatility.  Of the 

C4 solvents investigated, 1-butene performed best, since it has the highest distribution 

coefficients.  It is also less volatile than the C4 alkanes, thereby reducing pumping 

demand. 

At very low butanol concentrations (e.g. 0.1 wt%), pumping demand became very high 

in C4 solvents.  At this point, operation at fermentation temperatures would be preferable 

in order to keep extraction-grade heat requirements low, and to keep the pressure 

difference between the two distillation columns to a minimum.  
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Figure 5-18: Heat requirements predicted by the flowsheet model for the extraction 

of aqueous butanol using three hydrocarbons solvents at 37°C and 80°C (not 

accounting for the low-grade heat available). 

Dashed line: heat requirements of separation by distillation of aqueous butanol 
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 Discussion: Extraction at Elevated Temperatures 

Performing the extraction at elevated temperatures led to high pressures in DC2 for the 

more volatile C4 solvents, as detailed in Figure 5-15d.  Not only would this lead to very 

high pumping demands (as shown in Figure 5-16), but it would also add significantly to 

capital costs.  Hence, operation at these pressures might be economically unfeasible.  If 

this were the case, it would be possible to operate DC2 at much lower pressures.  The 

temperature required for high-grade heat would also then be reduced.  At these high 

extraction temperatures, the high-grade heat requirements in DC2 when employing C4 

solvents are very low and so the impact on the energy balance would minimal. 

The increased requirements and recycle of extraction-grade heat meant that if sufficient 

low-grade heat was available, increasing the extraction temperature had minimal impact 

on total energy demand.  This is illustrated in Figure 5-16. 

 Conclusion 

A flowsheet for the extraction and subsequent distillation of butanol from aqueous broths 

using volatile hydrocarbons was successfully simulated.  A two-column distillation 

system was used, which allows low-grade waste heat to be utilized in the first column, 

followed by a second column operated at a higher temperature. 

Two major operating regimes were identified: operation at fermentation temperature and 

operation at an elevated temperature.  Performing the extraction at fermentation 

temperatures was simpler and was found to be optimal when sufficient low-grade heat 

was available.  Total separation of the solvent and butanol was not possible in the first 

column (DC1) since the temperature gradient was limited.  Using models of VLE devised 

from VLE measurements in Chapter 3, the maximum butanol concentration produced in 

DC1 was calculated.  The solvents showed positive deviation from Raoult’s Law and so 

very high butanol concentrations could be produced in the low-grade distillation column 

at minimal temperature gradients; temperature gradients of 2°C in DC1 resulted in 

butanol compositions exceeding 25 wt%. 

In scenarios in which the availability of waste, low-grade heat was more limited, the 

remaining overall heat requirements of the system could be reduced by optimising the 

temperature gradient in DC1.  Reducing the temperature gradient reduced the 

concentration of butanol produced by DC1 and hence increased the heat demand in the 

second column (DC2).  The temperature gradient of DC1 was optimised to match the 
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availability of low-grade heat.  The high-grade heat supplied to DC2 was recycled via the 

condenser as extraction-grade heat.  Therefore, reducing the temperature gradient of the 

DC1 shifted heat demand onto DC2, leading to a reduced overall demand for heat. 

In scenarios in which the availability of low-grade heat was limited, an alternative 

strategy was to perform the extraction at an elevated temperature.  This increased the 

distribution coefficient of butanol and hence decreased the demand for low-grade heat in 

DC1.  However, this came at the penalty of increased extraction-grade heat demand. It 

was found that there was no benefit in increasing extraction temperature beyond the point 

where the low-grade heat demand was met by waste heat, since this merely continued to 

increase pumping demand.  In most circumstances, extraction temperatures above 80°C 

would be excessive. 

As expected, C4 solvents were found to be the most energy-efficient solvents, with 

1-butene performing best, since they had the highest distribution coefficients and were 

easiest to separate from butanol via distillation.  However, they require higher operating 

pressures, which could become problematic at high extraction temperatures.  It is unlikely 

that extraction at these temperatures would be necessary for these solvents. 

Throughout the flowsheet simulations, it was assumed that the low-grade heat provided 

to DC1 was at the same temperature as the fermenter, because this was assumed to be the 

source of low-grade heat.  In processes in which other sources of waste heat are available, 

extraction-grade heat might also be obtainable from waste heat sources slightly above the 

fermentation temperature, thereby reducing the net energy consumption further.  This 

would alter the optimal operating conditions found in the simulations outlined, which 

were specific to the fermenter temperature, the solvent employed, and the availability and 

temperature of waste heat. 
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6. Conclusions 

Butanol production by fermentation is a potentially important technology; in particular 

fermentation of biomass would allow renewable butanol to be produced.  In situ product 

removal can significantly improve the productivity of butanol fermentations; however, 

separation (at the end of a fermentation, or in situ) of dilute butanol from aqueous broths 

is challenging and energy-intensive.  In this dissertation, a novel method of in situ product 

removal has been devised and investigated, in which butanol would be extracted from the 

broth by C4 or C5 hydrocarbons.  The extracted butanol would then be separated from the 

extractant by distillation.  Owing to the high volatility of C4 and C5 hydrocarbons, most 

of the separation could be performed by distillation at moderate pressures using low-

grade, waste heat from the fermenter or from other low-grade heat sources.  The 

remainder of the separation of concentrated butanol in the volatile hydrocarbon could be 

performed in a second distillation column, operated at a higher pressure to increase heat 

integration.  Hence, the overall, high-grade heat requirements of such a separation scheme 

would be small. 

Aside from a low distribution of butanol in hydrocarbons versus water, the properties of 

volatile hydrocarbons for the extraction of butanol from aqueous broths are optimal.    The 

mutual solubility of C4 and C5 hydrocarbons with water is very low.  Whilst the 

measurements available for C4 and C5 hydrocarbons were limited, some rules of thumb 

were developed.  The solubility of C5 alkanes in water was ~50 mg/kg at 25°C – 50°C.  

This solubility approximately quadrupled for either a reduction in chain length (e.g. to a 

C4 alkane), or an increase in the number of 𝜋  bonds (e.g. C5 alkane to C5 alkene).  

Solubility of hydrocarbons in water approximately doubled between 25 – 50°C and 

100°C.  Conversely, the solubilities of water in C4 alkanes was found to be lowest of the 

hydrocarbons investigated, with a solubility of approximately 200 mg/kg (~600 ppm) at 

typical fermentation temperatures.  The solubilities in C5 alkanes were predicted to be 

slightly higher (~250 mg/kg, ~1000 ppm), and the solubility in C4 – C5 alkenes was 

around 2 – 4 times higher than the equivalent alkanes (approximately 500 – 800 mg/kg, 

1500 – 3000 ppm) at typical fermentation temperatures.  The solubility of water in C4 – 

C5 hydrocarbons was predicted to increase by a factor of ~10 between typical 

fermentation temperatures and 100°C. 
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The low solubility of water in volatile hydrocarbons would result in extractions with very 

high selectivities of butanol over water, thereby eliminating the need for aqueous 

separation downstream.  The low solubility of hydrocarbons in water reduces the loss of 

solvent into the aqueous broth.   In addition, some C4 hydrocarbons (e.g. 1-butene) could 

even be obtained from the product butanol, thereby potentially providing an inexpensive 

source of make-up solvent.   The low solubility of hydrocarbons in water could minimise 

contact of the organism with the solvent hence reducing any toxicity problems.  The 

toxicity of C4 – C5 hydrocarbons in butanol fermentations has not been examined, but 

results for hexane and other longer hydrocarbons suggests that the toxicity of 

hydrocarbons is very low (González-Peñas et al., 2014; Groot et al., 1990).  The physical 

properties of short hydrocarbons also make them optimal extractants, e.g. a large 

difference in density with water, allowing for simple phase separation.  Indeed, some 

authors have even proposed blending alkanes with high-performing solvents in order to 

improve their physical properties for extraction of butanol (González-Peñas et al., 2014).  

Hydrocarbons are also compatible in a fuel blend in the product, inexpensive, relatively 

safe and stable. 

In Chapter 2, the performance of such a separation scheme was estimated, and several 

modifications were explored.  Distribution coefficients at equilibrium of butanol were 

predicted for C4 – C5 hydrocarbons.  The highest coefficients were predicted for C4 

alkenes, and distribution coefficients were predicted to rise by a factor of 4 between 

typical fermentation temperatures and 100°C in all C4 – C5 solvents.  The increased 

distribution coefficient of butanol in hydrocarbons at elevated temperatures can be 

exploited in the design of the separation scheme.  If suitable heat integration is used, the 

extraction can be performed at elevated temperatures with a small energy penalty in 

increasing the temperature of the aqueous and organic feed streams to the extractor. 

The design of the extraction system could also be modified to produce blends of gasoline 

with butanol via a four step process: (i) extraction of butanol from the aqueous broth by 

a volatile hydrocarbon; (ii) distillation of the butanol-hydrocarbon mixture employing 

low-grade heat in order to produce a higher concentration of butanol; (iii) extraction of 

butanol from the concentrated butanol-hydrocarbon mixture into water; (iv) extraction of 

butanol from the concentrated aqueous mixture directly into gasoline.  The process could 

produce gasoline blends with high butanol content, as the distillation process can produce 

high concentration butanol.  This process is an attractive method to produce butanol-
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gasoline blends, as the entire process could be performed at fermentation or ambient 

temperatures, and thus does not involve the use of any high-grade heat. 

The vapour-liquid equilibria of butanol, acetone and ethanol with six volatile C4 – C6 

hydrocarbons (n-hexane, 1-hexene, iso-butane, n-butane and 1-butene) were investigated 

in Chapter 3.   The flexible Legendre activity model was used to fit measurements of VLE 

and excess enthalpy as a function of temperature.  This allowed accurate fitting of the 

activity coefficient at dilute product compositions, where activity models with only 2 – 3 

parameters were unable to represent the rapidly changing behaviour.  The virial equation 

of state was used to model the vapour phase.  The VLE behaviour of C4 hydrocarbons 

was found to be close to that hypothesised for an optimum extractant for the process: 

• the behaviour at dilute butanol concentrations was closer to Raoult’s Law than the 

other hydrocarbons, resulting in higher distribution coefficients of dilute butanol 

• the binary demonstrated large positive deviations from Raoult’s Law at above 

dilute butanol concentrations, which would allow significant separation by 

distillation with only a small temperature gradient 

• no azeotropes were predicted which would complicate separation by distillation 

• the high relative volatility of C4 hydrocarbons versus butanol would minimise 

reflux ratio in distillation 

Total separation of the solvent and butanol would not be possible in a distillation column 

in which the reboiler duty was supplied by waste heat from the fermenter and other similar 

waste heat sources, assuming that the condenser was cooled by, for example, cooling 

water (i.e. without refrigeration).  The temperature of the low-grade heat and the cooling 

water creates a limited temperature gradient in this distillation column.  Using models of 

VLE devised in Chapter 3, the maximum composition of butanol produced in a distillation 

column with a limited temperature gradient was calculated.  Since the solvents 

demonstrate a large positive deviation from Raoult’s Law, very high butanol 

concentrations could be produced in the distillation column at minimal temperature 

gradients; temperature gradients of 2°C and 7°C in the distillation column resulted in 

butanol compositions exceeding 25 wt% and 50 wt% respectively.  These were far higher 

than estimates of the maximum composition of butanol produced in such a column 

estimated by assuming Raoult’s Law in Chapter 2.  This meant that the duty required to 

separate the resulting high concentration butanol from the solvent would be very low in 

a subsequent, higher temperature distillation column. 
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The binary activity models developed in Chapter 3 were used to predict the distribution 

coefficient at equilibrium of butanol, acetone and ethanol in the six C4 – C6 hydrocarbons 

versus water in Chapter 4.  Distribution coefficients of n-butanol in n-butane and 1-butene 

were found to be highest (~1 kg/kg at 37°C).  As expected, distribution coefficients of 

butanol in all solvents increased significantly with temperature, increasing by a factor of 

around 3 – 4 between 25°C and 100°C.  However, some solvents showed a peak in 

distribution coefficient at the upper end of this temperature range for higher compositions 

of butanol.  Distribution coefficients of ethanol in the six hydrocarbons were very low.  

This would make simultaneous of extraction ethanol very energy intensive.  Distribution 

coefficients of acetone were a little higher (~0.6 kg/kg in 1-butene at 37°C), which means 

that simultaneous extraction of acetone might be feasible.  

Distribution coefficients of iso-butanol were predicted in n-hexane and were compared to 

those of n-butanol.  The higher volatility of iso-butanol increased the distribution 

coefficient of butanol by up to 25%.  This conclusion concurred with the estimates based 

on the coexistence equation made in Chapter 2 of the distribution coefficients at infinite 

dilution of iso-butanol in relevant hydrocarbons compared with those of n-butanol.  

Whilst measurements of VLE equilibria for iso-butanol were not available with any C4 – 

C5 hydrocarbon, it was hypothesised that it was likely that distribution coefficients of 

dilute iso-butanol were slightly higher than those of dilute n-butanol. 

In Chapter 5, the extraction of butanol from aqueous mixtures using volatile hydrocarbons 

was simulated using a simple flowsheet model in order to investigate the energy 

requirements of the separation scheme and to find optimal operation conditions.  

Performing the extraction at the same temperature as the fermentation is simpler than 

operation at elevated temperatures.  This strategy was found to be optimal when sufficient 

low-grade, waste heat from the fermenter and other waste heat sources was available to 

meet the duty of the first of two distillation columns, in which butanol and the solvent 

were separated using low-grade heat. 

In scenarios in which the availability of low-grade, waste heat was limited, the remaining 

overall heat requirements of the system could be reduced by optimising the temperature 

gradient in the low temperature column.  Reducing the temperature gradient reduced the 

concentration of butanol produced by the first column and hence increased the heat 

demand in the second column.  The temperature gradient of the first column could be 

optimised to match the availability of low-grade heat.  The high-grade heat supplied to 

the second column was recycled via the condenser in the second column, which was used 
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to re-heat the solvent in the distillate of the first column before recycle back to the 

extraction.  Therefore, reducing the temperature gradient of the first column shifted heat 

demand onto the second column, leading to a reduced overall demand for heat. 

In scenarios in which the availability of low-grade, waste heat was limited, an alternative 

strategy was to perform the extraction at an elevated temperature.  This did not impact on 

the system downstream of the first distillation column, but did increase the distribution 

coefficient of butanol and hence decreased the demand for low-grade heat in the first 

column.  However, this came at the penalty of increased ‘extraction-grade’ heat, required 

to heat the feeds to the extraction column.  This strategy was useful for reducing the 

demand for low-grade heat where supply of waste heat was limited.  It was found that 

there was no benefit in increasing extraction temperature beyond the point where the low-

grade heat demand was met by waste heat, since this merely continued to increase 

pumping demand as higher extraction temperatures required higher pressures to keep the 

solvent in the liquid phase.  In most circumstances, extraction temperatures above 80°C 

would be excessive. 

The operation of the liquid-liquid extractor was also investigated.  For extractions at 

fermentation temperatures, there were negligible energy penalties in operating at very 

high aqueous flowrates in order to generate distribution coefficients close to those at 

equilibrium.  Hence extraction directly from the fermenter would be optimal from the 

position of energy efficiency.  Conversely, the compromise between aqueous flowrate 

and obtaining distribution coefficients close to equilibrium was more complex for 

extraction at elevated temperatures, where the energy was required to heat the aqueous 

feed to the extraction temperature.  This prioritised lowering the aqueous flowrate, 

provided sufficient low-grade waste heat was available to perform the majority of the 

distillation in the low temperature column.  

As expected, C4 solvents were found to be the most energy-efficient solvents, with 

1-butene performing best, since they had the highest distribution coefficients and were 

easiest to separate from butanol via distillation.  Extractions performed at a typical 

fermentation temperature of 37°C required less than 2 MJ/kg butanol of high-grade heat 

(the majority of which would only be required at under 50°C), provided that the low-

grade heat demand was met by waste heat.  The low-grade heat requirements vary with 

butanol titre – under 20 MJ/kg and 40 MJ/kg butanol for 2 wt% and 1 wt% respectively. 
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However, one potential draw-back to using C4 hydrocarbons (over C5) is that they require 

operation at higher pressures, which could become potentially problematic if high 

extraction temperatures were used.  However, it is unlikely that operation at these 

temperatures would be necessary and with minor alterations to the heat recovery strategy, 

these high pressures could be avoided for distillation, although not for the extraction. 

This dissertation has demonstrated the advantages of employing volatile hydrocarbons in 

the extraction of butanol from aqueous fermentation broths, in particular its potential as 

a selective, separation technique with very low energy requirements.  This contrasts with 

existing techniques for the separation of butanol from aqueous broths, which are energy-

intensive and often require significant further separation (e.g. by distillation) as their 

selectivity towards butanol over water is comparatively poor.  1-butene was found to be 

the best performing of the C4 – C6 solvents investigated for the extraction of n-butanol.  

N-butane was found to perform very similarly in extractions of n-butanol at fermentation 

temperatures, particularly at lower titres, and should be highly selective over water, with 

solubilities of water in C4 alkanes being the lowest of C4+ hydrocarbons.  N-butane and 

1-butene can also be regenerated from the n-butanol product (by dehydration to 1-butene 

and subsequent dehydrogenation to n-butane). 

The high performance for the extraction of n-butanol by 1-butene could perhaps have 

been expected due to its similarity in structure and size to n-butanol: 1-butene comprises 

a C4 hydrocarbon group, with a 𝜋 bond at one end creating a slight dipole moment (as the 

hydroxyl group does in n-butanol).  This similarity in structure allows mixtures of dilute 

n-butanol in 1-butene to exhibit more ideal behaviour, and hence exhibit low activity 

coefficients of butanol which result in higher distribution coefficients, whilst maintaining 

a very low mutual solubility with water.  Its relative apolarity also increases its volatility 

and reduces its enthalpy of vaporisation compared to butanol, increasing the ease of 

separation by distillation.  Based on this evaluation, 1-pentene might also be a good 

extractant for n-butanol, and iso-butene, iso-pentene and iso-butane might be good 

extractants for iso-butanol. 
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7. Future Work 

The investigations into the extraction of dilute butanol from aqueous broths conducted in 

this dissertation were based on simulations and theoretical models.  It is therefore 

imperative that the separation schemes investigated are verified experimentally. 

In Chapter 2, the mutual solubilities of C4 – C5 hydrocarbons and water were investigated.  

There was a limited quantity of measurements available, especially for alkenes, and due 

to their sparing solubility, agreement between measurements was poor.  The solubility of 

hydrocarbons in water is an important factor in the extraction of butanol from aqueous 

broths; low solubility in water reduces the loss of solvent into the aqueous phase.  The 

effect of other components in the broth might influence the solubility of hydrocarbons in 

the broth.  Therefore, the solubility of relevant hydrocarbons in aqueous fermentation 

broths should be investigated further. 

Low solubility of hydrocarbons in water reduces the likelihood of toxicity in the aqueous 

broth.  Hexane and other C6+ alkanes have been found to be non-toxic in butanol 

fermentations (Groot et al., 1990).  The toxicity of C4 – C5 hydrocarbons to organisms in 

the fermentation broth must be thoroughly examined.  Solvents can interact with the 

organism in the broth via the solvent contained in the broth recycle from the extraction.  

Alternatively, solvents can interact with organisms directly if organisms are not removed 

from the broth prior to extraction in a separate unit, or if the extraction is performed in 

the fermenter itself.  In addition, solvents can extract key intermediates and nutrients from 

the broth during the extraction, thus preventing organism growth or product synthesis.  

These problems must be examined experimentally, as the factors involved vary with the 

relevant organism, the method of extraction, and the composition of the broth. 

In Chapter 3, the vapour-liquid equilibria (VLE) of six C4 – C6 hydrocarbons with 

n-butanol, acetone and ethanol were investigated.  Flexible models predicting activity 

coefficients were built based on scarce measurements of VLE and excess enthalpy 

available in the literature.  Further VLE measurements would allow the VLE of other 

hydrocarbons with fermentation products, and the VLE of iso-butanol with volatile 

hydrocarbons, to be investigated.  In particular, the behaviour of C4 alkenes, such as 
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iso-butene, would be of interest due to the performance of n-butanol in 1-butene.  

Measurements should be focussed on dilute compositions of butanol. 

The regression procedure employed in Chapter 3 to fit VLE and excess enthalpy 

measurements to the flexible Legendre activity model could be refined.  The over-fitting 

criterion employed was crude; a more sophisticated method could be devised.  Inclusion 

of the number of stationary points of 𝑔𝐸 and 𝐻𝐸 and their derivatives was investigated 

and found to reduce over-fitting.  The objective function employed in the regression could 

also be improved to account for errors in VLE and excess enthalpy measurements, if 

estimates of these could be produced.  This would reduce over-fitting of scatter in the 

measurements.  Finally, the Legendre activity model was not ideally suited to modelling 

the excess enthalpy measurements.  A different model could be devised to represent more 

accurately the shape of excess enthalpy measurements with fewer coefficients. 

The distribution coefficients at equilibrium of dilute butanol, ethanol and acetone in 

volatile hydrocarbons versus water were predicted in Chapter 4 from binary activity 

coefficients.  No ternary liquid-liquid equilibria measurements for butanol in volatile 

hydrocarbons and water could be found.  In addition, the presence of other components 

in the broth could have an impact on the equilibria.  Measurements of the LLE of dilute 

butanol in relevant hydrocarbons from aqueous fermentation broths could provide 

accurate distribution coefficients of butanol and other fermentation products.  Such 

measurements could also provide the mutual solubility of water and hydrocarbons as a 

function of butanol composition in aqueous broths.  Distribution coefficients of butanol 

in relevant hydrocarbons versus water could also be measured for larger proportions of 

butanol than has hitherto been done.  Such distribution coefficients would be important 

during the production of a gasoline-butanol blend by extraction, in which concentrated 

butanol in a volatile hydrocarbon could be extracted into pure water, before extraction 

from the water directly into gasoline. 

The liquid-liquid equilibrium of butanol is not the only important factor during extraction.  

The mass transfer of butanol in extractions from aqueous fermentation broths should also 

be investigated.  In addition, the formation of emulsion has been found to be problematic 

during some extraction processes.  This must be investigated experimentally in 

fermentation broths, since the presence of salts and any surfactants, as well as the design 

of the extractor, can impact on this significantly.  Demonstrations of the entire process - 

fermentation, extraction and distillation - would be extremely powerful for proof-of-

concept, and in verifying the models of the separation process devised in this dissertation. 



 

 

 





Appendix A - Modelling the Distillation of Aqueous Butanol From Fermentation Broths 

Paul J. Hodgson - November 2018    213 

APPENDIX A. MODELLING THE DISTILLATION OF 

AQUEOUS BUTANOL FROM FERMENTATION BROTHS 

A.1 Introduction 

Several authors (Luyben, 2008; Mariano et al., 2011; Outram et al., 2016; Tao et al., 

2013a) have examined the energy requirements for distillation of butanol in ABE 

fermentation systems.  The results provided energy consumption targets for comparison 

with improved separation schemes. 

Three distillation schemes were investigated: 

1. Separation of n-butanol and water 

2. Separation of n-butanol, ethanol, acetic acid, butyric acid and water 

3. Separation of n-butanol, ethanol, acetone, acetic acid, butyric acid and water 

The first scheme (System 1) is the simplest case, in which only butanol is separated.  This 

system represents the separation process for iso-butanol production, in which there are 

minimal side-products.  However, n-butanol rather than iso-butanol was used in the 

simulation.  Whilst n- and iso-butanol are not thermodynamically identical, they yield 

similar results in terms of the energy required for separation.  In addition, significantly 

more equilibria measurements are available in the literature for n-butanol mixtures than 

for iso-butanol. 

Use of n-butanol rather than iso-butanol in the binary mixture of System 1 also allows 

comparison to the multicomponent mixtures in the second and third schemes (System 2 

and System 3).  The multicomponent mixture of System 2 represents the typical products 

formed in the fermentation of synthesis gas, whereas System 3 represents the products 

formed in an ABE fermentation.  

A.2 Assumptions 

The principal numerical assumptions used for the simulation are summarised in Table 

A-1. 

System 1 was based on a conventional two column system (Luyben, 2008), shown in 

Figure A-1. The fermenter broth was fed to a ‘water’ column, which removes most of the 

water in the bottoms and is sent for recycle.  The distillate of butanol and water is an 

azeotrope, which was condensed and sent to a decanter for liquid-liquid phase separation.  

The decanter temperature can be varied, although simulations found that the temperature 
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of the decanter had a relatively small impact on overall energy use and identified an 

optimal temperature of 80°C to minimise energy use.  This decanter temperature was used 

for the simulations presented in this work.  The butanol-rich portion was sent to the 

‘butanol’ column, which produced the product butanol in the bottoms (<0.01 wt% water) 

and recycled the butanol azeotrope produced in the distillate back to the decanter.  The 

aqueous phase from the decanter was recycled to the beer column.  Butanol recovery was 

set to 99.9%. 

Table A-1 – Principle numerical assumptions used in the simulation of distillation 

of aqueous butanol separations 

Assumption System Value 

Feed temperature 1 – 3 30°C 

Feed pressure 1 – 3 1 bara 

Feed flowrate 1 – 3 1000 kg/h 

Product temperatures 1 – 3 30°C 

Product pressures 1 – 3 1 bara 

‘Beer’ column pressure 1 – 3 1 bara 

‘Beer’ column stages 1 – 3 40 

‘Beer’ column, combined butanol and ethanol recovery (per 

pass) 
2 – 3 99.75% 

‘Beer’ column decanter temperature 2 – 3 90°C 

Acetone column pressure 3 0.7 bara 

Acetone column stages 3 50 

Acetone column, acetone recovery 3 99.9% 

Acetone product purity 3 99.9 wt% 

Ethanol column pressure 2 – 3 0.3 bara 

Ethanol column stages 2 – 3 40 

Ethanol column, ethanol recovery 2 – 3 99.9% 

Ethanol molecular sieve adsorption temperature 2 – 3 112°C 
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Assumption System Value 

Ethanol molecular sieve water adsorption fraction 2 – 3 95% 

Ethanol molecule sieve butanol & carboxylic acid adsorption 2 – 3 100% 

Ethanol concentration, desorption of molecular sieve 2 – 3 70 wt% 

Butanol column pressure 
1 1 bara 

2 – 3 2 bara 

Butanol column reflux ratio 2 – 3 0.01 

Butanol product, water content 1 – 3 0.1 wt% 

Butanol recovery 1 99.9 

Systems 2 and 3, depicted in Figures A-2 and A-3 respectively, were based on the 

schemes developed by the NREL (Tao et al., 2013a). In both, first, butanol, ethanol and 

any acetone were concentrated in a ‘beer’ column.  This column removed the heavy broth 

components, including the carboxylic acids.  The stillage (including the acids and other 

heavy broth components) was recycled via water treatment.  The tops of the beer column 

phase were separated in a decanter.  The organic phase, rich in acetone, ethanol and 

butanol was siphoned off, and the heavier aqueous phase was refluxed in the beer column.  

Combined butanol and ethanol recovery in the beer column was set to 99.75% per pass. 

In System 3, the organic phase was fed to a low pressure (0.7 bara) column, the ‘acetone’ 

column.  In System 2, the acetone column was omitted, since acetone is not a 'product of 

synthesis gas fermentation.  In System 3, the acetone column was assumed to recover 

99.9% of acetone input in the distillate at a purity of 99.9 wt%.  The lower pressure of the 

acetone column was set in order to allow heat from the condenser in the beer column to 

provide heat for the reboiler heat in the acetone column.   
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In both System 2 and 3, the mixture was then fed to the ‘ethanol’ column at 0.3 bara, 

which formed an azeotropic mixture of ethanol and water in the vapour phase in the 

distillate, and liquid aqueous butanol in the bottoms.  The ethanol column was assumed 

to recover 99.9% of the ethanol input.  The ethanol column pressure was set to allow heat 

from the condenser in the beer column to provide heat for the reboiler in the ethanol 

column.  

The azeotrope of ethanol and water produced in the distillate of the ethanol column was 

fed to a two-column system containing molecular sieves.  This system was based on that 

proposed by NREL (Humbird et al., 2011). One bed selectively adsorbed water whilst the 

azeotrope vapour flowed through it.  The molecular sieve was assumed to adsorb 95% of 

the water, leaving most of the ethanol to pass through in the vapour phase, after which it 

was condensed to produce ethanol at ~99.7 wt% (depending on the impurities).  

Meanwhile, the other adsorption column was regenerated by stripping the water from the 

saturated adsorbent using pure ethanol vapour at low-pressure.  The resulting vapour 

stream of ethanol and water was condensed and pumped back into the ethanol column.  

This stream was assumed to contain a mixture of 70 wt% ethanol in water.  Trace butanol 

and acetic acid were also assumed to be completely adsorbed and subsequently 

completely desorbed by the molecular sieve because details of adsorption isotherms with 

these materials were not available. 

In both Systems 2 and 3, the aqueous butanol from the bottom of the ethanol column was 

fed to a decanter and the organic phase from this was then fed to a butanol column in the 

same way as in System 1.  However, the aqueous phase from this decanter was recycled 

back to the beer column, instead of the water column used in System 1.  This prevents the 

build-up of acetone, ethanol and acetic acid in the decanter from previous columns that 

would otherwise occur.  Since butanol is less volatile than water, significant vacuum 

would be required in the butanol column in order to reduce the reboiler temperature of 

the butanol column sufficiently to allow heat from the beer column condenser to be 

useable, in the same manner as for the acetone and ethanol columns.  Instead, an elevated 

pressure of 2 bara was assumed for the butanol column in System 2 and 3.  Whilst this 

slightly raised the temperature of the reboiler in this column, it allowed the condenser of 

the butanol column to provide some of the reboiler heat requirements of the beer column. 

This meant that heat provided to the butanol column was not an additional load on the 

overall system.  Figure A-4 summarises the heat integration strategy of the beer, acetone, 

ethanol and butanol reboilers and condensers in Systems 2 and 3. 
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In simulations for System 2 and 3, a reflux ratio of 0.01 was assumed for the butanol 

column (set as close to zero as possible in the simulation since reflux effectively occurs 

via the decanter, as in the beer column), and a mass fraction of water of 0.1 wt% was 

assumed in the product butanol.  Butanol purity varied slightly throughout these 

simulations (circa 99 wt%) depending on the amount of acetic acid carried over from the 

decanter into the butanol column.  A further separation stage could be added to remove 

excess carboxylic acids.  However, the accuracy of the butanol purity in this simulation 

is not likely to be high enough to warrant modelling the additional stage.  The requirement 

for an additional stage depends on the liquid-liquid equilibrium of trace acetic acid in the 

decanters, for which high quality thermodynamic equilibrium models were not available 

for this simulation.   

 

Figure A-4 – Distillation column heat integration strategy for Systems 2 and 3 
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A.3 Feed Composition 

In all simulations, the feed to the distillation system was taken to flow at 1000 kg/h, and 

at 30°C, 1 bara.  All products were cooled to 30°C at 1 bara. 

In all three systems, dissolved gases (e.g. CO2) were neglected.  These non-condensable 

gases would be relatively trivial to remove as part of the distillation process, as they would 

be produced as off-gas in each condenser, mostly in the first decanter in each system.  The 

quantity and composition of dissolved gases in the feed depend on the type of 

fermentation, and the exact operation of the fermentation system.  If the quantity of 

dissolved gases were large, the non-condensable gas removed during the distillation 

process might contain significant quantities of products as vapour.  In this scenario, 

refrigeration of the off-gas might be warranted in order to recover these products; 

however, this would present an additional energy load.  Refrigeration systems might 

already be present in the fermentation system, in order to recover products from fermenter 

off-gas for example. 

Only water, acetone, ethanol, n-butanol, acetic and butyric acid were considered in the 

simulation.  Cells and other broth medium components were neglected.  It was assumed 

that such components would either be filtered before distillation, or pass out the bottoms 

of the beer column in the stillage. 

The relative quantity of each side product present in the feed is dependent on the 

fermentation stoichiometry.  Table A-2 details the assumed relative molar ratios of 

products in the feed for each system 

Table A-2 – Relative molar ratios of fermentation products assumed for distillation 

simulation feeds in each System 

Component System 1 System 2 System 3 

Acetone 0 0 0.5 

n-Butanol 1 1 1 

Ethanol 0 0.33 0.1667 

Butyric Acid 0 0.30 0.0463 

Acetic Acid 0 0.75 0.0926 

Source 
(Butanol 

only) 

Datta and Reeves (2014); 

Grethlein et al. (1990) 
Tao et al. (2013a) 
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As detailed in Table A-2, the fermentation stoichiometries for System 2 were based on 

the product ratios calculated from the pilot plant measurements of Datta and Reeves 

(2014) and bench-scale measurements of Grethlein et al. (1990) for fermentation of 

synthesis gases to butanol.  The product ratio of ethanol was estimated from 

measurements of electron efficiency for the conversion of synthesis gases to ethanol and 

butanol by Datta and Reeves (2014).  The product ratios of carboxylic acids for System 

2 was calculated based on the ratio of these products measured by Grethlein et al. (1990) 

and the assumption that the remainder of the balance of products based on the electron 

efficiencies of Datta and Reeves (2014) were acetic and butyric acids.  System 3 was 

designed to represent ABE fermentation, for which significant information exists on 

fermentation stoichiometry for a range of organisms and scales.  For the purpose of this 

simulation, the stoichiometry used by the NREL (Tao et al., 2013a) was assumed for 

System 3, as detailed in Table A-2.  The assumed product ratio is also in the typical ABE 

product ratio of 3 : 6 : 1 for acetone : butanol : ethanol (Green, 2011).  A typical 

commercial ABE solvent titre is around 20 g/l (Green, 2011), which equates to a butanol 

titre of ~13 g/l for production in the typical ABE product ratio, the balance being ethanol 

and acetone. 

A.4 Simulation in UniSim 

The three models were investigated using the flowsheeting software UniSim Design 440.  

The Modified Inside-Out solver method was used to solve the distillation columns.  This 

solver method was found to converge faster and was more stable than other solver 

methods, which was important due to the high number of recycle operations in the 

multicomponent systems.  As in Outram et al. (2016), the Extended-NRTL model was 

used for calculation of multicomponent equilibria. This model is suited to this type of 

simulation, which contained a wide range of temperatures and concentrations, as well as 

azeotropes.  UniSim’s library of binary NRTL coefficients were used for the Extended-

NRTL model.  These have been shown to agree with experimental butanol-water 

equilibria by Outram et al. (2016).  For binary pairs for which UniSim did not have NRTL 

coefficients available, coefficients were estimated using the UNIQUAC model.  Liquid-

liquid equilibria in decanters was predicted using coefficients estimated using the 

UNIQUAC liquid-liquid equilibrium model; vapour-liquid equilibria in distillation 

columns (and equilibria anywhere else) was calculated using the UNIQUAC vapour-

liquid equilibrium model.  It was found that using different binary coefficients did not 

impact significantly on the predicted energy consumption, but rather slightly altered the 
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balance of trace impurities (co-products, acetic acid, water) in the three product streams.  

The Soave-Redlich-Kwong equation of state was used to model the thermodynamics of 

the vapour phase.  The choice of equation of state was found to have negligible impact 

on the predicted energy consumption. 

Problems arose within UniSim when simulating the beer column when butyric acid was 

present; either the column solution would not converge, or the simulator erroneously 

predicted that all butyric acid, the heaviest component, would be recovered in the 

distillate.  This suggested that the binary coefficients estimated for this carboxylic acid 

were incorrect.  As a heavy component, it was therefore assumed that this component 

passed entirely to the bottom of the beer column and was therefore excluded from the 

beer column model in the simulation.  The heat required for the reboiler in the simulation 

was adjusted to account for the additional heat required to heat butyric acid to the reboiler 

temperature.  

Heat integration was performed using IChemE’s Pinch Analysis spreadsheet tool (Kemp, 

2006).  A minimum temperature difference of 10 K was assumed for heat integration, on 

the basis that most heat integration was between condensers and reboilers, which have 

large heat transfer coefficients.  Heat capacity was also assumed to be constant for 

sensible heat changes, and latent heat changes were assumed to be linear across the small 

temperature ranges over which phase changes occurred in any mixtures.  The energy 

required for pumps was insignificant and was ignored. 

A.5 Results of the Distillation Simulations 

The UniSim simulations produced are given in the Supplementary Material included with 

this dissertation.  Figure A-5 shows the net heat required, following heat integration, for 

each distillation System as a function of butanol concentration in the feed.  As would be 

expected, for all three systems, the heat input required rises significantly as the 

concentration of butanol in the feed is lowered.  Net heat inputs of circa 25 MJ/kg butanol 

are required to separate feeds at a butanol concentration of 1 wt% for all three systems.  

Figure A-6 shows the break-down of heat required in each distillation System in more 

detail, showing the heat demand of each column reboiler in each of the three systems 

(with heat consumption on a log scale). 

The overall net heat consumption largely follows the trend of the falling heat demand for 

the beer column as the feed concentration of butanol increases, which largely dominates 

the heat demand.  However, the heat demands of the reboilers of the ethanol, acetone and 
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butanol columns are constant with the feed concentration of butanol.  At high 

concentrations of butanol feed, the heat demand of the ethanol column dominates. 

A.6 Discussion of the Distillation Simulations 

In all three Systems, the net heat required for distillation is a strong function of the butanol 

concentration in the feed.  Indeed, for the binary case, System 1, the heat required is 

roughly inversely proportional to butanol concentration.  The following relationship, a 

rough ‘rule of thumb’, was found (0.1 wt% - 5 wt%, maximum error 11%): 

Net heat demand ≅
28

𝑚𝐵𝑢 (𝑤𝑡 %)
 MJ/kg butanol (A-1) 

Where 𝑚𝐵𝑢 is the mass fraction of butanol in the feed (wt%). 

  

 

Figure A-5 – Net heat required for distillation per kg of separated butanol for 

Systems 1-3 as a function of butanol concentration 
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Figure A-6 – Reboiler heat demand (per kg butanol separated) of each distillation 

column for (a) System 1; (b) System 2; (c) System 3 
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For System 1, as would be expected, most of the heat is required for:  

i. pre-heating the feed to ~100°C, as the final 10°C cannot be heat integrated 

ii. providing the reboiled vapour for the water column at ~100°C 

The reboiler load for the butanol column is relatively trivial, as seen in Figure A-6a.  The 

heat required per unit of butanol for (i) is proportional to the mass flowrate of the aqueous 

feed.  The heat required per unit of butanol for (ii) is also proportional to the quantity of 

aqueous feed, although it is less clear why this is the case.  Theoretically, the water 

column can produce the butanol-water azeotrope in the distillate.  This means that the 

heat required for the reboiler of the water column per unit butanol would be a function of 

the azeotrope composition.  In practice, however, the number of stages in the column is 

finite (40 in this simulation) and in this simulation the butanol recovery is fixed.  This 

results in the butanol in the distillate becoming less concentrated than the butanol-water 

azeotrope.  Thus, the more dilute the feed concentration of butanol, the more dilute the 

resulting distillate concentration is.  This results in a proportional relationship between 

the heat required for the reboiler of the water column (ii) and the quantity of aqueous 

feed.  Hence, the heat required for System 1 per kg butanol is roughly proportional to the 

weight of the aqueous feed (per kg butanol), i.e. 1/𝑚𝐵𝑢, resulting in eq. (A-1).  

As can be seen in Figure A-6a, the beer column dominates heat demand in System 1.  This 

is also true for Systems 2 and 3 for butanol concentrations below 2 wt% in the feed, as 

shown in Figure A-6b-c.  Since the heat required for the reboiler in the beer column drops 

as butanol concentration increases, the overall net heat required for the whole distillation 

system also decreases with increasing butanol concentration.  The pressures of each 

distillation column in Systems 2 and 3 were designed to maximise heat recovery, as 

detailed in Figure A-4.  The heat required for the acetone and ethanol columns can be 

supplied using heat from the beer column condenser.  Therefore, the heat required for the 

separation of these side-products does not contribute to the net heat demand, provided 

there is suitable heat integration. 

The compositions of flows downstream of the beer column do not vary significantly with 

the butanol concentration in the aqueous broth.  Therefore, the heat requirement of the 

columns downstream of the beer column are approximately constant with butanol 

concentration in the aqueous broth.  The beer column dominates heat demand below 

2 wt% butanol concentration in the aqueous feed.  Therefore, all heat consumed by the 

butanol column (at ~140°C) can be recycled to supplement the heat demand of the 
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reboiler in the beer column (at ~100°C).   Further heat is then also required for the reboiler 

in the beer column, and all heat input to the beer reboiler can then be recycled to supply 

the entire heat requirements of the ethanol and acetone columns. 

Above a feed concentration of 2 wt% butanol, the heat demand of the beer column 

reboiler is smaller than at more dilute butanol concentrations.  This results in the ethanol 

column, rather than the beer column, dominating the heat demand in Systems 2 and 3, as 

shown in Figure A-6.  This means that the heat recycled from the beer column will no 

longer be able to supply the heat required by the ethanol column.  Hence, additional heat 

will be required to supplement the heat demand of the ethanol column.  The net heat 

required by the distillation system no longer decreases with increased butanol 

concentration, as the system is dominated by the heat requirement of the ethanol column 

which does not depend on the butanol concentration in the aqueous feed. 

There is therefore a critical butanol concentration in the feed, at which point the condenser 

of the beer column is no longer able to provide the heat requirements of the downstream 

columns.  This critical concentration will depend on the relative molar composition of 

side-products in the feed.  The higher the relative concentration of ethanol, the larger the 

heat requirement of the ethanol column.  Since the heat requirement of the beer column 

decreases with increasing concentration of butanol in the feed, an increased concentration 

of ethanol in the feed results in a lower critical concentration of butanol.  However, it 

should be noted that despite the relative molar ratio of ethanol in the feed differing by a 

factor of two between System 2 and System 3 (Table A-2), there was no difference in this 

critical butanol concentration in simulations of System 2 versus that of System 3.   

However, simulations were only run at discrete intervals: 1.5 wt%, 2 wt% and 3 wt% in 

the region of the critical butanol concentration. 

Slightly unexpectedly, despite the additional solvents present in Systems 2 and 3, the net 

heat energy required for distillation is slightly lower in Systems 2 and 3 than in System 1 

for feed concentrations under 2 wt% butanol.  This is in part because the additional 

separations performed in the ethanol column and acetone column do not contribute to the 

net heat demand at butanol feed concentrations under 2 wt%.  In addition, the presence 

of the more volatile ethanol and acetone components slightly lowers the heat requirement 

of the reboiler in the beer column.  Because this reboiler dominates net energy 

consumption at low feed concentrations, the increased amounts of ethanol and acetone 

cause a slight reduction in net energy consumption.  Of course, capital and maintenance 
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costs would still be significantly larger in Systems 2 and 3 because of the additional 

columns required. 

The standard enthalpy of combustion of butanol is 36 MJ/kg.  As shown in Figure A-5, 

large quantities of heat would need to be supplied to operate these distillation schemes, 

especially at low butanol concentrations.  This heat demand often exceeds the combustion 

enthalpy of the butanol product, and due to the quantity would most likely have to come 

from combustion of additional feedstock. 

At titres above 2 wt%, net heat demand drops to around 10 MJ/kg butanol or less, as seen 

in Figure A-5.  This explains the benefits of increasing the butanol concentration fed to 

the distillation system where possible using in situ product recovery (e.g. gas and vacuum 

stripping).  If the butanol concentration could be increased to 3 – 5 wt% with minimal 

energy requirement, conventional distillation could then complete the separation at a 

more reasonable energy cost.  Distillation is also unsuitable for in situ product removal 

itself due to the high temperatures required by the beer column. 
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APPENDIX B. DERIVATION OF THE CO-EXISTENCE 

EQUATION AT CONSTANT TEMPERATURE, AND ESTIMATING 

DISTRIBUTION COEFFICIENTS FOR BUTANOL 

B.1 Derivation of the Co-existence equation at constant 

temperature 

Starting from the Gibbs-Duhem equation for the liquid and vapour phases at constant 

temperature for a closed binary mixture:  

𝑥1𝑑𝜇1
𝐿 + 𝑥2𝑑𝜇2

𝐿 = 𝑉𝐿𝑑𝑃 (B-1) 

𝑦1𝑑𝜇1
𝑉 + 𝑦2𝑑𝜇2

𝑉 = 𝑉𝑉𝑑𝑃 (B-2) 

Noting that at equilibrium, 𝜇1
𝐿 = 𝜇1

𝑉 (= 𝜇1) and therefore 𝑑𝜇1
𝐿 = 𝑑𝜇1

𝑉 (= 𝑑𝜇1), and also 

noting that (𝑦1 − 𝑥1) =  −(𝑦2 − 𝑥2), subtracting the liquid equation from the vapour 

equation yields: 

(𝑦1 − 𝑥1)(𝑑𝜇1 − 𝑑𝜇2) = (𝑉
𝑉 − 𝑉𝐿)𝑑𝑃 (B-3) 

Generally, the chemical potential of species 𝑖  in the vapour phase can be found by 

considering the deviation from that of a pure ideal gas ((𝜕𝜇𝑖
𝑅𝑀/𝜕𝑃)𝑇,𝑛 = 𝑉𝑖): 

𝜇𝑖
𝑉 = 𝜇𝑖

𝑜,𝑝𝑢𝑟𝑒,𝐼𝐺 + 𝑅𝑇ln (
𝑃

𝑃𝑜
) + 𝑅𝑇ln𝑦𝑖 +∫ (𝑉𝑖

𝑉
−
𝑅𝑇

𝑃
)

𝑃

0

𝑑𝑃 (B-4) 

𝜇𝑖
𝑉 = 𝜇𝑖

𝑜,𝑝𝑢𝑟𝑒,𝐼𝐺 + 𝑅𝑇ln (
𝑦𝑖𝜙𝑃

𝑃𝑜
) (B-5) 

∴ 𝑑𝜇𝑖
𝑉 = 𝑑𝜇𝑖 = 𝑅𝑇 [

𝑑𝑃

𝑃
+
𝑑𝑦𝑖
𝑦𝑖
+ 𝑑ln𝜙𝑖] (B-6) 

Hence, for the binary mixture of components 1 and 2, substituting into Eq. (B-3): 

𝑅𝑇(𝑦1 − 𝑥1) (
𝑑𝑦1
𝑦1
+ 𝑑 ln𝜙1 −

𝑑𝑦2
𝑦2

− 𝑑 ln𝜙2) = (𝑉
𝑉 − 𝑉𝐿)𝑑𝑃 (B-7) 

and since 𝑦2 = (1 − 𝑦1) and 𝑑𝑦2 = −𝑑𝑦1: 

𝑅𝑇(𝑦1 − 𝑥1) (
𝑑𝑦1

𝑦1(1 − 𝑦1)
+ 𝑑 ln (

𝜙1
𝜙2
)) = (𝑉𝑉 − 𝑉𝐿)𝑑𝑃 (B-8) 

Re-arrangement yields the co-existence equation at constant temperature: 

𝑑𝑦1
𝑑𝑃

= 𝑦1(1 − 𝑦1) (
𝑉𝑉 − 𝑉𝐿

𝑅𝑇(𝑦1 − 𝑥1)
−
𝑑 ln(𝜙1/𝜙2)

𝑑𝑃
) (B-9) 
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B.2 Applying the Virial Equation to the Co-existence Equation 

The virial equation for a binary mixture is given by (Appendix D): 

𝑉𝑉 =
𝑅𝑇

𝑃
+ 𝑦1𝐵11 + 𝑦2𝐵22 + 𝑦1𝑦2𝛿12 (B-10) 

where 𝐵11 and 𝐵22 are the second virial coefficients for pure species 1 and 2 respectively, 

and 𝛿12 = (2𝐵12 − 𝐵11 − 𝐵22). 

ln𝜙1 =
𝑃

𝑅𝑇
(𝐵11 + 𝑦2

2𝛿12) =
𝑃

𝑅𝑇
(𝐵11 + (1 − 𝑦1)

2𝛿12) (B-11) 

ln𝜙2 =
𝑃

𝑅𝑇
(𝐵22 + 𝑦1

2𝛿12) (B-12) 

Hence: 

𝑑 ln (
𝜙1
𝜙2
)

𝑑𝑃
=
𝑑

𝑑𝑃
(
𝑃

𝑅𝑇
(𝐵11 − 𝐵22 + ((1 − 𝑦1)

2 − 𝑦1
2)𝛿12)) (B-13) 

𝑑 ln (
𝜙1
𝜙2
)

𝑑𝑃
=
𝑑

𝑑𝑃
(
𝑃

𝑅𝑇
(𝐵11 − 𝐵22 + (1 − 2𝑦1)𝛿12)) (B-14) 

𝑑 ln (
𝜙1
𝜙2
)

𝑑𝑃
=
1

𝑅𝑇
((𝐵11 − 𝐵22 + (1 − 2𝑦1)𝛿12) + 𝑃(−2𝛿12)

𝑑𝑦1
𝑑𝑃
) (B-15) 

Substitution into the co-existence equation (B-9) gives: 

𝑑𝑦1
𝑑𝑃

=
𝑦1(1 − 𝑦1)

𝑅𝑇
(
𝑉𝑉 − 𝑉𝐿

(𝑦1 − 𝑥1)
− (𝐵11 − 𝐵22 + (1 − 2𝑦1)𝛿12) + 2𝑃𝛿12

𝑑𝑦1
𝑑𝑃
) (B-16) 

𝑑𝑦1
𝑑𝑃

=
𝑦1𝑦2 (𝑉

𝑉 − 𝑉𝐿 − (𝑦1 − 𝑥1)(𝐵11 − 𝐵22 + (1 − 2𝑦1)𝛿12))

(𝑅𝑇 − 2𝑃𝑦1𝑦2𝛿12)(𝑦1 − 𝑥1)
(B-17) 

𝑑𝑦1
𝑑𝑃

=
𝑉𝑉 − 𝑦1𝐵11 + 𝑦1𝐵22 + 𝑥1𝐵22 − 𝑥1𝐵22 − 𝑉

𝐿 − (𝑦1 − 𝑥1)(1 − 2𝑦1)𝛿12

(𝑦1 − 𝑥1) (
𝑅𝑇
𝑦1𝑦2

− 2𝛿12𝑃)
(B-18) 

From the virial equation definition for a binary mixture, eq. (B-10): 

𝑑𝑦1
𝑑𝑃

=

𝑅𝑇
𝑃 + 𝑥1𝐵11 + 𝑥2𝐵22 − 𝑉

𝐿 − (𝑦1 − 𝑥1)(1 − 2𝑦1)𝛿12

(𝑦1 − 𝑥1) (
𝑅𝑇
𝑦1𝑦2

− 2𝛿12𝑃)
(B-19) 
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B.3 Virial Co-existence Equation at 𝑥1 → 0 

At 𝑥1 = 𝑦1 → 0, 𝑃 = 𝑃2
𝑠𝑎𝑡: 

(
𝑑𝑦1
𝑑𝑃
)
𝑦1→0

= lim
𝑦1→0

(

𝑅𝑇
𝑃2
𝑠𝑎𝑡 + 𝐵22 − 𝑉2

𝐿

(𝑦1 − 𝑥1) (
𝑅𝑇
𝑦1
− 2𝛿12𝑃)

) = lim
𝑦1→0

(
𝑉2
𝑉 − 𝑉2

𝐿

(𝑦1 − 𝑥1)
𝑅𝑇
𝑦1

) (B-20) 

(
𝑑𝑦1
𝑑𝑃
)
𝑦1→0

= lim
𝑦1→0

(
𝑉2
𝑉 − 𝑉2

𝐿

𝑅𝑇 (1 −
𝑥1
𝑦1
)
) (B-21) 

Applying L’Hôpital’s Rule, this collapses to: 

(
𝑑𝑦1
𝑑𝑃
)
𝑦1→0

=
𝑉2
𝑉 − 𝑉2

𝐿

𝑅𝑇 (1 − (
𝑑𝑥1
𝑑𝑦1

)
𝑦1→0

)

(B-22)
 

(1 − (
𝑑𝑥1
𝑑𝑃
)
𝑦1→0

(
𝑑𝑃

𝑑𝑦1
)
𝑦1→0

)(
𝑑𝑦1
𝑑𝑃
)
𝑦1→0

=
(𝑉2

𝑉
− 𝑉2

𝐿
)

𝑅𝑇
(B-23) 

(
𝑑𝑦1
𝑑𝑃
)
𝑦1→0

=
(𝑉2

𝑉 − 𝑉2
𝐿)

𝑅𝑇
+

1

(
𝑑𝑃
𝑑𝑥1

)
𝑦1→0

(B-24)
 

(
𝑑𝑦1
𝑑𝑥1

)
𝑦1→0

=
(𝑉2

𝑉 − 𝑉2
𝐿)

𝑅𝑇
. (
𝑑𝑃

𝑑𝑥1
)
𝑦1→0

+ 1 (B-25) 
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B.4 Derivations of the Limiting Activity Co-efficient from the 

virial Co-existence Equation 

The general statements for vapour-liquid equilibrium is: 

𝜙𝑖(𝑦𝑖, 𝑇, 𝑃). 𝑦𝑖𝑃 = 𝛾𝑖(𝑥𝑖, 𝑇, 𝑃). 𝑥𝑖. 𝜙𝑖
𝑠𝑎𝑡 . 𝑃𝑖

𝑠𝑎𝑡 . exp (
𝑉𝑖
𝐿(𝑃 − 𝑃𝑖

𝑠𝑎𝑡)

𝑅𝑇
) (B-26) 

which can be rearranged to give: 

𝛾𝑖(𝑥𝑖, 𝑇, 𝑃) =
𝜙𝑖(𝑦𝑖, 𝑇, 𝑃). 𝑦𝑖𝑃

𝑥𝑖. 𝜙𝑖
𝑠𝑎𝑡 . 𝑃𝑖

𝑠𝑎𝑡 . exp (
−𝑉𝑖

𝐿(𝑃 − 𝑃𝑖
𝑠𝑎𝑡)

𝑅𝑇
) (B-27) 

The limiting activity coefficient can be found the limit at 𝑥1 = 𝑦1 → 0, where 𝑃 = 𝑃2
𝑠𝑎𝑡, 

𝜙1 = 𝜙1
∞, 𝛾1 = 𝛾1

∞, by applying L’Hôpital’s Rule  

𝛾1
∞(𝑇, 𝑃2

𝑠𝑎𝑡) = (
𝑑𝑦1
𝑑𝑥1

)
𝑦1→0

.
𝜙1
∞𝑃2

𝑠𝑎𝑡

𝜙1
𝑠𝑎𝑡𝑃1

𝑠𝑎𝑡 . exp (
−𝑉1

𝐿(𝑃2
𝑠𝑎𝑡 − 𝑃1

𝑠𝑎𝑡)

𝑅𝑇
) (B-28) 

From expressions for 𝜙𝑖 using the virial equation (eqs. D-13 and D-14, Appendix D): 

𝜙1
∞𝑃2

𝑠𝑎𝑡

𝜙1
𝑠𝑎𝑡𝑃1

𝑠𝑎𝑡 = 𝛼2,1.
exp (

𝑃2
𝑠𝑎𝑡(𝐵11 + 𝛿12)

𝑅𝑇
)

exp (
𝑃1
𝑠𝑎𝑡𝐵11
𝑅𝑇 )

(B-29) 

𝛾1
∞(𝑇, 𝑃2

𝑠𝑎𝑡) = (
𝑑𝑦

𝑑𝑥1
)
𝑦1=0

𝛼2,1. exp (
(𝑃2

𝑠𝑎𝑡 − 𝑃1
𝑠𝑎𝑡)(𝐵11 − 𝑉1

𝐿) + 𝑃2
𝑠𝑎𝑡𝛿12

𝑅𝑇
) (B-30) 

where 𝛼2,1 is the relative volatility of component 2 versus component 1, i.e.: 

𝛼2,1 =
𝑃2
𝑠𝑎𝑡

𝑃1
𝑠𝑎𝑡 (B-31) 

Substituting the coexistence equation at 𝑦1 → 0  (eq. B-25 ) with the virial EoS (eq. 

(B-25)) and expressions for 𝜙𝑖 (eqs. D-13 and D-14, Appendix D) for the virial equation 

yields: 

𝛾1
∞(𝑇, 𝑃2

𝑠𝑎𝑡) = (
(𝑉2

𝑉 − 𝑉2
𝐿)

𝑅𝑇
. (
𝑑𝑃

𝑑𝑥1
)
𝑥1=0

+ 1) . 𝛼2,1. 𝜖

𝜖 =  exp(
𝑃1
𝑠𝑎𝑡

𝑅𝑇
((𝛼2,1 − 1)(𝐵11 − 𝑉1

𝐿) + 𝛼2,1𝛿12)) (B-32)

 

For Raoult’s Law (ideal case), the gradient 𝑑𝑃/𝑑𝑥1 is given by: 

𝑃 = 𝑥1𝑃1
𝑠𝑎𝑡 + (1 − 𝑥1)𝑃2

𝑠𝑎𝑡 →
𝑑𝑃

𝑑𝑥1
= (𝑃1

𝑠𝑎𝑡 − 𝑃2
𝑠𝑎𝑡) (B-33) 
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The bubble-point curve is a straight line for Raoult’s Law.  Writing the gradient 𝑑𝑃/𝑑𝑥1 

relative to its gradient for the ideal mixture case (Raoult’s Law): 

𝛾1
∞(𝑇, 𝑃2

𝑠𝑎𝑡) = (
(𝑉2

𝑉 − 𝑉2
𝐿)

𝑅𝑇
.ℳ(𝑃1

𝑠𝑎𝑡 − 𝑃2
𝑠𝑎𝑡) + 1) . 𝛼2,1. 𝜖 (B-34) 

𝛾1
∞(𝑇, 𝑃2

𝑠𝑎𝑡) = (1 −
𝑃2
𝑠𝑎𝑡(𝑉2

𝑉 − 𝑉2
𝐿)

𝑅𝑇
.ℳ (1 −

1

𝛼2,1
)) . 𝛼2,1. 𝜖 (B-35) 

𝛾1
∞(𝑇, 𝑃2

𝑠𝑎𝑡) = (𝛼2,1 − (𝛼2,1 − 1)ℳ
𝑃2
𝑠𝑎𝑡(𝑉2

𝑉 − 𝑉2
𝐿)

𝑅𝑇
) 𝜖 (B-36) 

𝛾1
∞(𝑇, 𝑃2

𝑠𝑎𝑡) = (𝛼2,1 − (𝛼2,1 − 1)ℳ
𝑃2
𝑠𝑎𝑡(𝑉2

𝑉 − 𝑉2
𝐿)

𝑅𝑇
) 𝜖

𝜖 =  exp(
𝑃1
𝑠𝑎𝑡

𝑅𝑇
((𝛼2,1 − 1)(𝐵11 − 𝑉1

𝐿) + 𝛼2,1𝛿12)) (B-37)

 

Here ℳ is the gradient relative to Raoult’s Law: 

(
𝑑𝑃

𝑑𝑥1
)
𝑦1=0

= ℳ(𝑃1
𝑠𝑎𝑡 − 𝑃2

𝑠𝑎𝑡) (B-38) 

When ℳ  = 1 and the vapour phase assumed to be ideal (and Poynting correction is 

ignored by assuming 𝑉1
𝐿 is negligible), 𝛾1

∞ = 1. 

For systems with 𝑃2
𝑠𝑎𝑡 > 𝑃1

𝑠𝑎𝑡, if ℳ < 1, 𝛾1
∞ > 1, the system will show positive deviation 

from Raoult’s Law; in these cases, the species show a net repulsive force. 

At ℳ = 0, the gradient of the bubble-point curve is zero at 𝑥1 = 0 

For  ℳ < 0, the gradient of the bubble-point curve is positive for systems with 𝑃2
𝑠𝑎𝑡 >

𝑃1
𝑠𝑎𝑡; in these systems, the vapour pressure initially increases with addition of the more 

volatile species 2, and hence the system forms a minimum boiling point azeotrope at some 

composition (by Rolle’s Theorem (Munroe, 2018)).  Conversely, if ℳ < 1, 𝛾1
∞ < 1 and 

the system will show negative deviation from Raoult’s Law. 

If 𝑃1
𝑠𝑎𝑡 > 𝑃2

𝑠𝑎𝑡 , these conclusions are reversed: if ℳ  < 1, the system shows negative 

deviation from Raoult’s Law and if ℳ < 0, the system forms a maximum boiling point 

azeotrope at some composition.  ℳ > 1 would indicate positive deviation from Raoult’s 

Law. 
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B.5 The Limiting Distribution Coefficient for Dilute Butanol in 

Hydrocarbons vs. Water 

The limiting distribution coefficient for butanol is given by: 

𝐷𝑖
∞,𝑚𝑜𝑙𝑎𝑟 = 

𝛾𝑖
∞,𝑎𝑞(𝑃, 𝑇)

𝛾𝑖
∞,𝑜𝑟𝑔(𝑃, 𝑇)

(B-39) 

As shown in Appendix E, the effect of pressure on activity coefficient can be neglected.  

Since water and the hydrocarbons explored have very low mutual solubilities, the 

concentration of water in the organic phase and the concentration of the hydrocarbon in 

the aqueous phase can be neglected, and binary activity coefficients for butanol in 

hydrocarbons and butanol in water can be used (i.e. the trace concentration of water in 

the hydrocarbon phase is assumed to have no impact on the activity coefficient of butanol 

in the organic phase etc.). 

For the butanol (1) - hydrocarbon (2) binary system, for C4 – C6 hydrocarbons 𝑃2
𝑠𝑎𝑡 >

𝑃1
𝑠𝑎𝑡.  VLE data indicates that these systems show a positive deviation from Raoult’s 

Law, but that most do not form an azeotrope.  Therefore, for these systems, 0 < ℳ < 1.  

The only exception is n-hexane, which shows a minimum boiling point azeotrope at a 

dilute butanol concentration; this means that for n-hexane, ℳ is slightly negative.  Hence, 

using equation (B-37): 

𝐷𝐵𝑢
∞,𝑚𝑜𝑙𝑎𝑟(𝑇) =

𝛾𝐵𝑢
∞,𝑎𝑞(𝑇)

(𝛼2,1 − (𝛼2,1 − 1)ℳ
𝑃2
𝑠𝑎𝑡(𝑉2

𝑉 − 𝑉2
𝐿)

𝑅𝑇 ) 𝜖

 

𝜖 =  exp(
𝑃1
𝑠𝑎𝑡

𝑅𝑇
((𝛼2,1 − 1)(𝐵11 − 𝑉1

𝐿) + 𝛼2,1𝛿12)) (B-40)

 

A thorough analyses of the limiting activity coefficient of butanol (𝛾𝐵𝑢
∞,𝑎𝑞(𝑇)) was 

conducted by Dohnal et al, (2006) (n-butanol)  and Fenclova et al. (2007) (iso-butanol) 

over the temperature range 273 - 373 K.  Their correlations for 𝛾𝐵𝑢
∞,𝑎𝑞(𝑇) are given in 

Appendix F. 
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APPENDIX C. MASS BALANCE  OF THE EQUILIBRIUM 

CELL 

The liquid composition at equilibrium ( 𝑥1 ) can be determined from the overall 

composition (𝑧1); the vapour composition at equilibrium (𝑦1); and the molar volume of 

the equilibrium cell (𝑉𝑐𝑒𝑙𝑙).  These compositions can be linked by a mass balance of the 

equilibrium cell.  The cell volume is the sum of the liquid volume and the vapour volume: 

𝑉𝑐𝑒𝑙𝑙 = 𝑉𝑐𝑒𝑙𝑙𝑁𝑐𝑒𝑙𝑙 = (𝜓𝑁𝑐𝑒𝑙𝑙)𝑉𝑉 + ((1 − 𝜓)𝑁𝑐𝑒𝑙𝑙)𝑉𝐿 (C-1) 

Where 𝜓 is the mole fraction of the total cell contents in the vapour phase.   

The moles of species 1 in the cell is the sum of the moles of species 1 in the liquid and 

vapour phases: 

𝑧1𝑁
𝑐𝑒𝑙𝑙 = 𝑦1(𝜓𝑁

𝑐𝑒𝑙𝑙) + 𝑥1((1 − 𝜓)𝑁
𝑐𝑒𝑙𝑙) (C-2) 

Rearranging both of these expressions for 𝜓 yields: 

𝜓 =
𝑧1 − 𝑥1
𝑦1 − 𝑥1

=
𝑉𝑐𝑒𝑙𝑙 − 𝑉𝐿

𝑉𝑉 − 𝑉𝐿
(C-3) 

∴ 𝑥1 =
𝑧1𝑉

𝑉 − 𝑦1𝑉
𝑐𝑒𝑙𝑙 + (𝑦1 − 𝑧1)𝑉

𝐿

𝑉𝑉 − 𝑉𝑐𝑒𝑙𝑙
(C-4) 

However, 𝑉𝐿 is a function of 𝑥1; for a binary mixture: 

𝑉𝐿 = 𝑥1𝑉1
𝐿 + (1 − 𝑥1)𝑉2

𝐿 + 𝑉𝐸
𝐿 = 𝑉2

𝐿 + 𝑥1(𝑉1
𝐿 − 𝑉2

𝐿) + 𝑉𝐿
𝐸

(C-5) 

Where 𝑉𝐿
𝐸

 is the molar excess volume on mixing (which is a function of 𝑥1).  Hence: 

𝑥1 =
𝑧1𝑉

𝑉 − 𝑦1𝑉
𝑐𝑒𝑙𝑙 + (𝑦1 − 𝑧1)(𝑉2

𝐿 + 𝑉𝐿
𝐸
(𝑥1))

𝑉𝑉 − 𝑉𝑐𝑒𝑙𝑙 − (𝑦1 − 𝑧1)(𝑉1
𝐿 − 𝑉2

𝐿)
(C-6) 

This is a problem as 𝑉𝐿
𝐸

 is a complex function of 𝑥1, and so numerical techniques would 

be required to solve this equation.  However, 𝑉𝐿
𝐸

 can be neglected since 𝑉𝐿
𝐸
≪ 𝑉2

𝐿 .  

Note that the entire term containing 𝑉𝐿
𝐸

,  (𝑦1 − 𝑧1)(𝑉2
𝐿 + 𝑉𝐿

𝐸
(𝑥1)), is usually negligible 

anyway, because (𝑦1 − 𝑧1)~𝑂(𝑧1, 𝑦1), and 𝑉2
𝐿 ≪ 𝑉𝑉.  Hence, neglecting 𝑉𝐿

𝐸
: 

∴ 𝑥1 =
𝑧1𝑉

𝑉 − 𝑦1𝑉
𝑐𝑒𝑙𝑙 + (𝑦1 − 𝑧1)𝑉2

𝐿

𝑉𝑉 − 𝑉𝑐𝑒𝑙𝑙 − (𝑦1 − 𝑧1)(𝑉1
𝐿 − 𝑉2

𝐿)
(C-7) 
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APPENDIX D. VAPOUR PHASE EQUATIONS OF STATE 

Calculation of molar volume in the vapor phase (𝑉𝑉) is essential for correcting overall 

cell mole fractions into liquid mole fractions.  Calculation of vapor phase fugacity 

coefficients (𝜙𝑖 ) are essential for the calculation of activity coefficients.  Both are 

calculable from equations of state. 

Fugacity coefficients can be derived from equations of state by considering the residual 

Gibbs energy, i.e. the difference between the Gibbs energy of the real gas phase and that 

of the ideal gas phase (Raal and Muhlbauer, 1997): 

ln 𝜙𝑖 = ∫ (𝑍 − 1)
𝑑𝑃

𝑃
 

𝑃

0

(D-1) 

Where 𝑍 is compressibility factor (𝑃𝑉𝑉/𝑅𝑇) 

D.1 Ideal Gas Law 

The molar volume and fugacity coefficients for an ideal gas are independent of 

composition and are given by: 

𝑉𝑉 =
𝑅𝑇

𝑃
(D-2) 

𝜙𝑖 = 1 (D-3) 

The ideal gas law is a reasonable approximation at low pressures when intermolecular 

forces are negligible. 

D.2 Soave-Redlich-Kwong Equation of State 

The Soave-Redlich-Kwong (SRK) equation of state (Soave, 1972) is given by the solution 

of the following cubic in 𝑍: 

𝑍3 − 𝑍2 + 𝑍(𝐴 − 𝐵 − 𝐵2) − 𝐴𝐵 = 0 (D-4) 

𝐴 (representing intermolecular forces) and 𝐵 (representing finite molecular size) for a 

binary mixture are calculated from 𝐴𝑖𝑖 and 𝐵𝑖 for the pure components: 

𝐴𝑖𝑖 = 0.42747
𝑃𝑟,𝑖

𝑇𝑟,𝑖
2 (1 + (0.480 + 1.574𝜔𝑖 − 0.176𝜔𝑖

2)(1 − 𝑇𝑟,𝑖
0.5))

2
(D-5) 

𝐵𝑖 = 0.08664
𝑃𝑟,𝑖
𝑇𝑟,𝑖

(D-6) 
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Where 𝑇𝑟,𝑖 is reduced temperature (𝑇/𝑇𝑐,𝑖) and 𝑃𝑟,𝑖 is reduced pressure (𝑃/𝑃𝑐,𝑖).  Taking 

𝐴12 (the interactions between species 1 and species 2) to be the geometric mean of 𝐴11 

and 𝐴22 (i.e. neglecting the binary interaction parameter): 

𝐴12 = (𝐴1𝐴2)
0.5 (D-7) 

𝐴 = 𝑦1
2𝐴11 + 𝑦1𝑦2𝐴12 + 𝑦2

2𝐴22 (D-8) 

𝐵 = 𝑦1𝐵1 + 𝑦2𝐵2 (D-9) 

 Hence: 

𝑉𝑉 = 𝑍
𝑅𝑇

𝑃
(D-10) 

ln𝜙𝑖 = (𝑍 − 1)
𝐵𝑖
𝐵
− ln(𝑍 − 𝐵) −

𝐴

𝐵
(2 (

𝐴𝑖𝑖
𝐴
)
0.5

−
𝐵𝑖
𝐵
) ln (1 +

𝐵

𝑍
) (D-11) 

Equations of state such as Redlich-Kwong are cubic equations which allow modelling of 

the vapour phase based on the principle of corresponding states.  Soave’s modification 

optimised the equation for hydrocarbons. 

D.3 Virial Equation of State 

The molar volume of the vapor phase and fugacity coefficients for the virial equation of 

state for a binary mixture are given by: 

𝑉𝑉 =
𝑅𝑇

𝑃
+ 𝑦1𝐵11 + 𝑦2𝐵22 + 𝑦1𝑦2𝛿12 (D-12) 

Where 𝐵11  and 𝐵22  are the second virial coefficients for pure species 1 and 2 

respectively, and 𝛿12 = (2𝐵12 − 𝐵11 − 𝐵22).  Therefore: 

ln 𝜙1 =
𝑃

𝑅𝑇
(𝐵11 + 𝑦2

2𝛿12) (D-13) 

ln𝜙2 =
𝑃

𝑅𝑇
(𝐵22 + 𝑦1

2𝛿12) (D-14) 

The virial equation of state is a truncated expansion of compressibility factor.  Because it 

is truncated at the second term, it is valid at low to moderate pressures.  The second virial 

coefficient (𝐵𝑖𝑖) accounts for intermolecular interactions between molecules, and many 

correlations and models exist for the purposes of calculating 𝐵𝑖𝑖.  In this work, the method 

of Tsonopoulos has been used (Tsonopoulos, 1974). 
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D.4 Tsonopoulos’ Method for Calculation of Second Virial 

Coefficients 

In Tsonopoulos’ method (Tsonopoulos, 1974), the second virial coefficient for a binary 

mixture of species 𝑖 and 𝑗 is given by: 

𝐵𝑖𝑗 =
𝑅𝑇𝑐,𝑖𝑗

𝑃𝑐,𝑖𝑗
(𝑓(0)(𝑇𝑟) + 𝜔𝑖𝑗𝑓

(1)(𝑇𝑟) + 𝑓
(2)(𝑇𝑟)) (D-15) 

𝑓(0)(𝑇𝑟) = 0.1445 −
0.330

𝑇𝑟
−
0.1385

𝑇𝑟2
−
0.0121

𝑇𝑟
3 −

0.000607

𝑇𝑟
8 (D-16) 

𝑓(1)(𝑇𝑟) = 0.0637 +
0.331

𝑇𝑟2
−
0.423

𝑇𝑟
3 −

0.008

𝑇𝑟
8 (D-17) 

𝑓(2)(𝑇𝑟) =
𝑎𝑖𝑗

𝑇𝑟
6 −

𝑏𝑖𝑗

𝑇𝑟
8 (D-18) 

Where 𝑇𝑟 is the reduced temperature of the mixture (𝑇/𝑇𝑐,𝑖𝑗).  The parameters 𝑎𝑖𝑗 and 𝑏𝑖𝑗 

are Tsonopoulos parameters for polar and associating species.  These parameters are 

calculated from those of pure species, which depend on the dipole moment of the species.  

The reduced dipole moment (𝜇𝑟,𝑖 ) for a species, 𝑖 , can be calculated from its dipole 

moment (𝜇𝑖), and is given by: 

𝜇𝑟,𝑖 =
𝜇𝑖
2 (

𝑃𝑐,𝑖
1.01325

)

𝑇𝑐,𝑖
2 (D-19) 

Where 𝑃𝑐 is in Pa, 𝑇𝑐 is in K and 𝜇 is in Debye.  For non-polar molecules (e.g. alkanes), 

𝑎𝑖𝑖 = 𝑏𝑖𝑖 = 0.  For water, 𝑎𝑖𝑖 = −0.0109, 𝑏𝑖𝑖 = 0 (Poling et al., 2001).  For ketones, 

aldehydes and carboxylic acids, 𝑎𝑖𝑖 and 𝑏𝑖𝑖 are given by (Poling et al., 2001): 

𝑎𝑖𝑖 = −0.000214𝜇𝑟,𝑖 − (4.308𝑥10
−21)𝜇𝑟,𝑖

8 ;     𝑏𝑖𝑖 = 0 (D-20) 

The values of 𝑎𝑖𝑖  and 𝑏𝑖𝑖  for slightly polar hydrocarbons (alkenes) were assumed to 

follow the same formula as ketones.  For 1-alcohols except methanol (Poling et al., 2001): 

𝑎𝑖𝑖 = 0.0878; 𝑏𝑖𝑖 = 0.00908 + 0.0006957𝜇𝑟,𝑖 (D-21) 

This formula for 1-alcohols was assumed to be valid for iso-butanol. 

The Tsonopoulos parameters (𝑎𝑖𝑗, 𝑏𝑖𝑗) of the mixture for two polar species (i.e. 𝑎𝑖𝑖 and 

𝑎𝑗𝑗 are both non-zero) are given by: 

𝑎𝑖𝑗 = 0.5(𝑎𝑖𝑖 + 𝑎𝑗𝑗),    𝑏𝑖𝑗 = 0.5(𝑏𝑖𝑖 + 𝑏𝑗𝑗) (D-22) 
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For mixtures of polar with non-polar species (i.e. either or both molecules have 𝑎𝑖𝑖 = 0), 

the polar contribution to 𝐵𝑖𝑗is neglected (i.e. 𝑎𝑖𝑗 = 𝑏𝑖𝑗 = 0). 

Finally, critical temperature, pressure and acentricity of the mixture are calculated from 

the critical properties of pure components using the following mixing rules: 

𝑇𝑐,𝑖𝑗 = (1 − 𝑘𝑖𝑗)(𝑇𝑐,𝑖𝑇𝑐,𝑗)
0.5

(D-23) 

𝑃𝑐,𝑖𝑗 = 4𝑇𝑐,𝑖𝑗

(
𝑃𝑐,𝑖𝑉𝑐,𝑖
𝑇𝑐,𝑖

+
𝑃𝑐,𝑗𝑉𝑐,𝑗
𝑇𝑐,𝑗

)

(𝑉𝑐,𝑖
1/3
+ 𝑉𝑐,𝑗

1/3
)
3 (D-24) 

𝜔𝑖𝑗 = 0.5(𝜔𝑖 + 𝜔𝑗) (D-25) 

Where 𝑘𝑖𝑗 is the binary interaction parameter, a characteristic constant for each binary.  

For binaries containing species of similar size and chemical nature, 𝑘𝑖𝑗 is zero (and thus 

𝑇𝑐,𝑖𝑗 is the geometric mean of 𝑇𝑐,𝑖 and 𝑇𝑐,𝑗).  Tsonopoulous provided some average values 

for pairs of compounds of different types (Tsonopoulos, 1974).  These have been assumed 

in this work, and are given in Table D-1. 

Table D-1 – Binary Interaction Parameters for pairs of different types of compounds 

𝒌𝒊𝒋 = 𝒌𝒋𝒊 Hydrocarbons Ketones 
Alcohols & 

Carboxylic Acids 
Water 

Hydrocarbons 0 0.13 0.15 0.40 

Ketones 0.13 0 0.05 0.15 

Alcohols &  

Carboxylic Acids1 
0.15 0.05 0 0.10 

Water 0.40 0.15 0.10 0 

1 Carboxylic acids not included in Tsonopoulos (1974); they were assumed to have binary 

interactions similar to those of alcohols. 
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D.5 Comparison of Second virial Coefficients of Pure Pentane 

and Butanol Calculated by Different Methods 

To evaluate predictions of second virial coefficients obtained from different methods, a 

comparison was conducted.  Three methods for the calculation of second virial 

coefficients of pure n-pentane and n-butanol were compared: the Tsonopoulos method 

(as detailed above); a DIPPR correlation (Rowley et al., 2008); and the method of 

O’Connell and Prausnitz (1967) (used in the reduction of VLE measurements of pentane 

and butanol by Ronc and Ratcliff (1976)).  Second virial coefficients predicted by each 

of these three methods for butanol and pentane at 30°C and 60°C are shown in Table D-2. 

Figure D-1 plots the DIPPR correlation against empirical values of the second virial 

coefficient contained in the DIPPR database (Rowley et al., 2008).  This figure 

demonstrates that the values of the second virial coefficient predicted for butanol by the 

DIPPR correlation at 30°C and 60°C (1000/T = 3.3 and 3.0) are significantly lower than 

the empirical values in the DIPPR database at these temperatures.  Predictions of the 

second virial coefficient of butanol by the Tsonopoulos method were closest to the 

empirical measurements.  The values detailed in Table D-2 for this method are close to 

the experimental values in Figure D-1.  Conversely, the method of O’Connell and 

Prausnitz predicted implausible values for the second virial coefficient of butanol that 

were far higher than the empirical values in Figure D-1.  For pentane, all three methods 

produced good predictions of second virial coefficient compared to the empirical values.  

This was expected, as pentane is a simple, non-polar molecule. 

Due to its accuracy in predicting both pentane and butanol coefficients, the Tsonopoulos 

method was selected for the calculation of second virial coefficients in this work. 
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Table D-2 – Second virial coefficients of butanol and pentane at 30oC and 60oC, 

calculated using the DIPPR correlation; the Tsonopoulos method; and the method 

of O’Connell & Prausnitz.  Approximate empirical values from the DIPPR database 

are also detailed, obtained from Figure D-1 

𝑩𝒊𝒊 (m
3/kmol) 

Pentane Butanol 

30°C 60°C 30°C 60°C 

DIPPR correlation -1.31 -0.97 -8.84 -4.46 

Tsonopoulos method -1.07 -0.84 -4.37 -2.30 

O’Connell and Prausnitz -1.16 -0.92 0.37 0.23 

Empirical values from DIPPR 

database (approximate) 
-1.3 -1.0 -4.5 -2.5 

 

 

Figure D-1 – Second virial coefficients of pentane and butanol calculated by DIPPR 

correlations (line,  -) and empirical measurements listed in DIPPR database (points).  

Not all data points could be shown for butanol.  This figure was produced by the 

DIPPR database as export of empirical measurements in the DIPPR database was 

not possible. 
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APPENDIX E. VARIATION OF ACTIVITY 

COEFFICIENTS WITH TEMPERATURE AND PRESSURE 

E.1 Theoretical dependence of activity coefficient on 

temperature and pressure 

Starting from the total differential of Gibbs free energy: 

𝑑𝐺 = (
𝜕𝐺

𝜕𝑃
)
𝑇,𝑛
𝑑𝑃 + (

𝜕𝐺

𝜕𝑇
)
𝑃,𝑛
𝑑𝑇 +∑(

𝜕𝐺

𝜕𝑛𝑖
)
𝑇,𝑃,𝑛𝑗

𝑑𝑛𝑖
𝑖

(E-1) 

From the definition of Gibbs free energy (𝐺 = 𝐻 − 𝑇𝑆), combining the first and second 

law yields the fundamental thermodynamic relationship for Gibbs energy: 

𝑑𝐺 = 𝑉𝑑𝑃 − 𝑆𝑑𝑇 +∑(
𝜕𝐺

𝜕𝑛𝑖
)
𝑇,𝑃,𝑛𝑗

 𝑑𝑛𝑖
𝑖

(E-2) 

Rearranging the definition of Gibbs free energy (𝐺 = 𝐻 − 𝑇𝑆) for 𝑆: 

𝑑𝐺 = 𝑉𝑑𝑃 +
𝐺

𝑇
𝑑𝑇 −

𝐻

𝑇
𝑑𝑇 +∑(

𝜕𝐺

𝜕𝑛𝑖
)
𝑇,𝑃,𝑛𝑗

 𝑑𝑛𝑖
𝑖

(E-3) 

Writing 𝐺, 𝑉 and 𝐻 as 𝐺𝑖𝑑𝑒𝑎𝑙 + 𝐺𝐸  etc. yields the same equation for excess properties: 

𝑑𝐺𝐸 = 𝑉𝐸𝑑𝑃 +
𝐺𝐸

𝑇
𝑑𝑇 −

𝐻𝐸

𝑇
𝑑𝑇 +∑(

𝜕𝐺𝐸

𝜕𝑛𝑖
)
𝑇,𝑃,𝑛𝑗

 𝑑𝑛𝑖
𝑖

(E-4) 

Dividing by 𝑛𝑅𝑇 and rearranging: 

𝑑𝐺𝐸

𝑅𝑇
−
𝐺𝐸

𝑅𝑇2
𝑑𝑇 =

𝑉𝐸

𝑅𝑇
𝑑𝑃 −

𝐻𝐸

𝑅𝑇2
𝑑𝑇 +∑

1

𝑅𝑇
(
𝜕𝐺𝐸

𝜕𝑛𝑖
)
𝑇,𝑃

 𝑑𝑥𝑖
𝑖

(E-5) 

𝑑 (
𝐺𝐸

𝑅𝑇
) =

𝑉𝐸

𝑅𝑇
𝑑𝑃 −

𝐻𝐸

𝑅𝑇2
𝑑𝑇 +∑

𝐺𝑖
𝐸

𝑅𝑇
 𝑑𝑥𝑖

𝑖

(E-6) 

From the definition of activity coefficient, 𝑅𝑇 ln 𝛾𝑖 = 𝐺𝑖
𝐸

: 

𝑑 (
𝐺𝐸

𝑅𝑇
) =

𝑉𝐸

𝑅𝑇
𝑑𝑃 −

𝐻𝐸

𝑅𝑇2
𝑑𝑇 +∑ln 𝛾𝑖

𝑖

𝑑𝑥𝑖 (E-7) 

Hence: 

𝜕 (
𝐺𝐸

𝑅𝑇)𝜕

(
𝜕 ln 𝛾𝑖
𝜕𝑃

)
𝑇,𝑥
=
𝑉𝑖
𝐸

𝑅𝑇
 (E-8)
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(
𝜕 ln 𝛾𝑖
𝜕𝑇

)
𝑃,𝑥
= −

𝐻𝑖
𝐸

𝑅𝑇2
(E-9) 

E.2 Practical variation of activity coefficient with pressure 

Excess volume data can be used to calculate the variation of activity coefficient with 

pressure, since: 

(
𝜕 𝑙𝑛 𝛾𝑖
𝜕𝑃

)
𝑇,𝑥
=
𝑉𝑖
𝐸

𝑅𝑇
 (E-10) 

∴  
𝛾𝑖(𝑃𝐵)

𝛾𝑖(𝑃𝐴)
= exp [

𝑉𝑖
𝐸

𝑅𝑇
(𝑃𝐵 − 𝑃𝐴)] (E-11) 

The following empirical fit of excess volume data for n-butanol (1)  and pentane (2) at 

298.15 K was used to demonstrate the effect of pressure on activity coefficient (Sastry 

and Valand, 1998): 

𝑉𝐸 = 𝑥1(1 − 𝑥1)∑𝑎𝑛(2𝑥1 − 1)
𝑛

3

𝑛=0

(E-12) 

Where: 𝑎0 = −0.6179 × 10
−3 m3/kmol; 𝑎1 = −0.1979 × 10

−3 m3/kmol; 

 𝑎2 = 1.525 × 10
−3 m3/kmol; 𝑎3 = −1.7139 × 10

−3 m3/kmol. 

Partial molar excess volume for the binary mixture is therefore given by: 

𝑉1
𝐸
= 𝑉𝐸 + (1 − 𝑥1) (

𝜕𝑉𝐸

𝜕𝑥1
)
𝑇,𝑃

(E-13) 

(
𝜕𝑉𝐸

𝜕𝑥1
)
𝑇,𝑃

= (1 − 2𝑥1)∑𝑎𝑛(2𝑥1 − 1)
𝑛

𝑛=0

+ 𝑥1(1 − 𝑥1)∑2𝑛. 𝑎𝑛(2𝑥1 − 1)
𝑛−1

𝑛=1

(E-14) 

∴ 𝑉1
𝐸
= (1 − 𝑥1) [(1 − 𝑥1)∑𝑎𝑛(2𝑥1 − 1)

𝑛

𝑛=0

+ 2𝑥1∑𝑛.𝑎𝑛(2𝑥1 − 1)
𝑛−1

𝑛=1

] (E-15) 

Figure E-1 shows the difference between activity coefficients at one pressure versus 

another as a function of butanol composition for the butanol/pentane system at 25°C.  As 

can be seen, even for a pressure change of 100 bar, the maximum error is only ~1%.  

Hence, the effect of pressure on activity coefficient has been ignored in this work.  
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Figure E-1 – The negligible effect of pressure on activity co-efficient (butanol-

pentane at 25°C) 
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APPENDIX F. LIMITING ACTIVITY COEFFICIENTS OF 

WATER AND ALCOHOLS AT INFINITE DILUTION 

F.1 The Limiting Activity Coefficient of Alcohols at Infinite 

Dilution in Water 

A thorough analysis of the limiting activity coefficients of alcohols at infinite dilution in 

water has been conducted by Dohnal et al. (2006) (n-butanol) and Fenclova et al. (2007) 

(iso-butanol) over the temperature range 273 - 373 K.  The researchers compiled infinite 

dilution measurements of relevant alcohols in water available in the literature (activity 

coefficients 𝛾𝑖
∞ , excess enthalpies 𝐻̅𝑖

𝐸,∞
, and excess heat capacities 𝐶𝑝̅,𝑖

𝐸,∞
), and also 

recorded some experimental measurements of their own.  An estimate of the standard 

error in each measurement was made and hence used to regress the available 

measurements into correlations for each alcohol in the form: 

ln 𝛾𝑖
∞ = 𝐴 + 𝐵. (

𝑇𝑟𝑒𝑓

𝑇
) + 𝐶. (

𝑇𝑟𝑒𝑓

𝑇
) exp (𝐷

𝑇

𝑇𝑟𝑒𝑓
) (F-1) 

𝐻̅𝑖
𝐸,∞ = 𝑅𝑇𝑟𝑒𝑓 [𝐵 − 𝐶 (𝐷

𝑇𝑟𝑒𝑓

𝑇
− 1) exp(𝐷

𝑇

𝑇𝑟𝑒𝑓
)] (F-2) 

𝐶𝑝̅,𝑖
𝐸,∞ = −𝑅𝐶𝐷2

𝑇

𝑇𝑟𝑒𝑓
exp (𝐷

𝑇

𝑇𝑟𝑒𝑓
) (F-3) 

where 𝑇 is the temperature in Kelvin, in comparison to a reference temperature, 𝑇𝑟𝑒𝑓, set 

at 298.15 K.  The coefficients 𝐴, 𝐵, 𝐶 and 𝐷 are correlation parameters.  The correlation 

assumed that excess heat capacity was an exponential function of temperature. 

The objective function minimised during the regressions of Dohnal, Fenclova et al. was: 

𝑂𝐹 =∑
[ln 𝛾𝑖,𝑘

∞ (exp) − ln 𝛾𝑖,𝑘
∞ (calc)]

2

𝑠2(ln 𝛾𝑖,𝑘
∞ (exp))

𝑛𝐺

𝑘=1

                                                                       

+ ∑
[𝐻̅𝑖,𝑘

𝐸,∞(exp) − 𝐻̅𝑖,𝑘
𝐸,∞(calc)]

2

𝑠2(𝐻̅𝑖,𝑘
𝐸,∞(exp))

𝑛𝐻

𝑘=1

+∑
[𝐶𝑝̅,𝑖,𝑘
𝐸,∞(exp) − 𝐶𝑝̅,𝑖,𝑘

𝐸,∞(calc)]
2

𝑠2(𝐶̅𝑝,𝑖,𝑘
𝐸,∞(exp))

𝑛𝐶

𝑘=1

(F-4)

 

where 𝑛𝐺 , 𝑛𝐻and 𝑛𝐶  are the number of activity coefficient, partial excess enthalpy, and 

partial excess heat capacity measurements employed in the regression respectively, and 

𝑠 is the standard error in each individual measurement.  The values of coefficients 𝐴 − 𝐷 

found by Dohnal, Fenclova et al. are given in Table F-1.  In addition, Table F-1 details 
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the temperature for which the correlations predict a maximum value in 𝛾𝑖
∞.  This is around 

65°C for butanol isomers, and ~110°C for ethanol. 

Table F-1 – Model parameters for the limiting activity coefficient of alcohols in 

water, and the temperature of the maximum limiting activity coefficient predicted 

by the correlations of Dohnal, Fenclova et al. 

Alcohol 𝑨 𝑩 𝑪 𝑫 𝑻𝒎𝒂𝒙 (K) Reference 

Ethanol -2.2437 -6.9054 -34.0965 2.3357 380.1 [1] 

N-butanol -3.7993 11.8850 -66.0410 -2.7677 337.6 [1] 

Iso-butanol -3.3156 11.0223 -65.1637 -2.8295 338.9 [2] 

[1] = Dohnal et al. (2006); [2] = Fenclova et al. (2007) 

F.2 The Limiting Activity Coefficient of Water at Infinite 

Dilution in Butanol Isomers 

An analogous correlation to those of Dohnal, Fenclova et al. for the activity of water in 

butanols at infinite dilution was not available.  Instead, a correlation was produced using 

a similar methodology to Dohnal et al. (2006). 

Table F-2 contains the values of activity coefficients of water at infinite dilution in n- and 

iso-butanol found in the literature, along with estimates of the standard error in each 

value.  Where values were obtained from sources listed in the compilation of Dohnal, 

Fenclova et al. for butanol in water, estimates of the standard error given in this 

compilation were used for these values.  For other values, estimates of standard error were 

based on the type of measurement. 

The range of values available for the activity coefficient of water in n-butanol were much 

less comprehensive than the compilation of activity coefficients by Dohnal, Fenclova et 

al. for water in n-butanol.  Therefore, excess heat capacity was neglected.  The following 

temperature dependence of the activity coefficient of water at infinite dilution in 

n-butanol was assumed: 

ln(𝛾𝐻2𝑂
∞ (𝑇)) = ln (𝛾𝐻2𝑂

∞ (𝑇𝑟𝑒𝑓)) + (
1

𝑇
−

1

𝑇𝑟𝑒𝑓
)
𝐻̅𝐻2𝑂
∞ (𝑇𝑟𝑒𝑓)

𝑅
(F-5) 

where 𝑇 is the temperature in Kelvin, in comparison to a reference temperature, 𝑇𝑟𝑒𝑓 

(298.15 K). The partial molar excess enthalpy of water at infinite dilution in n-butanol at 

the reference temperature, 𝐻̅𝐻2𝑂
∞ (𝑇𝑟𝑒𝑓), is determined by the regression.  
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Table F-2 – Limiting activity coefficients of water in butanol isomers at infinite 

dilution obtained in the literature, and corresponding estimates of standard error 

for a) n-butanol; b) iso-butanol 

 [1] = Fischer and Gmehling (1994); [2] = Lobien and Prausnitz (1982); [3] = Pierotti et 

al., (1959); [4] = Tochigi and Kojima (1976); [5] = Wang et al. (1993). All values were 

also available from the compilation of Gmehling (2014b), from which erroneous sources 

(incorrect mixtures) were removed. 

a) Water in n-butanol 

Temperature 𝐥𝐧(𝜸𝑯𝟐𝑶
∞ ) Measurement Method 𝒔(𝐥𝐧(𝜸𝑯𝟐𝑶

∞ )) Ref. 

K     

298.15 1.34 Calculated from phase equilibria 0.2 [3] 

308.20 1.69 GLC (with gas phase correction) 0.2 [5] 

323.23 1.65 Static method 0.2 [1] 

333.15 1.26 Calculated from phase equilibria 0.2 [3] 

343.15 1.18 Ebulliometry 0.1 [1] 

353.15 1.14 Ebulliometry 0.2 [2] 

363.15 1.12 Ebulliometry 0.35 [2] 

363.15 1.39 Ebulliometry 0.1 [4] 

372.15 1.09 Ebulliometry 0.5 [2] 

373.15 1.17 Calculated from phase equilibria 0.2 [3] 

373.15 1.39 Ebulliometry 0.1 [4] 

383.15 1.06 Ebulliometry 0.5 [2] 

b) Water in iso-butanol 

Temperature 𝐥𝐧(𝜸𝑯𝟐𝑶
∞ ) Measurement Method 𝒔(𝐥𝐧(𝜸𝑯𝟐𝑶

∞ )) Ref. 

K     

323.23 1.65 Static method 0.2 [1] 
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The literature values for the activity coefficient of water in n-butanol at infinite dilution, 

detailed in Table F-2, were regressed to produce a correlation in the form of eq. (F-5).  

The same objective function as in Dohnal, Fenclova et al. (eq. (F-4)) was employed: 

𝑂𝐹 = ∑
[ln 𝛾𝑖,𝑘

∞ (exp) − ln 𝛾𝑖,𝑘
∞ (calc)]

2

𝑠2(ln 𝛾𝑖,𝑘
∞ (exp))

𝑛𝐺

𝑘=1

  (F-6) 

Figure F-1 shows the resultant correlation predictions for the limiting activity coefficient 

of water in n-butanol at infinite dilution as a function of temperature, in comparison to 

values found in the literature (detailed in Table F-2).  As shown, the activity coefficient 

decreases slightly with temperature and the model predicts most of the values in Table 

F-2 within standard error. 

Table F-3 details the parameters resulting from the regression for the limiting activity 

coefficient of water in butanols.  Only one value of the activity coefficient of water at 

infinite dilution in iso-butanol was identified, and so no temperature dependence could 

be established for the activity coefficient of water in iso-butanol.  Therefore, in the 

absence of further measurements, a constant value was employed. 

 

Table F-3 – Model parameters for limiting activity coefficient of water in butanols 

in water, and the temperature of the minimum limiting activity coefficient predicted 

by the correlation 

Alcohol 𝐥𝐧 (𝜸𝑯𝟐𝑶
∞ (𝑻𝒓𝒆𝒇)) 

𝑯̅𝑯𝟐𝑶
∞ (𝑻𝒓𝒆𝒇)

𝑹𝑻𝒓𝒆𝒇
 𝑻𝒓𝒆𝒇 (K) 𝑻𝒎𝒂𝒙 (K) 

N-butanol 1.4458 0.7944 298.15 347.8 

Iso-butanol 1.6500 0 298.15 - 
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Figure F-1: Limiting activity coefficients of water in n-butanol at infinite dilution  

predicted by the correlation versus values used in the regression of the correlation 

 [1] = Fischer and Gmehling (1994); [2] = Lobien and Prausnitz (1982); [3] = Pierotti et 

al., (1959); [4] = Tochigi and Kojima (1976); [5] = Wang et al. (1993). 
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APPENDIX G. LOW-GRADE HEAT PRODUCED BY 

FERMENTATION 

As heats of fermentation were not readily available for butanol production by 

fermentation, they were estimated by an analysis of the processes occurring in the 

fermenter. 

G.1 Fermentation of Synthesis Gases 

Fermentation of CO, or CO2 and H2, by acetogenic organisms comprises the following 

reactions and corresponding reaction enthalpies (calculated by employing enthalpies of 

formation obtained from Poling et al. (2001)): 

Acetic Acid 

4 CO(𝑎𝑞) + 2 H2O(𝑎𝑞) → CH3COOH(𝑎𝑞) + 2 CO2(𝑎𝑞) Δ𝐻𝑟𝑒𝑎𝑐
𝑜 = −233 MJ/kmol 

2 CO2(𝑎𝑞) + 4 H2(𝑎𝑞) → CH3COOH(𝑎𝑞) + 2 H2O(𝑎𝑞) Δ𝐻𝑟𝑒𝑎𝑐
𝑜 = −185 MJ/kmol 

Ethanol 

6 CO(𝑎𝑞) + 3 H2O(𝑎𝑞) → C2H5OH(𝑎𝑞) + 4 CO2(𝑎𝑞) Δ𝐻𝑟𝑒𝑎𝑐
𝑜 = −352 MJ/kmol 

2 CO2(𝑎𝑞) + 6 H2(𝑎𝑞) → C2H5OH(𝑎𝑞) + 3 H2O(𝑎𝑞) Δ𝐻𝑟𝑒𝑎𝑐
𝑜 = −268 MJ/kmol 

Butyric Acid 

10 CO(𝑎𝑞) + 4 H2O(𝑎𝑞) → C3H7COOH(𝑎𝑞) + 6 CO2(𝑎𝑞) Δ𝐻𝑟𝑒𝑎𝑐
𝑜 = −652 MJ/kmol 

4 CO2(𝑎𝑞) + 10 H2(𝑎𝑞) → C3H7COOH(𝑎𝑞) + 6 H2O(𝑎𝑞) Δ𝐻𝑟𝑒𝑎𝑐
𝑜 = −511 MJ/kmol 

Butanol 

12 CO(𝑎𝑞) + 5 H2O(𝑎𝑞) → C4H9OH(𝑎𝑞) + 8 CO2(𝑎𝑞) Δ𝐻𝑟𝑒𝑎𝑐
𝑜 = −758 MJ/kmol 

4 CO(𝑎𝑞) + 12 H2(𝑎𝑞) → C4H9OH(𝑎𝑞) + 7 H2O(𝑎𝑞) Δ𝐻𝑟𝑒𝑎𝑐
𝑜 = −588 MJ/kmol 

The substrates, CO, and H2 and CO2, were assumed to be supplied to the fermenter in 

gaseous form.  Any CO2 produced was also assumed to be removed from the fermenter 

in gaseous form.  In practice, depending on the system, some CO2 would be removed 

from the fermenter in aqueous form, along with some inert gases in the feed (e.g. N2).  

Conversely, some water and other products would be removed in the off-gas from the 

fermenter.  These effects were ignored. 
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The enthalpy of solution from the gaseous to aqueous phase for CO, CO2 and H2 was 

obtained from Sander (2015) by relating the enthalpy of solution  to the gradient of 

Henry’s Constant with respect to temperature: 

CO(𝑔) → CO(𝑎𝑞) Δ𝐻𝑠𝑜𝑙
𝑜 = −10.8 MJ/kmol 

CO2(𝑔) → CO2(𝑎𝑞) Δ𝐻𝑠𝑜𝑙
𝑜 = −20.0 MJ/kmol 

H2(𝑔) → H2(𝑎𝑞) Δ𝐻𝑠𝑜𝑙
𝑜 = −4.4 MJ/kmol 

Assuming a molar ratio of products of 1 : 0.333 : 0.3 : 0.75 for butanol : ethanol : butyric 

acid : acetic acid (Section A.3), the product reactions were combined to yield an enthalpy 

of reaction of 17 and 13 MJ/kg butanol using CO and H2 as substrates respectively.  

Similarly, -0.5 and 3 MJ/kg butanol of heat released by the dissolution and evaporation 

of gaseous reactants and products was calculated using the same product ratios.  

Therefore, the fermentation of synthesis gases yielded around 16 MJ/kg butanol via either 

substrate. 

The organism uses the energy released by the oxidation of CO and H2 to generate ATP 

for use in other processes.  Bertsch and Müller (2015) conducted a thorough analysis of 

the Wood-Ljungdahl pathway for the biochemical conversion of CO and H2 into acids 

and alcohols, and determined the theoretical ATP production for each of these products 

via each substrate.  Using the same molar product ratio as above, the ATP production  

outlined by Bertsch and Müller (2015) equated to 6 – 7.4 moles of ATP generated per 

mole of butanol via fermentation of CO, and -0.1 – 1.2 moles of ATP per mole of butanol 

via fermentation of H2.  There was a range of values for ATP generation as the ATP 

generated by the production of butanol and butyric acid depends on the energy-

conservation mechanisms of some steps in the pathway.  These mechanisms vary with 

the specific organism.  The enthalpy of reaction for conversion of ADP to ATP is around 

31 MJ/kmol, depending on the conditions (Hammes and Hammes-Schiffer, 2015). 

Therefore, up to 3 or 0.5 MJ/kg butanol of the enthalpy of reaction is effectively adsorbed 

by the organism into the carrier ATP during the synthesis of products from CO and H2 

respectively.  This reduces the heat released during product formation, resulting in a 

release of 13 or 16 MJ/kg butanol of heat during product synthesis from CO or H2 

respectively. 

The ATP production during fermentation equates to an energy efficiency of 15 - 20% for 

CO routes, and up to 5% for H2 routes.  The ATP produced would be utilised by the cell 

for cell growth or maintenance.  These processes would probably release much of the 
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energy stored in the ATP as heat, especially given the low energy efficiencies highlighted.  

However, working on a conservative basis, the effect of this heat release was ignored. 

Finally, in a stirred tank reactor, a significant amount of power would be required to 

dissolve the relatively insoluble CO and H2 substrates.  Working with a rule-of-thumb of 

2 kW/m3 of stirrer power, and a productivity of butanol of 1 kg/m3/h, this would result in 

around 7 MJ/kg butanol of heat being dissipated by the stirrer.  Productivities of up to 

1.8 kg/m3/h have been recorded for continuous ABE fermentations (Green, 2011), 

although this is far higher than typical productivities which are usually less than around 

1 kg ABE/m3/h (Outram et al., 2017).  Given that such productivities are for a mature, 

liquid-substrate based process, it is unlikely that butanol production from the fermentation 

of synthesis gases (a relatively immature process) would exceed productivities of 

1 kg/m3/h.  Lower productivities would require larger fermenter volumes, resulting in 

higher stirrer powers.  Equally, large fermenter volumes would increase the motivation 

to design fermenters with lower power requirements.  Using this rough estimate of stirrer 

power, it is probable that the fermenter for the fermentation of synthesis gases to butanol 

would produce in excess of 20 MJ/kg butanol of heat. 

G.2 Iso-Butanol Fermentation 

Iso-butanol is produced by fermentation from glucose via following reaction (Feldman et 

al., 2013): 

C6H12O6(aq) → C4H9OH(𝑎𝑞) + 2 CO2(𝑔) + H2O(𝑙) Δ𝐻𝑟𝑒𝑎𝑐
𝑜 = −147 MJ/kmol 

In order to calculate the enthalpy of reaction, a value of -1271.1 MJ/kmol was obtained 

for the enthalpy of formation of solid 𝛼-glucose from NIST (2016).  An enthalpy of 

solution for glucose of + 11 MJ/kmol was assumed (Taylor and Rowlinson, 1955).  The 

remaining enthalpies of formation were taken from Poling et al. (2001).  These values 

yielded a heat of fermentation of ~2 MJ/kg butanol.  Two moles of ATP are generated in 

the synthesis of iso-butanol from glucose (Feldman et al., 2013).  Using the same analysis 

as for the fermentation of synthesis gases, the generation of ATP would require 

~0.8 MJ/kg butanol of the enthalpy of reaction; this equates to an efficiency of ~40%.  

Some stirring would be required in the fermenter, although the power demand of the 

stirrer would be small given that the substrates would be in aqueous form. 
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G.3 ABE Fermentation  

ABE fermentations comprise the following reactions for the synthesis of products from 

glucose (Tao et al., 2014a): 

Acetone 

C6H12O6(aq) + H2O(𝑙) → CH3COCH3(aq) + 3 CO2(𝑔) + 4 H2(𝑔)Δ𝐻𝑟𝑒𝑎𝑐
𝑜 = +116 MJ/kmol 

N-Butanol 

C6H12O6(aq) → C4H9OH(𝑎𝑞) + 2 CO2(𝑔) + H2O(𝑙) Δ𝐻𝑟𝑒𝑎𝑐
𝑜 = −127 MJ/kmol 

Ethanol 

0.5 C6H12O6(aq) → C2H5OH(𝑎𝑞) + CO2(𝑔) Δ𝐻𝑟𝑒𝑎𝑐
𝑜 = −37 MJ/kmol 

Acetic Acid 

0.5 C6H12O6(aq) + H2O(𝑙)
→ CH3COOH(𝑎𝑞) + CO2(𝑔) + 2 H2(𝑔) Δ𝐻𝑟𝑒𝑎𝑐

𝑜 = +63 MJ/kmol
 

Butyric Acid 

C6H12O6(aq) → C3H7COOH(𝑎𝑞) + 2 CO2(𝑔) + 2 H2(𝑔) Δ𝐻𝑟𝑒𝑎𝑐
𝑜 = −41 MJ/kmol 

In order to calculate the enthalpies of reaction, the same values for the enthalpy of 

formation, and of solution for glucose, were employed as for the analysis of iso-butanol 

fermentation.  Assuming a molar product ratio of 0.5 : 1 : 0.1667 : 0.0463 : 0.0926 for 

acetone : butanol : ethanol : butyric acid : acetic acid (Section A.3), combining the above 

reactions yielded a heat of fermentation of ~1.0 MJ/kg butanol produced. 
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Nomenclature: Symbols, Abbreviations 

and Acronyms 

Symbol Units Description 

Latin   

𝐴𝑘, 𝐵𝑘, 𝐶𝑘 - Legendre Activity model coefficients (𝑘-th) 

𝐵 kg Mass of butanol 

𝐵𝑖𝑗, 𝐵𝑖−𝑗 m3/kmol Second virial Coefficient of species 𝑖 and 𝑗 

𝐶𝑝 J/kmol/K Heat capacity at constant pressure (= (
𝜕𝐻

𝜕𝑇
)
𝑃
) 

𝐶𝑣 J/kmol/K Heat capacity at constant volume (= (
𝜕𝑈

𝜕𝑇
)
𝑉
) 

𝑐 kmol/m3 Concentration 

𝐷𝑖
𝑚𝑜𝑙𝑎𝑟 mol/mol Molar distribution coefficient of species 𝑖 

𝐷𝑖
∞,𝑚𝑜𝑙𝑎𝑟

 mol/mol 
Molar distribution coefficient at infinite dilution of 

species 𝑖 

𝐷𝑖
𝑚𝑎𝑠𝑠 kg/kg Mass distribution coefficient of species 𝑖 

𝐷𝑖
∞,𝑚𝑎𝑠𝑠

 mol/mol 
Mass distribution coefficient at infinite dilution of 

species 𝑖 

𝐸(𝑋) MJ/kg Energy required for (𝑋) 

𝐺 J Gibbs Free Energy 

𝑔 m/s2 Acceleration due to gravity 

𝑔𝐸 J/kmol/K Specific excess Gibbs free energy (= 𝐺𝐸/𝑅𝑇) 

𝐻 J Enthalpy 

Δ𝐻𝑖
𝑣𝑎𝑝

 J Enthalpy change of vaporization of species 𝑖 

𝑀𝑟 kg/kmol Molar Mass 
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Symbol Units Description 

𝑚𝑖 kg/kg Mass fraction of species 𝑖 

𝑁 kmol Total number of moles (= 𝛴𝑁𝑖) 

𝑁𝑖 kmol Number of moles of species 𝑖 

𝑛 kmol/s Total molar flowrate (= 𝛴𝑛𝑖) 

𝑛𝑖 kmol/s Molar flowrate of species 𝑖 

𝑂𝐹 - Objective Function 

𝑃 Pa Pressure 

𝑃𝑖
𝑠𝑎𝑡 Pa Pure vapour Pressure of species 𝑖 

𝑝𝑖 Pa Partial pressure of species 𝑖 

𝑅 J/kmol/K Universal Gas Constant (= 8314.5 J/kmol/K) 

𝑅𝐷𝐶 - Reflux Ratio of distillation column DC 

𝑅𝑚𝑖𝑛
𝐷𝐶  - Minimum Reflux Ratio (of distillation column DC)  

𝑆 kg Mass of solvent 

𝑆𝑖,𝑗 - Selectivity of species 𝑖 over species 𝑗 (in LLX) 

𝑇 K Temperature 

𝑈 J Internal energy 

𝑉 m3 Volume 

𝑊 kg Mass of water 

𝑥𝑖 mol/mol Liquid mole fraction of species 𝑖 

𝑦𝑖 mol/mol Vapour mole fraction of species 𝑖 

𝑧𝑖 mol/mol Overall (vapour + liquid) mole fraction of species 𝑖 
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Symbol Units Description 

Greek   

𝛼𝑖,𝑗 - Relative volatility of species 𝑖 versus species 𝑗 

𝛽 - Extraction efficiency (in LLX) 

𝛾𝑖 - Activity co-efficient of species 𝑖 

𝛾𝑖
∞ - 

Limiting activity co-efficient at infinite dilution of 

species 𝑖 

Δ𝑥 - Change in quantity 𝑥 

𝜖 - Short-hand parameter (defined during use) 

𝜂 - Transfer efficiency (in LLX) 

𝜇𝑖 - Chemical Potential of species 𝑖 (= 𝐺𝑖) 

𝜌 kg/m3 Mass density  

𝜌𝑚 kg/kmol Molar density 

𝜙𝑖 - Fugacity coefficient of species 𝑖 

𝜙𝑖
𝑠𝑎𝑡 - Fugacity coefficient of pure species 𝑖 at saturation 

𝛹 - Gilliland correlation parameter 

𝜓 - Vapour fraction (mole basis) 

𝜓𝑖 - Fraction of moles of species 𝑖 in vapour phase 

𝜔 - Acentricity factor 

   

Scripts   

ℋ𝑖
𝐼 kmol/m3/Pa Henry’s Law Constant of species 𝑖 in phase 𝐼 

ℳ - 
Ratio of gradient 𝑑𝑃/𝑑𝑥  at 𝑥 = 0  relative to 

gradient for Raoult’s Law 
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Symbol Units Description 

Accents   

𝑎 /kmol Molar quantity 

𝑎̂ /kg Specific quantity 

𝑎 /kmol Partial molar quantity 

   

   

Subscripts   

𝑎𝑖, 𝑎𝑗 …  Species 𝑖, species 𝑗… 

𝑎𝐴𝑐𝑒  Species = acetone 

𝑎𝐵𝑢, 𝑎𝐵𝑢𝑂𝐻  Species = n-butanol 

𝑎𝑏𝑜𝑡  In bottoms product of distillation column 

𝑎𝑐  Critical quantity (e.g. critical temperature 𝑇𝑐) 

𝑎𝑐𝑎𝑙𝑐  Calculated value (from model) 

𝑎𝑐𝑜𝑛𝑑  In the condenser 

𝑎𝐸𝑡, 𝑎𝐸𝑡𝑂𝐻  Species = ethanol 

𝑎𝑒𝑥𝑝  Experimental (measured) value 

𝑎𝑓𝑒𝑟𝑚  In the fermenter 

𝑎𝐻𝐶  Speecies = hydrocarbon 

𝑎𝑖𝐵𝑢, 𝑎𝑖𝐵𝑢𝑂𝐻  Species = iso-butanol 

𝑎𝑟𝑒𝑏𝑜𝑖𝑙  In the reboiler 

𝑎𝑡𝑜𝑝  In tops product (distillate) of distillation column 
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Symbol Units Description 

Superscripts   

𝑎𝑎𝑞  In the aqueous phase 

𝑎𝑐𝑒𝑙𝑙  Quantity of the equilibrium cell 

𝑎𝐸  Excess quantity 

𝑎𝐿  Quantity of the liquid phase 

𝑎𝑚𝑎𝑥  Maximum quantity 

𝑎𝑚𝑖𝑛  Minimum quantity 

𝑎𝑜𝑟𝑔  In the organic phase 

𝑎𝑠𝑎𝑡  Saturated (at VLE) 

𝑎𝑠𝑜𝑙  At the solubility limit 

𝑎𝑉  Quantity of the vapour phase 

𝑎𝑣𝑎𝑝  Of vaporisation 

𝑎𝑖
∞  At infinite dilution of species 𝑖 

   

Abbreviations   

AA  Acetic Acid 

ABE  Acetone-Butanol-Ethanol (fermentation) 

Ace  Acetone 

BA  Butyric Acid 

Bu, BuOH  (N-)Butanol 

DC  Distillation Column System 

DC1  Distillation Column 1 

DC2  Distillation Column 2 

EoS  Equation of State (of the vapour phase) 

Et, EtOH  Ethanol 
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Symbol Units Description 

HC  Hydrocarbon 

i, i-  Iso- 

iBu, iBuOH  Iso-Butanol 

IBE  Iso-propanol-Butanol-Ethanol (fermentation) 

IGL  Ideal Gas Law 

LLE  Liquid-Liquid Equilibrium 

LLX  Liquid-Liquid Extraction 

NRTL  Non-Random Two-Liquid activity model 

SRK  Soave-Redlich-Kwong (equation of state) 

VLE  Vapour-Liquid Equilibrium 

VLLE  Vapour-Liquid-Liquid Equilibrium 
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